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Abstract 

Natural gas is expected to have an increasing importance in global energy consumptions 

due to its clean combustion and low carbon emissions. However, there are increasing 

number of sub-quality gas fields that are contaminated with excess nitrogen and such 

nitrogen has to be removed in order to meet sale gas heating values and prevent from 

stratification and roll-over when natural gas is liquefied and transported. This poses 

significant challenges on the separation of nitrogen and methane due to their similar 

molecular size and physical properties. Cryogenic distillation is the only viable 

technology to separate nitrogen from natural gas for large scale production (>25 

MMscfd), however the final nitrogen vent still contains as much as 2 mol% methane, 

which is a greenhouse gas 21 times more potent than carbon dioxide. While main 

competing technologies, including slow oxidization, membrane separation and 

absorption are currently not economically viable, pressure swing adsorption (PSA) is 

ideal to recover such a dilute methane from the nitrogen vent due to its non-chemical 

nature, low energy consumptions and is able to perform separation at near ambient 

conditions. However due to the low selectivity of adsorbents for methane and nitrogen, 

conventional PSA processes which only incorporate single reflux streams are not able 

to simultaneously achieve high nitrogen purity and high methane enrichment. A new 

and more advanced configuration of PSA which incorporates two reflux streams, 

namely dual reflux pressure swing adsorption (DR-PSA) was experimentally proved to 

be able to produce two relatively pure products even at low pressure ratios.  

In this research work, a numerical model that incorporates full material and energy 

balances of DR-PSA was developed and it was validated through the experiments 

previously conducted by Saleman et al (2014). The model was able to accurately predict 

product compositions and describe the dynamics of the DR-PSA unit, such as gas 

concentration and temperature profiles. The numerical simulation was subsequently 

extended to all the four basic configurations of DR-PSA and the differences between 

them were investigated which provided significant insight on future optimizations. A 

novel DR-PSA cycle which incorporates a total reflux step was developed in order to 

further increase product purities and recoveries, at a cost of higher energy consumption. 

The theory was validated by both experiments and numerical simulations which proved 

its superior separation ability compared to conventional DR-PSA cycles. The last 
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section of this thesis focused on practical application of DR-PSA units, by estimating 

the size and number of units required to recover dilute methane from nitrogen vent in a 

typical industrial practice. A new adsorbent: TMA-Y which showed higher selectivity 

for methane over nitrogen than activated carbon was adopted. The simulation results 

suggested that with sufficient optimization, a dilute methane can be recovered with a 

product containing more than 0.3 mol fraction of methane while a pure nitrogen product 

with less than 100 ppm of methane can simultaneously be produced. Economic 

estimations suggested that the energy consumption of the recovery process was similar 

to the most economical CO2 capture technologies in terms of greenhouse gas emission 

reductions. 
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Nomenclature 

A area of the heat transfer surface, m2 

AF acceleration factor 

ℂ bed capacity factor 

Cpai specific heat capacity of the adsorbed gas, MJ·kmol-1·K-1 

Cps specific heat capacity of the adsorbent, MJ·kmol-1·K-1 

Cpw specific heat capacity of the wall, MJ·kmol-1·K-1 

Cvg specific gas phase heat capacity at constant volume, MJ·kmol-1·K-1 

ci molar fraction of component i 

D mass diffusivity, m2·s-1 

DB internal diameter of column, m 

DL dispersion coefficient, m2·s-1 

F standard volumetric flow rate of feed, slpm  

H standard volumetric flow rate of heavy product, slpm  

hb heat transfer coefficient between column and ambient, W·m-2·K-1 

hgs heat transfer coefficient between gas and solid, W·m-2·K-1 

ht heat transfer coefficient between void tank and ambient, W·m-2·K-1 

hw heat transfer coefficient between gas and wall, W·m-2·K-1 

IP1i – IP4i  isotherm parameter 1–4 for component i 

K equilibrium parameter, kPa-1 

Ki equilibrium parameter for component i, kPa-1 

K0 equilibrium parameter at infinite temperature, kPa-1 

K0i equilibrium parameter for component i at infinite temperature, kPa-1 

ki constant mass transfer coefficient of component i, s-1 

kg heat conductivity of gas, W·m-1·K-1 

ks heat conductivity of adsorbent, W·m-1·K-1 

kw heat conductivity of wall, W·m-1·K-1 

L standardized volumetric flow rate of light product, slpm  

l column length, m 

lMTZ length of mass transfer zone during desorption process, m 
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lmax maximum possible column length determined by pressure drop, m 

lsat length of the saturation zone in the column, m 

MAB harmonic mean of molecular weight of two pure components in a gas mixture, 

 kg·kmol-1 

Mw molecular weight of gas mixture, kg·kmol-1 

Nn number of nodes per bed 

nPR/BD amount of gas transferred during PR/BD step 

ni molar of component i, mole 

p gas pressure, bar (a) 

pH pressure of high pressure column, bar (a) 

pi partial pressure of component i, bar (a) 

pL pressure of low pressure column, bar (a) 

Q amount of heat transferred, J 

qmax maximum adsorption amount in Langmuir isotherm model, mmol·g-1 

qmaxi maximum adsorption amount in Langmuir isotherm model for component i, 

mmol·g-1 

ℜ universal gas constant, kPa·m3·kmol-1·K-1 

R generalized reflux flow, i.e., total flow entering the low pressure column in  

Re Reynolds number 

RH standardized volumetric flow rate of heavy reflux, slpm  

RL standardized volumetric flow rate of light reflux, slpm 

r radial co-ordinate of the adsorbent, m 

rp particle radius, m 

Sc Schmidt number 

T gas temperature, K 

Tenv environmental temperature, K 

Ts adsorbent temperature, K 

Tw column wall temperature, K 

tF adsorption/desorption step time, s 

tFE/PU FE/PU step time (equal to tF), s 

tPR/BD PR/BD step time (equal to tF), s 

tFE-TR time for FE-TR step (equal to tTR), s 
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tPU-TR time for PU-TR step (equal to tTR), s 

tTR total reflux step time, s 

Vi volume of component i, m3 

vi interstitial gas velocity, m·s-1 

vg superficial gas velocity, m·s-1 

W amount of work carried out by the compressor, J 

WFE/PU amount of work during FE/PU step, J 

WPR/BD amount of work during PR/BD step, J 

Wr wall thickness, m 

wi adsorbent loading of component i per unit mass of adsorbent, kg·kmol-1 

wi
* adsorbent loading of component i per unit mass of adsorbent in equilibrium with 

its  partial pressure in gas phase, kg·kmol-1 

x axial distance coordinate, m 

yF mole fraction of heavy component in feed 

yL mole fraction of heavy component in light product 

yH mole fraction of heavy component in heavy product 

zF dimensionless axial feed position along the bed 

z dimensionless axial position along the bed, z = 0 is heavy reflux end and z = 1 

is light reflux end  

αp specific particle surface area per unit length of bed, m-1 

-ΔH enthalpy of adsorption, kJ·mol-1 

-ΔHi enthalpy of adsorption for component i, kJ·mol-1 

εi bed voidage 

εp particle voidage 

μ dynamic viscosity of gas mixture, Pa·s 

μg viscosity of gas mixture, cP 

ρ gas specific density, kg·m-3 

ρb bulk density of adsorbent, kg·m-3 

ρg gas molar density, kmol·m-3 

ρw column wall density, kg·m-3 

σAB characteristic length, Å 

ψ particle shape factor 
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ΩD diffusion collision integral, dimensionless 

 

  



 

ix 

 

Abbreviations 

BPR Back pressure regulator 

CSS Cyclic steady state 

DR-PSA Dual reflux pressure swing adsorption 

MAD Mean average deviation 

MD Mean deviation 

MFC Mass flow controller 

MFM Mass flow meter 

MTC Mass transfer coefficient 

PH-A Feed to high pressure column and pressure inverse on heavy reflux 

end 

PH-B Feed to high pressure column and pressure inverse on light reflux 

end 

PL-A Feed to low pressure column and pressure inverse on heavy reflux 

end 

PL-B Feed to low pressure column and pressure inverse on light reflux 

end 

PSA Pressure swing adsorption 

RMSD Root mean squared deviation 

slpm Standard litres per minute 
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Introduction 
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1.1 Project Overview 

Natural gas is one of the most important fossil fuels and is widely used around the world. 

Its clean combustion and low CO2 emissions has enabled it to become the fastest 

growing fossil fuel, especially in China and the US [1, 2]. BP [1] stated in 2015 a global 

proven reserve of 187.1 tcm (trillion cubic metres) with an annual production of 3.46 

tcm. Nitrogen is present in most raw natural gas as one of the impurities, sometimes 

reaching a mole fraction of 0.25 in low grade wells. Due to the high CH4 purity 

requirement for liquefied natural gas (LNG, >0.99 CH4 mole fraction), nitrogen is 

separated out using cryogenic distillation columns, where the final nitrogen vent still 

contains 0.008-0.050 mole fraction of methane. Considering the massive production 

volume of LNG, the vented methane not only poses significant greenhouse gas emission 

problems but also is a substantial energy content loss. However, due to the difficulties 

in separating CH4 and N2, such a dilute CH4 stream is difficult to recover economically. 

Thus the main over-arching purpose of this research is to look into potential N2 and 

CH4 separation solutions to recover this particularly dilute methane. 

We have reviewed all existing dilute methane recovery and upgrading technologies and 

found that although some of them are able to achieve the designated separation 

objective, they are unprofitable and unsustainable without substantial carbon credits 

from the government. However, applying clever engineering and materials on proven 

technologies still has the potential to further increase the process efficiency and reduce 

operating costs. While pressure swing adsorption (PSA) is a widely used gas separation 

process in industry and has been successfully applied for different gas separation 

purposes, relatively advanced configuration: dual reflux pressure swing adsorption 

(DR-PSA) has shown exceptional separation performance over conventional PSA in 

laboratory scale experiments, but is unknown to industry and unproven at industrial 

scale. Since DR-PSA is relatively new with its first successful experiment in 1994, its 

operating mechanisms, for example the relationships between key operational 

parameters, product purities and energy consumptions are not fully understood. As a 

result, the availability of calculating the size for a desired separation, selecting 

operational parameters and process optimization were limited. After reviewing the 

literature, we identified that there is a lack of research on explaining the mechanism of 

DR-PSA and need for systematic study of the key operational parameters by practical 

experiments as well as sensible numerical simulations. Also, no literature was available 
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on applying DR-PSA to dilute methane recovery from a nitrogen stream nor was there 

information on industrial scale applications.  

Prior to this research work, efforts have been made in screening adsorbents for CH4 and 

N2 separation by measuring the equilibrium adsorption capacities and kinetics for the 

adsorption. In order to fill the knowledge gap between a not fully understood DR-PSA 

process and successfully apply it for dilute methane recovery and upgrading at 

industrial scale, we have focused on the best performing commercial adsorbent with the 

highest equilibrium selectivity for CH4 and N2. In additional to this, a novel adsorbent 

was developed with even higher equilibrium selectivity for CH4 and N2 and it will 

therefore have more potential to achieve the separation economically.  

Since directly assessing the performance of an industrial scale or a pilot scale DR-PSA 

unit is costly and not practical at this stage, the first-principle based numerical model is 

the only possible way to predict and assess the product purities. Therefore in this work, 

a numerical model which incorporates full material and energy balances was first 

developed to describe the full dynamics of DR-PSA cycles in commercial software: 

Aspen Adsorption [3]. It was validated through comparing with the results obtained 

from the DR-PSA experimental apparatus, in terms of process dynamics, product 

purities and temperature profiles. The numerical model was subsequently extended to 

all four configurations of DR-PSA and the models were validated through comparing 

with experiments. Therefore these validated numerical models can be used to fully 

understand the mechanisms, characteristics, advantages and disadvantages of each 

configuration. The heavy product to feed ratio (H / F) as well as bed’s capacity ratio, ℂ 

was found to be directly linked to product purities. A general principle can be 

established where the key operational parameters can be estimated, while the optimal 

configuration can be selected. Then, a novel DR-PSA cycle which incorporates total 

reflux steps was introduced in order to further increase product purities and recovery, 

however with the cost of increased separation work. Both experiments and simulations 

were carried out to study how the separation performance can be enhanced with the 

introduction of total reflux steps. Finally, we focus on a newly developed adsorbent: 

tetra-methyl-ammonium-Y (TMA-Y) which showed highest equilibrium selectivity of 

CH4 and N2 when compared to others. The numerical model was configured towards 

TMA-Y adsorbent and the separation performance was compared with the experimental 

results. Furthermore, its advantage over the Norit RB3 adsorbent in terms of product 
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purities was presented and discussed. A novel sizing algorithm was then developed in 

order to calculate the bed dimensions, number of units required, key operational 

parameters and separation work for general industrial scale gas separations, and 

generated results for the dilute methane recovery objective identified in this research. 

The sizing results were subsequently validated through the numerical simulations and 

the operational parameters were fine-tuned to obtain the optimal separation 

performance. It was found that the separation objective can be achieved as predicted by 

the numerical model, but the prediction results still require further validation from 

scaled up plants. Nevertheless, upon these results the capital and operating cost of 

installing such unit can be estimated and assessed, and it was found that the recovery 

energy required is comparable to those most advanced carbon capture technologies. 

 

1.2 Research objectives 

Due to the complexity of assessing whether DR-PSA is viable for economically 

recovering methane from the nitrogen vent of the nitrogen rejection unit, this research 

work was broken down into several small projects and tasks, with each one contributing 

to the main research objective. They include: 

 Identify the significance of dilute methane recovery in the LNG production 

process. Perform a review of the current development progress on dilute 

methane recovery through separation and other competing methodologies. 

Elaborate upon the potential of applying DR-PSA to dilute methane recovery. 

 Develop a comprehensive numerical model for DR-PSA cycles which can be 

directly compared to the DR-PSA experimental apparatus. The numerical model 

should be able to accurately predict product purities, temperature and 

composition profiles and other dynamics of the unit. 

 Investigate the four fundamental configurations of DR-PSA through 

experiments and the numerical model. Identify and explain the advantages and 

disadvantages of each configuration, as well as which configuration should be 

chosen for different separation purposes. 

 Develop a sizing algorithm to give estimations of column dimensions, number 

of units required, operational parameters and separation work for an industrial 

scale DR-PSA unit. 
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 Choose the best combinations of parameters, configuration and adsorbent to 

assess whether applying DR-PSA to methane recovery in the nitrogen vent can 

simultaneously meet product specifications and achieve high separation 

efficiency. 

1.3 Thesis Structure 

This thesis is in a format which incorporates four journal papers that have either been 

published or are to be submitted. Chapters 1, 2 and 7 are in traditional format. Chapters 

3, 4, 5 and 6 are in forms of journal papers that either have been published (Chapter 3), 

currently submitted and under review (Chapter 4) or to be submitted (Chapter 5 and 6). 

These chapters are presented in the original wording for the publication or manuscript 

with minor adjustment of content in order to fit the thesis format and structure, as 

required by ‘Statue and Guidelines for the Degree of Doctor of Philosophy’, Guideline 

8, Regulations 1g, 1h. It should be noted that limited amount of repetitions, especially 

in the literature review sections of Chapter 3-6, are present under current guideline 

requirements. 

 Chapter 1 introduces the project background and basic motivations of this 

research. The specific objectives of this research are given in detail and the 

thesis structure is described. 

 Chapter 2 comprises a comprehensive literature review, starting from the LNG 

production process to the separation of nitrogen and methane, and then dilute 

methane recovery technology. This chapter also includes the basics of 

adsorption processes, a review of using pressure swing adsorption for gas 

separation and moreover, the potential to use dual reflux pressure swing 

adsorption to further increase product purities and recovery. 

 Chapter 3 describes the development of the first non-isothermal numerical 

model for DR-PSA and validates the model using the data obtained from 

experimental apparatus. Parameter studies are also carried out in this chapter. 

 Chapter 4 extends the numerical model to all four configurations of DR-PSA 

and validates the model through comparison with experimental results. The 

mechanism and the differences between the four configurations are analyzed 

and explained in detail. A general principle is proposed for estimating 

operational parameters as well as selecting the optimum configuration. The 
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separation work is calculated for each configuration and compared with each 

other. 

 Chapter 5 presents a novel DR-PSA configuration which introduces additional 

total reflux steps in order to further increase product purities and recoveries, 

however with the cost of extra separation work. The theory is confirmed by both 

numerical simulations and experiments and the results are presented. The 

mechanism of total reflux step is explained in detail and the required work for 

the separation is also discussed. 

 Chapter 6 focuses on a novel zeolite based adsorbent: TMA-Y. The DR-PSA 

numerical model is calibrated for this adsorbent, the simulation predictions are 

compared with experimental results, and the advantages of this adsorbent over 

activated carbon are shown. Then, a novel sizing algorithm for DR-PSA is 

presented in detail for the prospective dilute methane recovery unit using TMA-

Y adsorbent. The numerical model was scaled up accordingly to validate the 

output of the sizing algorithm, and the process economics are calculated and 

discussed. 

 Chapter 7 presents the conclusions reached by this research work and highlights 

the contribution to academia and industry. Subsequent future work is 

recommended. 



 

7 

 

 

 

 

 

 

 

 

Chapter 2  

A review of the LNG production process and 

current dilute methane recovery technologies 
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2.1 Importance of liquefied natural gas (LNG) production 

Natural gas is one of the most important fossil fuels and is widely used around the world. 

Its primary content is methane and also contains heavier hydrocarbons such as ethane 

and propane. Besides that, other contaminants are usually present in the raw natural gas, 

such as carbon dioxide, hydrogen sulfide and nitrogen, which are usually separated out 

of the stream during the treatment process.  

Natural gas is largely consumed residentially and in industry, and is used as combustion 

fuel, electricity generation and valuable raw material for producing other organic 

products, such as methanol, ammonia and acetic acid. Also, natural gas can be 

combusted directly near the extraction field to generate electricity. As a combustion 

fuel with a higher heating value of 55 MJ·kg-1 [4], natural gas possesses several 

advantages over petroleum and coal. First of all, the amount of pollutants produced 

from the combustion can be reduced significantly compared to petroleum or coal. Those 

pollutants usually refer to CO2, CO, SO2, NOx, particles and mercury, which are the 

key factors in Green House Gas (GHG), acid rain and toxic haze. A detailed comparison 

table illustrating the reduction of pollutants for combusting natural gas is shown in 

Table 2.1. Secondly, the gaseous nature of natural gas at all but cryogenic or high 

pressure conditions enables it to be transported through pipelines easily and efficiently, 

so it is ideal to be combusted in household ovens, heating devices and industrial 

furnaces. 

Table 2.1 Pounds of air pollutants produced per billion BTU of energy [5] 

Pollutant Natural Gas Oil Coal 

Carbon dioxide 117,000 164,000 208,000 

Carbon monoxide 40 33 208 

Nitrogen oxides 92 448 457 

Sulfur dioxide 0.6 1,122 2,591 

Particulates 7.0 84 2,744 

Formaldehyde 0.750 0.220 0.221 

Mercury 0.000 0.007 0.016 

 

Due to these advantages, natural gas holds a growing importance in world energy 

consumption. In 2015 the world reserves were 187.1 trillion cubic metres of natural gas 
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and the production was 3.46 trillion cubic metres [1]. The production and consumption 

of natural gas has been increasing steadily at a rate of 2~3% per year since 1990 [6]. 

By the year 2030, natural gas production will increase by another 45%, to about 4.75 

trillion cubic metres per year. At that time, about 25% of the world energy consumption 

will be coming from natural gas, compared to about 22% in 2010 [7].  

As natural gas fields are usually located far away from residential and industrial areas, 

transportation of natural gas is important, especially when international trade is 

considered. Currently pipeline transportation of natural gas is still the major method of 

distribution. In 2014, 663.9 billion cubic metres of natural gas was traded and 

transported through pipelines, which is about two-thirds of the total international 

natural gas trade [1]. However, pipelines have limitations in terms of their inflexible 

layout, large capital investment and are easily affected by political and economic issues, 

thus other transportation methods are also important such as shipping or rail. Since the 

natural gas is in gaseous phase under ambient conditions, its energy density (defined as 

MJ·l-1) is much lower than oil, coal and other common fuels, as illustrated in Figure 2.1. 

The energy density of natural gas at ambient conditions is only about 0.1% of petroleum, 

and still as low as 26.3% when compressed to 250 bar. Liquefying natural gas can 

increase its energy density by 600 times to about 65% of petroleum, which enables 

liquefied natural gas (LNG) to be transported by ships efficiently. Also, LNG can be 

flexibly transported to different destinations, therefore less affected by political and 

economic issues.  

 

Figure 2.1 Energy density of common burning fuels [5] 
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Due to these advantages, the worldwide production and trade of LNG has been 

increasing steadily and is expected to continue to increase in the future. In 2014, 333.3 

standard billion cubic metres of LNG was traded around the world, which is a 11% 

increase compared to the year 2010 (300.6 million cubic metres) [1, 6]. Global LNG 

supply is projected to grow 4.5 % p.a. to the year 2030, more than twice as fast as total 

global gas production (2.1 % p.a.) and faster than inter-regional pipeline trade (3.0 % 

p.a.). LNG will contribute to 25 % of global supply growth in 2010-30, compared to 

19 % for 1990-2010 [7].  

Australia is currently the world’s third largest LNG exporter with an annual export of 

31.6 standard billion cubic metres in 2014 and is aiming to become the world’s largest 

exporter by the year 2018 by overtaking Qatar [1]. Australia has three producing LNG 

plants and several other confirmed LNG projects. Among which the Gorgon project has 

an annual production of 15.6 million tonnes and started its first production in March 

2016. In 2015 Australia produced 30.4 million tonnes of LNG and it contributed to 

2.15 % of Australia's GDP. By year 2020, LNG production in Australia is expected to 

reach 85 million tonnes per annum and contribute to 2.5% of the Australia's GDP [8]. 

The rapid increase of LNG production and exportation is not only beneficial to 

prosperity, including export revenue, service sector opportunities and value-adding, but 

also encourages technological innovation and environmental research.  

The significance of LNG production to New Zealand is somewhat different. The 

statistical data from both IEA and New Zealand government indicated that the national 

natural gas production and consumption are balanced, at around 4.6 standard billion 

cubic metres per year, or 450 MMscfd in 2012 [9, 10]. IEA also projected that the 

product and consumption will keep being balanced until 2018 [9]. Although large scale 

LNG projects are not currently available in New Zealand, various companies are 

exploring new gas fields in South Island, mainly in Otago. For example Origin Energy 

is looking into the potential of exporting LNG from new natural gas fields being 

prospected off the Oamaru coast, therefore small scale LNG projects remain possible 

but subject to various uncertainties. 
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2.2 The LNG production process and dilute methane recovery 

Raw natural gas extracted from wells contains impurities including CO2, H2S, water, 

N2 and helium that needs to be either separated out or recovered. Therefore the majority 

of unit operations along the treatment process serve this gas separation purpose, aside 

from recovering more valuable heavy hydrocarbons. A typical layout of a gas 

processing plant including LNG production is shown in Figure 2.2. 

Inlet 
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Compression
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Dehydration

Hydrocarbon 

Recovery
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Liquid 

Processing

Natural Gas 

Liquids
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Distillation

Fuel GasN2 Vent

 

Figure 2.2 A typical layout of a gas processing plant with LNG production ability (darker blocks) 

[5, 11].  

Of the impurities mentioned above, CO2 and H2S are separated in the gas sweetening 

plant where they are simultaneously removed by amine absorption processes [5]. The 

most commonly used absorbents in industry include MEA (Monoethanolamine), DGA 

(Diglycolamine), DEA (Diethanolamine) and MDEA (Methyldiethanolamine) [11]. 

CO2 and H2S are chemically bonded with amines in the contactor at around 40 °C, 6-8 

bar and regenerated at around 93 °C, 2 bar. Other competing technologies include 

physical absorption, membrane and adsorption, however these are not reported as being 

widely adopted by industry as amine processes [11-13]. 

The water in the raw natural gas is then removed by dehydration units, which is based 

on physical absorption, typically using triethylene glycol (TEG) as absorbent. After the 

removal of CO2 and H2S, natural gas is saturated with water and is fed to the TEG tower 

which is able to reduce the water content down to a minimum of 7 lb/MMscf (147 ppm). 

The water saturated absorbent is regenerated by either using heating medium or a 
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directly heated reboiler. Although the water content is within the specification of 

pipeline gas, producing LNG requires the water content to be further reduced to less 

than 0.1 ppm in order to prevent hydrate formation and crystallization [14]. To achieve 

the aforementioned water content level, molecular sieve dehydration units are used in 

which solid desiccants selectively adsorb water from natural gas. Common desiccants 

include silica gel, activated alumina or zeolites, among which 4Å zeolite was reported 

as being used in industry [5]. At least two fixed bed columns are required for the unit, 

one or more columns undergoing adsorption at low temperature and the remaining 

undergoing desorption at high temperature. When the columns are saturated or fully 

regenerated, the adsorption and desorption columns are heated up or cooled down, 

respectively, so that the production can be continued.  

After acid gas removal and dehydration, the heavier components in natural gas, mainly 

heavier than propane, are recovered and produced in liquid form, so that the remaining 

lighter components can be then liquefied by refrigeration cycles. The majority of 

industrial LNG refrigeration loops use either the ConocoPhillips optimized cascade 

process or the Air Products C3MR process [15, 16]. The former process uses methane, 

ethane and propane as the refrigerants for three cascaded loops to cool the natural gas 

from ambient temperature to liquid at around 50 bar. The latter process applies a 

propane refrigeration loop to pre-cool the natural gas, then uses a mixed refrigerant 

composed of methane, ethane, propane and nitrogen to directly cool the stream down 

to -153 °C.  

Nitrogen rejection is one of the key unit operations due to the increasing number of 

natural gas fields with excessive nitrogen contamination. For example, the Rocky 

Mountains is one of the fastest growing production areas in the U.S. but has various 

fields contaminated by N2. Hamilton Creek field for example was identified to have 15-

18 mol% N2 and western Colorado field contains as much as 26 mol% N2 [5, 17]. Other 

natural gas fields around the world, for example the Cliffside field in Amarillo, Texas, 

Bach Ho Field in Vietnam and Miskar field in Tunisia also have N2 contamination 

issues, with N2 content reaching 25.6 %, 21.0 % and 16.9 % by mole, respectively. 

According to Meyer, 16 % of the non-associated natural gas reserves were sub-quality 

in terms of N2 and thus need further processing to reach product specifications [18]. 

The content of N2 together with other inert gases, needs to be decreased to 3-5 mol% 

for a pipeline sales gas in order to reach heating value. The level is stricter for LNG due 
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to safety reasons: N2 content should be under 1 mol% in order to prevent stratification 

and rollover during storage and transportation [5]. Conventional nitrogen rejection units 

use cryogenic distillation columns to fractionate CH4 and N2 due to several reasons. 

First of all, LNG trains are usually built at very large scale in order to achieve high 

process efficiency, with common production rates per train ranging from 1 to 5 mtpa 

(144 – 720 MMscfd). However amongst various gas separation technologies that has 

been proven in industry, cryogenic distillation is the only that can achieve a flow rate 

higher than 25 MMscfd. Secondly, cryogenic distillation requires the feed stream to be 

liquefied first, which can be naturally coupled downstream to the liquefaction unit 

operation. In this way the cooling energy required can be provided by efficient 

refrigeration loops. Literature suggested that for a natural gas stream that contains less 

than 20 mol% N2, a single column would be sufficient to achieve the aforementioned 

separation objective, otherwise a dual-column configuration should be used to increase 

overall efficiency [5]. The detailed design parameters can be found in the GPSA 

Engineering Data Book [13].  

Although cryogenic distillation has a reasonably high selectivity of CH4 and N2, the 

primary purpose of NRUs are to produce a pure CH4 stream therefore its overhead N2 

product still contains 0.8 – 1.7 mol% of CH4, which would be eventually vented into 

the atmosphere [5, 19]. For example, Kidnay et al. demonstrated a typical industrial 

application of NRU and nitrogen vent contained as much as 2 mol% CH4. Ott et al. 

demonstrated state-of-the-art industrial NRUs with a N2 vent containing < 1 mol% CH4. 

Despite that CH4 appears to be dilute in the vent, it has more than 21 times the 

greenhouse gas potential of CO2 [20]. Furthermore, considering the large production 

throughput for LNG plants, the fugitive CH4 could reach a significant level and cause 

harm to the environment. For example, the western shelf of Australia will have a LNG 

production rate of more than 1000 MMSCFD, and calculations show that the N2 vented 

from the NRU would be around 60 MMSCFD, and thus the fugitive CH4 could be as 

much as 70 - 140 kt CO2 equivalent per annum. This is a considerable amount compared 

to the 37.9 mtpa (CO2 equivalent) of annual fugitive GHG emissions reported by the 

Australia Government [21]. On top of potentially harming the environment, the fugitive 

CH4 is also a substantial energy content lost, calculated to be worth 320,000 USD to 

640,000 USD per annum, depending on the CH4 concentration. Therefore efficiently 

recovering these fugitive CH4 from the N2 vent poses a separation topic that is 
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potentially beneficial to both the environment and economics, however challenging to 

be implemented through current technologies. 

In this research work, we have defined a particular separation objective for treating this 

nitrogen vent. The N2 vent flow was defined as 60 MMscfd, which is the designed flow 

rate for the Gorgon project in Western Australia. The N2 vent contains 0.8 mol% CH4 

which is the lower limit of methane concentration from the nitrogen rejection unit. The 

aforementioned N2 vent should be separated into a pure N2 stream which contains less 

than 100 ppm of CH4 as required by the government of Western Australia [19], and a 

CH4 rich stream containing more than 30 mol% of CH4 so it can be efficiently reused 

as plant fuel, for example combusted in low calorific gas turbines [22]. 

 

2.3 Potential and emerging technologies for dilute methane 

recovery 

As mentioned above, we have identified a particular objective of separating methane 

and nitrogen at the vent of the cryogenic distillation column which can both benefit the 

environment and increase overall process efficiency. However, the separation of 

methane and nitrogen is naturally hard due to their similar physical parameters. As for 

distillation, both CH4 and N2 have very low boiling points: -161.5 °C for CH4 and -

195.8 °C for N2 so that distillation has to be carried out at cryogenic conditions [23]. 

Also, their relatively close boiling points require the distillation column to be operated 

at high pressures (~15 bar) in order to increase the difference of their boiling points 

[24]. Although cryogenic distillation can be naturally coupled to the refrigeration unit 

(main cryonic heat exchange, MCHE), directly adding another column to the NRU or 

increasing column dimensions were found to be not applicable to reach the 

aforementioned separation objective. Common industrial NRU applications with two-

column configuration were reported to produce a N2 product with 1-1.5 mol% methane 

[25, 26]. With an economic feed range of 6 – 75 mol% of CH4 for cryogenic distillation 

columns [24], applying another unit to concentrate a 0.8 mol% of CH4 in the nitrogen 

vent is therefore not economic and has never reported in industry and literature. On the 

other hand, using the same two-column configuration to further decrease CH4 

concentration in the N2 vent is challenging in industry, with the lowest CH4 

concentration of 0.1 mol% reported by the Linde Group [27]. Various modelling and 
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optimization work can be found in the literature with CH4 concentration in the N2 vent 

ranging from 0.05-0.3 mol% [28-31], which were all significantly higher than the 100 

ppm specification. 

The similar molecular sizes of CH4 (3.80 Å) and N2 (3.64 Å), combined with their non-

polar nature also forbid high selectivity adsorbents or membranes to be developed. Most 

commercial adsorbents have an average CH4/N2 selectivity of under 3, compared to 

those adsorbents having selectivity of CH4 and CO2 typically between 6 and 8 [32-34]. 

These issues pose significant challenges to develop efficient adsorption based processes 

to recover the CH4 in the N2 vent. 

Upon exploring the literature, although the direct treatment of dilute methane in 

nitrogen can not be found, a similar dilute methane recovery from air was found, more 

specifically, recovery of ventilating air methane (VAM) from coal mines. These 

ventilations usually contain very dilute methane ranging from 0.3 mol% to 0.8 mol%, 

comparable to those from the N2 vent of cryogenic distillation units [35]. Most available 

technologies associated with dilute methane recovery focused on oxidizing it and 

recovering heat for plant use or to generate electricity, while pressure swing adsorption 

(PSA) and other separation processes are still considered as a methodology to upgrade 

methane. In this chapter we review these technologies and more importantly, discuss 

their advantages and potential challenges to be applied to dilute methane recovery from 

N2 vent. 

2.3.1 Use of dilute CH4 as a primary fuel 

Methane, as a combustion fuel, can sustain a chain chemical reaction with a minimum 

concentration of 4.4 mol% in a mixture with air. Directly oxidizing CH4 is an apparent 

method to reduce GHG emissions and potentially, recovery the energy as form of heat 

or electricity. With a CH4 concentration of around 0.8 mol% to 1.6 mol%, oxidizing 

CH4 would require additional assistance, either by using high temperature to speed up 

the reaction rate or catalysts to lower the activation energy. The thermal flow reversal 

reactor (TFRR) and catalytic flow reversal reactor (CFRR) were developed according 

to the above principles and their layouts are shown in Figure 2.3. 
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Figure 2.3 The basic layout of a TFRR or CFRR, while TFRR does not have the catalyst layers 

[35].  

Since TFRR follows the layout as shown in Figure 2.3 but does not have the catalyst 

layer, it requires at least 1000 °C to trigger the oxidization reaction while the CFRR, on 

the other hand, requires significantly lower temperatures: only 350 °C to 800 °C [35]. 

The mechanisms of both TFRR and CFRR are similar: the CH4-air mixture enters the 

reactor at one end and is heated by the heat exchange medium. When it reaches the heat 

exchanger area, its temperature reaches the auto-ignition point so that the oxidization 

takes place and releases heat. The heat can sustain the chain reaction but the reaction 

zone slowly moves towards the other end of the bed, until it reaches the opposite heat 

exchange medium indicating the reactor is “saturated”. Then the flow direction needs 

to be reversed so that the CH4-air mixture enters the reactor from the other direction 

and drives the reaction zone backwards. The produced heat can either be recovered in 

the reaction zone using coils or directly via the exhaust hot air. 

Both TFRR and CFRR are well studied by various researchers and the conclusions have 

been drawn that the TFRR possesses distinctive advantages when CH4 is greater than 

0.4 mol% in the feed in terms of reliability and process efficiency, and the CFRR 

showed higher conversion rates when CH4 is lower than 0.4 mol% in the feed [36, 37]. 

The only commercial VAM treatment process is the West Cliff coal mine project in 

Australia which is based on TFRR and generates 6 MW of electricity from the reaction 

heat [38]. However, with government’s subsidy the actual economy of the process is 
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unknown. Baris assessed the potential and economics of placing a VAM treatment 

process in Turkey and reached a conclusion that the process will not be sustainable 

without considerable carbon credit [39].  

Adapting these types of reactors to treat dilute CH4 in the N2 vent in LNG plants is even 

more challenging. Since the N2 vent from NRU does not have any oxygen as an oxidizer, 

it needs to be blended with air, which only contains 20% O2 so that the concentration 

of CH4 would drop significantly before it can be sent to the reactor. Although the 

viability of such process was not studied, we deduce that the operating cost of such 

process would be even higher than treating VAM, therefore the efficiency of process 

needs to be further increased to be sustainable. 

Alternatively, a gas turbine that can directly burn dilute methane in air has been 

developed and is currently under pilot trials. The CSIRO has developed a ventilation 

air methane catalytic turbine that can operate with 0.8 mol% CH4 in air and generate 25 

kW of power [40]. However, such an approach has not been practiced in industry and 

would suffer from the same problem as described above – the already dilute CH4 would 

be further diluted if it has to be mixed with air. 

2.3.2 Use of dilute CH4 as an ancillary fuel 

The dilute methane stream can be mixed with other primary fuels and burned together 

in various combustion systems, including internal combustion engines, turbines and 

boiler systems [35, 38, 41]. The most apparent advantage of such an approach is that it 

does not require any further upgrade or modification to the combustion systems. 

Industrial applications can be found in Australia, China and the U.S.A. For example, 

VAM containing 0.3 – 0.7 mol% methane was used as an ancillary fuel in internal 

combustion engines in the Appin Colliery in New South Wales, Australia. The project 

employed 54 internal combustion engines to produce a total of 55.6 MW electricity [38, 

39]. However, the problem of using dilute methane as an ancillary fuel is that only a 

small fraction of the total flow can be treated in order to maintain the concentration of 

the primary fuel. Also, a large scale industrial plant needs to be nearby to process such 

a stream and the treatment cost is directly associated with its distance to the plant. 

Furthermore, the abundant nitrogen in the vent from the LNG plant indicates that even 

a smaller portion of the vent stream can be treated using this approach, which cancels 

out the advantages. 
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2.3.3 Membranes 

Membranes operate as a semi-permeable barrier where a component of the gas mixture 

will pass through the membrane given a sufficient driving force or chemical potential 

gradient between the feed and the permeate stream [31]. Industrial scale membrane 

units have been available since the 1980s and were used for bulk air separation, H2 

separation and air dehydration [12]. The advantage of membrane units is that they do 

not have moving parts so the maintenance costs are usually low. However, membrane 

units are uneconomical for treating large gas flows (> 20 MMSCFD), since multiple 

units need to be installed and the permeate gas has to be recompressed between each 

unit which adds to operational costs. 

Membranes for CH4/N2 separation can be categorized into two types: glassy polymers 

which are usually nitrogen-permeable, or rubbery polymers, usually methane-

permeable. No matter which type of membrane is used, their selectivity of CH4/N2 is 

usually low: under 3 for N2 selective membranes and under 5 for CH4 selective 

membranes. This is due to the similar molecular size of CH4 and N2 which limits the 

diffusion rate differences [31]. Gilani et al. developed a carbon nanotube membrane 

and tested the permeability and selectivity of the membrane. Experiments showed that 

the best selectivity obtained among all synthesized membranes was only 3.85 [42]. The 

only commercial application of using membrane units for separating CH4 and N2 was 

reported by Lokhandwala et al., where a composite membrane with a CH4/N2 selectivity 

of 3-3.5 was used [43]. The first proof-of-concept membrane unit could treat 0.2 

MMscfd natural gas feed with 7 mol% N2 and reject N2 down to 3.8 mol%, with a 

hydrocarbon recovery of 80%. A second scaled up unit which contained two membrane 

stages and had a throughput of 12 MMscfd was installed in Rio Costa, CA. The feed 

containing 16 mol% N2 was separated into a permeate with 9 mol% of N2 which was 

then sent to pipeline, and two retentate streams: one containing 60 mol% CH4 which 

was combusted as plant fuel, and another one containing 30-35 mol% CH4 which was 

eventually vented. The overall hydrocarbon recovery was 95%. A third unit treated 3 

MMscfd of gas containing only 35 mol% CH4, upgrading it to 65 mol% of CH4 at a 

flow of 0.4 MMscfd and remaining 2.6 MMscfd containing 30 mol% CH4 was vented 

[43]. The separation result is poor - the CH4 recovery was under 25% and a significant 

portion of CH4 in the feed was eventually vented. 



 

19 

 

Applying membranes to achieve the specific separation objective described in Chapter 

2.2 is unlikely given the selectivity and efficiency of current membrane processes, since 

developing higher CH4/N2 selectivity membranes has not been progressing and there is 

decreased efficiency when applying multi-stage and multi-unit membrane systems. On 

top of that, a 60 MMscfd feed is higher than any industrially practiced membrane 

process. 

2.3.4 Absorption 

Although physical solvent absorption was not listed as one of the conventional methods 

for separating CH4 and N2, a particular commercial practice can be found: Advanced 

Extraction Technologies proposed using an ethylene glycol absorbent to selectively 

absorb CH4 and other hydrocarbons at -32 °F, in order to produce a pure N2 vent and a 

natural gas stream within pipeline specifications [44, 45].  The plant located in the U.S. 

can process a feed with 15 MMscfd and started operation in 2003. However, no further 

information can be found in terms of hydrocarbon recoveries and process economics.  

The potential challenges of using physical absorption for recovery of dilute CH4 from 

N2 include the low CH4 absorption capacity for current absorbents, and to use low 

pressure to desorb the CH4 once the absorbent is saturated. Given the dilute CH4 content 

in the N2 vent, the absorption process might be viable, but requires comprehensive 

investigation and experiments, which currently can not be found in literature. 

 

2.4 Pressure swing adsorption 

Although using conventional PSA for separating methane and nitrogen suffers from the 

problem that the selectivity of adsorbents are usually low, it is still a promising 

technology which could be viable with high selectivity adsorbents or improved process 

efficiency. This section provides a thorough review on pressure swing adsorption and 

its applications to CH4 and N2 separation in the literature. 

Pressure swing adsorption (PSA) is a technology to separate gas mixtures, preferably 

binary gas mixtures. The core of the technology is based on adsorption, which takes 

advantage of equilibrium adsorption capacity or adsorption rate differences for 

molecules from an ambient fluid phase to adhere to the surface of a solid. The difference 

in the affinity of the surface for different components is usually referred as selectivity, 
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and naturally leads to potential for gas purification and bulk separation [46]. Industry 

has successfully applied adsorption based processes for different gas separation 

purposes, for example hydrogen purification, bulk air separation and natural gas 

dehydration [13, 47, 48]. In the design of a PSA process, equilibrium capacities and the 

sorption kinetics for the adsorbent are the two main factors that should be considered 

to establish a successful separation process  [49]. 

2.4.1 Equilibrium adsorption capacity 

The most important property of adsorbents is the equilibrium adsorption capacity, 

which is the amount of gas that can be adsorbed per mass of adsorbent at given pressure 

and temperature. Larger capacity (per mass of adsorbent) is obviously beneficial to 

adsorption processes and can be achieved by lower temperature or higher pressure. 

When the temperature is increased or the pressure is decreased, the equilibrium capacity 

decreases accordingly so the adsorbed gas desorbs from the adsorbent. Either 

temperature or pressure can be dominantly used to conduct the adsorption and 

desorption cycle and they are usually referred to as temperature swing adsorption (TSA) 

or pressure swing adsorption (PSA), respectively. However, temperature changes are 

naturally associated with PSA due to heat of adsorption and Joule-Thompson effect 

during depressurization. Figure 2.4 describes the different pathways for TSA and PSA 

processes to form a whole adsorption and desorption cycle. 

 

Figure 2.4 Relationship of temperature, pressure on adsorption capacity and how PSA and TSA 

exploit the difference in equilibrium adsorption capacity from different pathways 
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Due to the fact that the productivity of adsorption processes can only be achieved by 

increasing the throughput with a given adsorbent, a small step time and a fast alternation 

between adsorption and desorption are required for most processes, usually in the 

matter of minutes. While PSA can achieve a small step time and fast step alternation 

by rapid valve changes and powerful compressors, the slow nature of TSA prohibits it 

from most separation purposes, and is only commercially used in final stage 

dehydration of natural gas where the step time can be as long as 12 hours [13]. 

Since PSA only exploits the adsorption capacity differences with respect to different 

pressures by assuming constant temperature, the relationship between equilibrium 

capacity and pressure was described by an “isotherm”. A Langmuir isotherm is the most 

widely used isotherm model by establishing the relationship between adsorption 

capacity and surface coverage, as described in Eq 2.1 - Eq 2.3 [50-52]. 

 𝑞 = 𝑞𝑚𝑎𝑥 ∙ 𝜃 Eq 2.1 

 𝜃 =
𝐾 ∙ 𝑝

1 + 𝐾 ∙ 𝑝
 Eq 2.2 

 𝐾 = 𝐾0 ∙ exp(
−Δ𝐻

ℜ𝑇
) Eq 2.3 

Where qmax is the maximum amount of gas that can be adsorbed, θ is the fractional 

surface coverage, K is the equilibrium parameter, p is the partial pressure of the gas, K0 

is the equilibrium parameter at infinite temperature, -ΔH is the heat of adsorption 

(minus sign indicates that adsorption is an exothermal process in nature), ℜ is the 

universal gas constant and T is the adsorbate temperature.  

Combining the above equations gives a common form of the model as described in Eq 

2.4 with three  parameters: qmax, K0 and -ΔH that have to be determined by measuring 

the adsorption capacity under the desired pressure range and at least three different 

temperatures [53].  

 𝑞 = 𝑞𝑚𝑎𝑥 ∙
𝐾0 ∙ exp(

−Δ𝐻
ℜ𝑇

) ∙ 𝑝

1 + 𝐾0 ∙ exp(
−Δ𝐻
ℜ𝑇

) ∙ 𝑝
 Eq 2.4 

It should be noted that although the heat of adsorption, -ΔH is considered as a parameter 

that should be constant and needs to be fitted, it has a physical representation and is 

also dependent on adsorbent coverage and temperature. For example, Stadie et al. 

measured the heat of adsorption of methane on carbonaceous materials from 238 to 526 
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K [54]. The study showed that the heat of adsorption was inversely related to the surface 

coverage as well as higher temperatures, and was around 14 kJ·mol-1 at ambient 

temperature and medium surface coverages. Czerny et al. measured the heat of 

adsorption of nitrogen on activated carbon granular from a temperature from 93 to 298 

K [55]. The values were measured as 10 to 14 kJ·mol-1. As a result, the heat of 

adsorption in the simulation software is usually detached with the regressed parameter 

shown in Eq 2.4 and can be set separately. The validity of the heat of adsorption values 

can be verified through experimental measurements of breakthrough front and 

comparison with simulation predictions, as those shown in Figure A.2. 

Other higher order isotherm models such as Toth, Langmuir-Freundlich and Sips 

isotherms include a fourth parameter that has to be fitted. Although one could better fit 

the measured capacity with the help of the fourth parameter, they should be used with 

caution since they are purely empirical as well as the Langmuir isotherm when it is used 

above critical temperatures [56]. 

However when a gas mixture with two or more components is exposed to the adsorbent, 

the gas mixture undergoes competitive adsorption so that Eq 2.4 which was used to 

predict the adsorption capacity for a pure gas, is no longer accurate. The Langmuir 

isotherm described by Eq 2.4 was therefore extended to incorporate competitive 

adsorption by adding terms for each component to the denominator, as shown in Eq 2.5 

[57]. 

 𝑞𝑖 = 𝑞𝑚𝑎𝑥𝑖 ∙
𝐾0𝑖 ∙ exp(

−Δ𝐻𝑖
ℜ𝑇

) ∙ 𝑝𝑖

1 + ∑ 𝐾0𝑗 ∙ exp(
−Δ𝐻𝑗
ℜ𝑇

) ∙ 𝑝𝑗
𝑁
𝑗=1

 Eq 2.5 

Different components usually exhibit different adsorption capacities when their partial 

pressures are the same. To measure the difference of the adsorption capacity based on 

their partial pressure, “equilibrium selectivity (α)” was defined as the ratio of each 

component’s equilibrium adsorption capacities normalised to their gas phase 

compositions, and in the case of a gas mixture, their partial pressure, as shown in Eq 

2.6 [56]. 

 𝛼𝑖/𝑗 =
𝑞𝑖/𝑝𝑖
𝑞𝑗/𝑝𝑗

 Eq 2.6 
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Combining Eq 2.5 and Eq 2.6 gives a general formula to calculate the equilibrium 

selectivity, as shown in Eq 2.7. 

 𝛼𝑖/𝑗 =
𝑞𝑚𝑎𝑥𝑖 ∙ 𝐾0𝑖 ∙ exp(

−∆𝐻𝑜𝑖
ℜ𝑇

)

𝑞𝑚𝑎𝑥𝑗 ∙ 𝐾0𝑗 ∙ exp(
−∆𝐻𝑜𝑗
ℜ𝑇

)

 Eq 2.7 

It can be observed that the equilibrium selectivity between two components only 

contains fitted Langmuir isotherm parameters qmaxi, K0i and –ΔHi, and is irrelevant to 

any external parameters, therefore the equilibrium selectivity α should be a constant. 

The equilibrium selectivity is a critical indication to the performance of the adsorbent 

and key to most adsorption based separation processes [49]. 

In a PSA column, the gas component that has a higher equilibrium capacity on the 

adsorbent is called the heavy component while the other component is referred to as the 

light component. Similarly, the gas stream that has a higher concentration of heavy 

component than the feed is called the heavy gas and vice versa for the light gas. The 

equilibrium selectivity is based on the electrostatic properties of adsorbent molecules 

and is different for polar adsorbents (e.g. zeolite) and non-polar adsorbents (e.g. 

activated carbon). Polar adsorbents are usually selective to molecules that have a higher 

quadrupole moment because of their strong electric field. In contrast, non-polar 

adsorbents lack strong electric fields therefore they are selective to molecules which 

have a higher polarizability. In case of CH4 and N2 separation, N2 has a lower 

polarizability (17.6×10-25 cm3) than CH4 (26.0×10-25 cm3), thus lead to higher 

selectivity to CH4 for activated carbon adsorbents [46]. As for zeolite adsorbents, since 

N2 has a higher quadrupole moment (1.52×10-26 esu·cm2) than CH4 (0 esu·cm2), it was 

observed that N2 adsorbs faster than CH4 during the earlier part of the binary gas uptake 

process. However, the adsorbed N2 was gradually displaced by CH4 as the adsorption 

process went on and eventually resulted in a CH4 selective adsorbent in equilibrium, 

due to the high polarizability of CH4 [58].  

2.4.2 Adsorption kinetics 

The adsorption rate is another critical factor in the adsorption process, which is often 

described as mass transfer rate. The mass transfer rate of a component adsorbing on the 

adsorbent is determined by a series of resistance factors, namely external film resistance 

depending on fluid hydrodynamic effects and macropore/micropore resistances 
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depending on the structure of the adsorbent [46, 59, 60]. From modelling point of view, 

these resistances are usually combined into a lumped mass transfer co-efficient that 

represents the overall adsorption rate, and a linear driving force (LDF) model is used to 

describe the adsorption kinetics [46, 57, 61]: 

 
𝜕𝑤

𝜕𝑡
= 𝑘 ∙ (𝑤∗ − 𝑤) Eq 2.8 

Where w is the loading per unit mass of adsorbent, w* is the loading per unit mass of 

adsorbent in equilibrium with the component’s partial pressure in gas phase, and k is 

the lumped mass transfer coefficient. 

The linear driving force approximation has been widely used in the analysis of practical 

analysis of column dynamic data and for adsorptive process design, mainly because it 

is simple, analytical and physically consistent [61, 62]. Since the linear driving force 

approximation does not distinguish between adsorbed phase and diffusion phase, it is 

not as rigorous as the Fickian diffusion model, and the differences are discussed by Kim 

and Sircar [61, 62]. However the estimation of separation performance requires several 

sets of averaging of kinetic properties at the particle, the column, and the overall cyclic 

steady state levels, therefore the characteristics of the models describing the local rates 

of adsorption at the particle level are often lost during these integration processes. Sircar 

demonstrated that the linear driving force model can well describe the overall fractional 

uptake by a heterogeneous porous adsorbent and the breakthrough curve of a packed 

column, when compared to the results from Fickian diffusion model. Furthermore, the 

separation performance is insensitive to the choice between linear driving force model 

and Fickian diffusion model [61]. As a result, we consider the linear driving force 

model is adequate in describing the adsorption kinetics and should not affect the final 

separation performance, therefore it is chosen and applied in latter simulation models. 

Temperature governs the overall adsorption rate 
𝜕𝑤

𝜕𝑡
 via two aspects. First of all, the 

value of w* follows the Langmuir isotherm as described in Eq 2.4. An increase of 

temperature lowers the equilibrium capacity and thus decreases the overall adsorption 

rate. On the other hand, the mass transfer coefficient k is also a function of temperature 

from an Arrhenius type equation [46, 61]. 

 𝑘 = 𝑘0 ∙ exp(−
𝐸𝑎
ℜ𝑇

) Eq 2.9 
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Where k0 is the pre-exponential parameter and Ea is the activation energy. However, 

most adsorption models assume a constant k that is independent to temperature due to 

the following reasons. First of all, the equilibrium capacity w* is the dominant factor in 

Eq 2.8 and most of the dynamic adsorption models assume isothermal operation [63-

68]. Even with the assumption of non-isothermal operation, the limited temperature 

variation due to heat of adsorption would only cause a subtle effect on k, and is not 

worthwhile when comparing to the trade-off: introducing two more coefficients k0 and 

Ea that need to be determined separately. 

Determination of adsorption rate, i.e., mass transfer coefficient is hard since it is 

difficult to measure, and the dynamic column breakthrough apparatus is widely used to 

measure the adsorption kinetics through the regression of a mathematical model to the 

effluent breakthrough profile [32, 33, 60, 69, 70]. The measurement values contain 

uncertainties achieving 50% which can be attributed to the measurements uncertainties 

that are used to determine mass transfer coefficient, including heat of adsorption, heat 

transfer limitations, and hydrodynamic effects [49, 70]. Therefore in numerical 

simulation of adsorption systems, the mass transfer coefficients are usually fine-tuned 

based on initial estimations or experimental measurements. The fine-tuning method 

includes development of a numerical model for the dynamic column breakthrough 

apparatus that is used for the measurement of mass transfer coefficient and compares 

the slope of the breakthrough curve between experiment and simulation predictions.  

 

Figure 2.5 Comparison of simulation predicted CH4 mol fraction profile and experimental 

measured values at the exit of the dynamic breakthrough apparatus in order to obtain a fine-

tuned mass transfer coefficient 
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Figure 2.6 The effect of different mass transfer coefficient on the slope of the simulation 

predicted CH4 mol fraction profile at the exit of the dynamic breakthrough column apparatus, 

where kCH4 = 3·kN2, units in 1/s. 

Figure 2.5 shows a typical component profile from both experimental measurements 

and simulation predictions of a dynamic column breakthrough apparatus [33, 71]. 

When provided with the volumetric flow rate, the curve shown in Figure 2.5 can 

essentially indicate the length of the mass transfer zone inside the column. From Figure 

2.6, it can be observed that the slope of the CH4 mole fraction profile flattened out when 

kCH4 was below 1, and became highly dispersed when kCH4 = 0.03. Obtaining correct 

mass transfer coefficient values are essential in developing more complex adsorption 

systems. However, the slope of the profile shown in Figure 2.5 is also dependent on 

other factors, such as axial dispersion due to gas diffusion as well as numerical 

dispersion dependent on the number of nodes configured to describe the column. The 

impacts are further explained in detail in section 3.5.2. 

The kinetic selectivity (β) is defined by the equilibrium selectivity multiplied by the 

square root of the mass transfer coefficients, as shown in Eq 2.10 [53]. 

 𝛽𝑖/𝑗 =
𝑞𝑖/𝑝𝑖
𝑞𝑗/𝑝𝑗

∙√
𝑘𝑖
𝑘𝑗

 Eq 2.10 

For the adsorbents for CH4 and N2 separation, pore size distributions mainly contribute 

to the kinetic selectivity, as these pores act as a molecular sieve. Molecules larger than 

the pore size are rejected more and molecules smaller than the pore size can be admitted 

and stored in the pore. Since N2 has a smaller molecular size (3.6 Å) than CH4 (3.8 Å), 
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certain adsorbents which have a pore distribution less than 3.8 Å such as carbon 

molecular sieves and Clinoptilolite showed higher kinetic selectivity to N2 due to their 

smaller pore size distributions [72, 73].   

2.4.3 The pressure swing adsorption process 

Most laboratory scale units and all the industrial ones usually follow the Skarstrom 

cycle, or enhanced cycles based on it. There are two adsorption columns working in 

pairs but operating in opposite modes. This configuration is often referred to as 

stripping PSA since the heavy component is stripped from the feed. An illustration of 

the half cycle of stripping PSA is shown below. 

 

Figure 2.7 A typical half cycle layout for stripping PSA. “HP” refers to high pressure and “LP” 

refers to low pressure [46] 

For the first step of stripping PSA, feed is sent to the high pressure adsorption column 

where the heavy component is adsorbed and the light product is drawn at the other side 

of column 1, while a portion of the light product is used to purge column 2 as a light 

reflux. The heavy product is purged by this light reflux and is produced from column 

2. Once column 1 (high pressure adsorption column) is saturated and meanwhile 

column 2 (low pressure desorption column) is fully regenerated, step 2 begins where 

column 1 is co-currently depressurized and column 2 is pressurized with feed. This 

reverses the pressures of the two columns and step 1 is repeated as the next half cycle 

with column number swapped. Although stripping PSA cycles operate in batch mode, 
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if two or more units are coupled and the step time is adjusted properly, the feed and the 

product flow can be continuous.  

There are two main principles in running the stripping cycle, which is useful to realise 

in all PSA column design [46]: 

- The cycle time should be made short and the product throughput should be low. 

Otherwise column breakthrough (where feed passes through a saturated column 

without being adsorbed or desorbed) would happen and the beds will become 

too hot during adsorption and too cold during desorption, which is detrimental 

to separation.  

- The volume of both purge and feed, at their respective pressures, should be 

equal to ensure complete purge, or displacement, during regeneration.  

Research work can be found in the adsorption field for the purpose of separating CH4 

and N2. Cavenati et al. used a high pressure simple adsorption column up to 5MPa and 

tested the adsorption equilibrium data for nitrogen, methane and carbon dioxide 

mixtures on Zeolite 13X. However, the equilibrium selectivity between CH4 and N2 

was only around 2 under 1 MPa [74]. Ribeiro et al. conducted similar experiments with 

carbon honeycomb monolith as the adsorbent and obtained similar selectivity for CH4 

and N2 [75]. Cavenati et al. performed experiments for measuring the equilibrium 

capacity and kinetics of CH4 and N2 on carbon molecular sieve 3K. The results showed 

that although the adsorbent can load twice as much CH4 as N2, it showed kinetic 

selectivity of 1.9 between N2 and CH4 at 308K, indicating N2 adsorbs faster than CH4 

[60]. Delgado et al. presented an experiment of fixed bed adsorption of a methane-

nitrogen mixture on silicalite pellets. The adsorption equilibrium and kinetics were 

tested and a linear driving force model was developed to fit the breakthrough curve 

inside the column. The PSA column achieved a 96 mol% methane concentration in the 

product and a 74% recovery rate when the feed contains 85 mol% of methane [76]. 

Mohr et al. carried out experimental measurements of CH4 and N2 adsorption capacities 

on pelletized 4A Zeolites using an isotope exchange technique. The adsorbent only 

showed a selectivity of between 1.9 and 2.5 in the temperature range of 253 K and 283 

K [58]. Jayaramen et al. focused on changing the characteristics of clinoptilolites 

through controlled ion exchange. A series of 5-step stripping PSA experiments and 

simulations were performed using tailored clinoptilolite adsorbent, and the results 
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showed that the improved adsorbent increased the product throughput by 50% but gave 

slightly less product recovery [77]. Hofman et al. reported on using a dynamic column 

breakthrough apparatus to measure the adsorption capacities of CH4 and N2 for two 

zeolites, H+ mordenite and 13X, at temperatures between 229.2 and 301.9 K and 

pressures up to 792.9 kPa. Both adsorbents preferably adsorbed CH4 and the CH4/N2 

selectivities at 301.9K are 3.5 ± 0.2 and 2.0 ± 0.3 for H+ mordenite and 13X, 

respectively [78]. Jensen et al. used the same apparatus to benchmark three different 

zeolite adsorbents: chabazite, H+ mordenite, and Linde 4A molecular sieve, in terms of 

the adsorption capacities of CH4 and N2 as well as the kinetics over a temperature range 

between 248 K and 302 K, and pressure from 0.001 kPa to 120 kPa [32]. The 

equilibrium selectivities for CH4/N2 at 302K were calculated as 1.9, 3.4 and 3.2 for 

chabazite, Linde 4A and H+ mordenite, respectively, with an uncertainty of 10%. The 

kinetic selectivities for CH4/N2 at 302K were calculated as 1.8 and 3.2 for chabazite 

and Linde 4A, respectively, with an uncertainty of 40% [32]. Rufford et al. also 

measured the equilibrium capacities and kinetics of CH4 and N2 on Norit RB3 activated 

carbon at temperatures of 242, 273 and 303 K and at pressures from 104 to 902 kPa 

using the same dynamic column breakthrough apparatus. The Norit RB3 exhibited 

equilibrium selectivity for CH4 over N2 in the range of 3.6 to 5.9, while the mass transfer 

coefficients of CH4 and N2 ranged from 0.004 to 0.052 s-1 at various temperatures and 

pressures [33]. This puts Norit RB3 as having one of the highest selectivities of CH4/N2 

amongst the various adsorbents. Tagliabuea et al. provided some general information 

and principles for nitrogen rejection of natural gas using PSA technology. The pros and 

cons of each kind of adsorbent are discussed. Nitrotec and Nitrix were identified as the 

only two industrial applications of CH4 and N2 separation, where both applications were 

using CMS activated carbon to separate N2 out of hydrocarbons. A maximum 

hydrocarbon recovery of 95% was claimed but no further information nor process 

economics was provided [79-84]. 

Although the stripping PSA cycle and its advanced configurations are widely used in 

industry for different gas separation purposes, for example hydrogen recovery and bulk 

air separation, its main problem is its low recovery for the light component and 

relatively poor enrichment ability for the heavy product [5, 46].  For the case of dilute 

methane recovery, applying stripping PSA means that although a pure nitrogen product 
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can be produced, the dilute methane in the feed is barely enriched in the heavy product, 

which compromises the economics and the viability of the entire process. 

An alternative configuration to stripping PSA is enriching PSA, which aims to produce 

a pure heavy product as shown below. 

 

Figure 2.8 Half cycle layout of enriching PSA 

In contrast to stripping PSA, enriching PSA only requires a feed at low pressure to 

purge the desorption column first. Heavy product is produced at the other end of the 

desorption column and a portion of that heavy product is compressed to the high 

pressure adsorption column as a heavy reflux stream. The high pressure column adsorbs 

the heavy component and produces a light product. Once both columns are saturated, 

instead of depressurization by blow down and pressurization by feed, a compressor is 

used to reverse the pressure of the two columns since the high pressure feed is no longer 

available for pressurization. Once the pressures are reversed, the next step begins which 

is the same as step 1 but with column 1 and 2 swapped. 

Although enriching PSA has not been applied in industry, research work can be found 

in literature. Ebner and Ritter proposed a model of enriching PSA based on equilibrium 

theory and demonstrated the feasibility of enriching 1 mol% CH4 from a mixture with 

H2 to 100 mol%, and meanwhile achieve 80% recovery for a wide range of operating 

parameters [85]. Yoshida et al. carried out enriching PSA experiments to concentrate 

Xe and CO2 from air and obtained more than 80 times enrichment with a pressure ratio 

of 12.5 [86]. Reynolds et al. performed enriching PSA experiments to concentrate CO2 
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from flue gas and resulted in 99.2 mol% CO2 but only with 15.2% recovery [87]. This 

revealed the basic problem of enriching PSA: although it can produce a pure heavy 

product, the recovery rate of the heavy component would be low. Most of the heavy 

component would end up in the light product and its concentration is barely lowered 

from the feed. 

In order to recover dilute CH4 from the N2 vent, it is apparent that the recovery of both 

CH4 and N2 are equally important, thus only using stripping PSA or enriching PSA 

would unlikely to achieve the separation objective. A more advanced PSA 

configuration is required to achieve the separation objective described in Chapter 2.5. 

2.5 Dual Reflux Pressure Swing Adsorption 

For single reflux PSA cycles, i.e., stripping PSA and enriching PSA, although they can 

produce a pure light/heavy product, the other product is barely concentrated/stripped so 

that the overall viability is compromised given the requirement of high recovery for 

both components from the feed mixture. Dual reflux pressure swing adsorption (DR-

PSA), on the other hand, is essentially a combination of stripping and enriching PSA, 

as shown in Figure 2.9. It applies simultaneous light and heavy reflux, and eliminates 

producing waste streams so as to improve the recovery for both components. One of 

the key characteristics of DR-PSA is that the feed is admitted to an intermediate 

position along the column, rather than to either end.  

 

Figure 2.9 Combination of stripping PSA and enriching PSA, to form DR-PSA 
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It can be observed that during the feed/purge steps, portions of both the light and heavy 

product are refluxed to the low and high pressure columns, respectively, to conduct 

purge of the columns. Once the adsorption/desorption columns are saturated/fully 

regenerated, the pressures of them are reversed by a compressor to conduct 

simultaneous pressurization and blowdown of the two columns. Since feed can be 

admitted to the low pressure column (PL) or the high pressure column (PH), and 

pressure reversal can be carried out on the heavy end (A) or the light end (B), the 

combinations of them give four fundamental configurations, PL-A, PH-A, PL-B and 

PH-B, which was first identified by Kerns and Webley [64]. A typical DR-PSA cycle 

includes four basic steps: feed (FE), purge (PU), pressurization (PR) and blow down 

(BD), which occur in the pairs FE/PU and PR/BD so that every half-cycle is symmetric 

with each column’s state swapping during the second half. Figure 2.10 describes the 

layout and step arrangements of all of the four fundamental configurations of DR-PSA. 

 

(a) 
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(b) 

 

(c) 
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(d) 

Figure 2.10 The layout and step arrangements of (a) PL-A (b) PH-A (c) PL-B (d) PH-B 

configurations of DR-PSA 

One of the first DR-PSA experiments was performed by Diagne et al. [88] and aimed 

to separate CO2 and air using a PH-A configuration. The experimental results showed 

that DR-PSA was able to simultaneously produce both light product and heavy product 

with high purities: 3 mol% CO2 in the light product and 80 mol% CO2 in the rich 

product from a feed of 20 mol% CO2. In their follow-up work, they investigated key 

operating parameters of the DR-PSA cycle such as pressure ratio, axial feed position, 

reflux ratio and throughput, and the advantages of DR-PSA over conventional 

stripping/enriching PSA were also demonstrated [89]. A series of DR-PSA experiments 

aimed at separating ethane and nitrogen using BAX-1500 activated carbon was later 

performed by McIntyre et al. [90]. A feed containing 0.78 mol% of ethane in nitrogen 

was concentrated to 40-60 mol% of ethane in the heavy product, while the ethane 

concentration in light product was decreased to as low as 30 parts-per-million. 

Subsequently, McIntyre et al. investigated the effects of four key operational 

parameters on cycle performance: light reflux rate (RL), feed step duration or time (tF), 
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heavy product flow rate (H) and feed composition (yF) [91]. Bhatt et al. performed a 

total of 9 experiments separating CH4 and N2 in a PH-A configuration using Norit RB1 

activated carbon. A feed containing 5 mol% CH4 was separated using a pressure ratio 

of 4 into a heavy product containing as much as 65 mol% CH4 and a light product with 

1.5 mol% CH4 [68]. The experimental results further proved that DR-PSA cycles are 

able to achieve a high degree of separation with pressure ratios that are low in 

comparison with conventional PSA cycles. Saleman et al. reported the results of 24 PL-

A experiments conducted using the activated carbon Norit RB3 to separate N2 and CH4, 

with the primary objective being to minimise methane content in the light product while 

still having a useful concentration of methane in the heavy product [92]. In one 

experiment a feed containing 2.4 mol% CH4 in N2 was separated into a heavy product 

stream containing 35.7 mol% and a light product containing less than 0.3 mol% CH4. 

Saleman et al. [92] were able to improve the separation performance of the DR-PSA 

cycles through empirical adjustments of the cycle’s parameters; however, a reliable 

model of those experiments would be extremely useful for efficient cycle optimisation 

as well as assessing the potential for operation at industrial scale. The development and 

validation of such a model was the primary objective of this work. Most recently, Li et 

al. demonstrated a DR-PSA apparatus for separating CO2 and N2 using silica gel at 

299.65 K and a pressure ratio around 8 [93]. Due to the high CO2/N2 selectivity of the 

adsorbent (~10) and a relatively high pressure ratio, a feed gas with 15 mol% CO2 in 

N2 was separated into 99.18 mol% of CO2 in the heavy product and 0.36 mo% of CO2 

in the light product with sufficient optimization of the system. The recovery was 99.62% 

and 99.56% for CO2 and N2, respectively [93]. 

Since PSA cycles are batch processes subject to significant dynamic transients, 

modelling them accurately is challenging. The need to describe the internal flow loop 

present in the DR-PSA cycles combined with the rapidly changing flow directions 

between different steps further increases the modelling complexity. Two different 

modelling approaches have generally been followed to describe DR-PSA cycles: those 

based on equilibrium theory and those based on numerical dynamic models. 

Equilibrium theory models are based on using the method of characteristics to solve the 

adsorption bed continuity equations as suggested by Knaebel and Hill [94] and the 

model can often be solved analytically. A series of assumptions are usually made to 

make such an approach tractable, including linear uncoupled isotherms, binary feed gas, 
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isothermal operation, ideal gas behaviour, zero axial pressure drop in the bed, local 

equilibrium between the gas and adsorbed phases, zero axial or radial diffusion and 

uniform axial interstitial gas velocity at any position along the bed length. The first 

equilibrium theory model for DR-PSA cycles was proposed by Ebner and Ritter [95]. 

The model assumed that perfect separation was always achieved and the model also 

showed that this could be accomplished by using a very low pressure ratio, in theory. 

The equilibrium theory model was later advanced and extended by Kearns and Webley 

[64] [65]. In the first part of the paper, the four configurations (PL-A, PH-A PL-B and 

PH-B) were identified for the first time and the gas concentration profiles inside the 

column at the end of each step when the system reaches cyclic steady state were 

calculated. This is a significant progress since understanding the movement of the gas 

concentration profiles can lead to future process design and optimization of operational 

parameters. In their second paper, the energy consumption and the product recoveries 

associated with the four configurations of DR-PSA cycles were discussed and 

compared. A conclusion was reached that PH-A is in favour of low yF in terms of higher 

productivity (kmol of feed·cycle-1·kg-1) and lower work (kJ·kmol-1 feed), while PL-B is 

in favour of high yF. Recently, the equilibrium theory model was further extended by 

Bhatt et al., with the objective of using numerical methods to find an optimal feed 

position and amount of feed per cycle per kilogram of adsorbent for a specified DR-

PSA configuration [96]. The advantages of equilibrium theory models are that they are 

fast to solve and able to provide composition profiles inside the column. However, the 

main drawback of equilibrium theory models is the assumption of perfect separation 

where the both products are assumed to be pure, so they cannot be used to predict the 

product purities of DR-PSA processes.  

To estimate the product purities and other key dynamic features of DR-PSA cycles, 

numerical models have been developed. The first was presented by Diagne et al. for 

CO2/N2 separations and the predicted product purities showed a relatively close match 

with their experimental results [63]. The model used a simplified method to predict the 

product purities and assumed the system to be isothermal. Another key simplification 

of the model was the assumption that none of the light component (N2) was adsorbed. 

An enhanced numerical method was proposed by Sivakumar and Rao, and the 

simulation results were presented for CO2/N2 [66] and O2/N2 [67] separations. However 

no experiments with which the results could be compared were reported. In the latter 
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case, competitive adsorption between the two components was considered, and they 

investigated a modified cycle design intended to increase the achievable product 

purities by mitigating the effects of transient variations in product composition during 

the feed-purge step. By eliminating energy balance considerations and implementing 

the model directly into FORTRAN, the simulations were able to run relatively quickly: 

take only 1 hour to reach cyclic steady state.  

Bhatt et al. [68] developed an isothermal numerical model to describe their 

experimental methane and nitrogen separations using Norit RB1 activated carbon with 

a PH-A configuration; their model was implemented in the commercially available 

software package Aspen Adsorption [3]. The simulation results predicted a CH4 mole 

fraction in the heavy product stream that differed by between -0.02 and 0.08 from their 

reported experimental results, for which the average CH4 mole fraction was about 0.6. 

To reduce the computational complexity, rather than numerically calculating the full 

dynamics for both columns across the entire cycle, the model of Bhatt et al. [68] utilized 

so-called interaction columns to map the properties of product streams produced from 

a bed at one stage of a cycle to the properties of a future feed stream to that same bed. 

Consequently, the model could only demonstrate half of the DR-PSA cycle at any given 

time. Other simplifications included the use of a valve to act as a compressor with a 

positive pressure drop but a constant, specified reversed flow to achieve the pressure 

inversion. The assumption of isothermal operation was based on the experimental 

measurement of a 2 K temperature swing on the column’s external surface; no 

experimental information about the temperature variation inside the adsorbent bed was 

available. Bhatt et al. subsequently reported another set of numerical simulations of the 

ethane-nitrogen separation experiments carried out by McIntyre et al. in 2010 [91, 97]. 

A total of 19 scenarios were simulated to demonstrate the effect of different parameters, 

including axial feed position (zF), tF, RL, H and yF. However, the same isothermal 

approach was used, which meant that the significant experimental temperature variation 

of 25 K reported by McIntyre et al. was ignored by the model [91]. This could help 

explain the over-prediction of the ethane content in the heavy product, yH, which 

amounted to more than 5 mol% (out of about 60 mol%) in many scenarios. Li et al. 

constructed a numerical model in Aspen Adsorption and their model showed good 

agreement with experiments with respect to product purities at different operating 

conditions. In addition to these, the model was used to predict the gas concentration 
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profile and their behaviour at different RL values. However, the layout of the numerical 

model was not shown and although the simulations were run at non-isothermal 

conditions, the temperature dynamics were not shown nor studied. 

Incorporating the ability to predict bed temperatures into a model of DR-PSA cycles is 

clearly important, given that laboratory-scale experiments with mixtures of methane + 

nitrogen [92] and ethane + nitrogen [91] on activated carbon produced temperature 

swings of 10 K and 25 K, respectively. The sizes of adsorbent beds used for industrial 

scale separations usually have larger volume-to-surface area ratios and hence tend to 

be more adiabatic than laboratory scale apparatus; thus it is even more important for 

simulations of larger scale columns to include energy balance so that the effects of 

temperature variations in the bed can be captured. Furthermore, bed temperature data 

are usually a key output of laboratory-scale DR-PSA experiments, and play a critical 

role in understanding the cycle performance. For example, Saleman et al. [92] used bed 

temperature measurements to infer the location of the adsorption front during cycles 

and study how the variation of cycle parameters such as product flow rates, reflux flow 

rates and feed step time affected separation performance. 

Upon exploring the literature, we were enlightened by McIntyre’s DR-PSA 

experiments for ethane-nitrogen separation, where a pure N2 product with ppm level of 

ethane and a heavy product containing more than 60% ethane were produced. However, 

the selectivity for CH4/N2 on activated carbon is significantly lower than that for 

C2H6/N2. Therefore to achieve the aforementioned separation objective for CH4/N2 

separation, either an adsorbent with higher selectivity of CH4/N2 needs to be developed, 

or sufficient optimizations, or even novel DR-PSA configurations are required.  

2.6 Challenges and present research 

Past work carried out by our collaboration with the University of Western Australia 

focused on the fundamentals of developing an efficient adsorption process, mainly 

including three aspects: 

- Screening commercial adsorbents that have the best equilibrium or kinetic 

selectivity of CH4 and N2 using a dynamic breakthrough apparatus 

- Development of novel adsorbents that could achieve higher selectivity 

- Development of a laboratory scale DR-PSA apparatus 
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Hofman et al., Rufford et al. and Saleman et al. have measured the equilibrium 

capacities and adsorption kinetics of CH4 and N2 over several commercial adsorbents, 

including H+ mordenite, 13X, chabazite, Linde 4A and Norit RB3 [32, 33, 70, 78]. 

Among these adsorbents, only Norit RB3 belongs to activated carbon family while 

others are zeolites. The mean equilibrium and kinetic selectivity of these adsorbents at 

the temperature of 303K and over a pressure of (100 to 900) kPa are shown in Table 

2.2. 

Table 2.2 Mean equilibrium α(CH4/N2) and kinetic β(CH4/N2) selectivities of commercial 

adsorbents measured by the dynamic breakthrough apparatus at 303K and (100 to 900) kPa 

Adsorbent α(CH4/N2) β(CH4/N2) 

H+ mordenite 3.2 N/A 

13X 2.0 N/A 

Chabazite 1.9 1.8 

Linde 4A 3.4 3.2 

Norit RB3 3.8 N/A 

 

It can be observed that Norit RB3 has one of the highest equilibrium selectivities 

amongst all the adsorbents, despite the fact that its kinetic selectivity was not inferred. 

The breakthrough curves of Norit RB3 experiments have been checked and were 

observed to be sharp, indicating the adsorption rates are fast. Thus Norit RB3 was 

majorly adopted in this work as reported in Chapters 3-5 as a promising adsorbent to 

efficiently perform CH4 and N2 separations. Apart from these commercial adsorbents, 

Li has developed a new type of ionic liquidized zeolite, namely tetra-methyl-

ammonium-Y (TMA-Y), which can provide a higher equilibrium selectivity of CH4 

and N2. The dynamic column breakthrough experiments reported a selectivity of 

between 5-8 over temperature range of 243 to 303 K and pressures of 100 to 900 kPa. 

Furthermore, the breakthrough curve of TMA-Y was measured and it was found to be 

even sharper than that of Norit RB3, indicating the mass transfer rate is even greater for 

TMA-Y. A laboratory scale DR-PSA apparatus was developed by Li and Saleman in 

order to perform experiments. Norit RB3 and TMA-Y were both tested using the 

apparatus and the effect of different operational parameters were studied.  
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The above research progress provided a solid base for the next phase of research in 

terms of finding the most promising adsorbent and validate the theory of DR-PSA. 

After a thorough investigation of literature, we have identified the following gaps 

between the current progress and successfully piloting a DR-PSA unit as discussed 

below. It should be noted that the numerical modelling and experimental work 

presented by Bhatt et al were not available by the time this project commenced. The 

key advantages of the numerical model developed in this work are discussed in detail 

in Chapter 3.2. 

- There is a lack of a comprehensive numerical model to describe the full 

dynamics of DR-PSA, to accurately predict product purities and meanwhile 

incorporate rigorous energy balances. 

- The mechanism of DR-PSA is still not fully understood, or at least not explained 

in a clear way. This leads to multiple issues when constructing a potential pilot 

scale plant. For example, which basic configuration to choose or which 

combination of optimized parameters should result in the desired separations? 

- There are no systematic approaches to calculate the size and provide preliminary 

estimates of design and operational parameters for a DR-PSA unit.  

- Capital and operational cost estimations of DR-PSA units are not available. 

Therefore this thesis will focus on filling the knowledge gaps as illustrated above. 

 

2.7 Conclusions 

In this chapter the LNG production process was reviewed and a specified gas separation 

problem was identified: recovery of dilute methane in the nitrogen vent from nitrogen 

rejection unit. Efficient recovery of this fugitive methane not only means substantial 

reductions in greenhouse gas emissions, but also has the potential benefits of using the 

recovered methane as plant fuel. The specific separation objective was defined as 

treating a 60 MMscfd nitrogen vent containing 0.8 mol% methane. The light product 

should contain less than 100 ppm of methane and the heavy product should be enriched 

to over 30 mol% of methane. The current technologies for dilute methane recovery were 

reviewed, including directly oxidizing the methane to recover heat or upgrading 

methane for further usage, but it was found that they were all un-economical to achieve 

the separation. Pressure swing adsorption, and to be more specific, dual reflux pressure 
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swing adsorption has been proved to be able to effectively separate a binary gas mixture 

into two relatively pure products at laboratory scale but has never been piloted or 

commercialized. This work will be based on past work where the optimal adsorbent has 

been chosen and a laboratory scale experimental apparatus has been built. The 

fundamental mechanism of DR-PSA is investigated and discussed in this work through 

both experiments and numerical simulations, and a pathway to size and validate an 

industrial scale DR-PSA unit was provided.  
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3.1 Foreword 

This chapter has been published in the journal Chemical Engineering Journal work 

[Chem. Eng. J. 2016, doi:10.1016/j.cej.2016.02.018] and has been included in the thesis. 

As the first step moving from choosing the best performing adsorbent to a full scale 

pilot plant, developing the dynamics numerical model of dual reflux pressure swing 

adsorption units is essential to study the fundamentals of the system. The model can 

serve to accurately predict product compositions and explore the functions of each 

operational parameter in order to provide insights for optimizations. This chapter 

focuses on developing such model and a laboratory scale experimental apparatus was 

used to directly compare with the simulation results. The experiments presented in this 

chapter were performed by Thomas Saleman using the DR-PSA apparatus in University 

of Western Australia.  

3.2 Introduction 

Pressure swing adsorption (PSA) is often an attractive process for applications 

requiring the separation of gas mixtures, given its relatively low energy consumption 

and the use of non-hazardous materials. Gas separations using PSA have been adopted 

in different industries, for example hydrogen purification, bulk air separations and 

hydrocarbon recovery [5, 46]. Conventionally, PSA aims to produce a pure light 

product (concentrated in the more weakly-adsorbed component) and often uses some 

of that light product as a reflux or purge stream to regenerate a column containing a 

saturated adsorbent bed. This configuration is often referred to as stripping PSA since 

the strongly adsorbed component is stripped from the feed, and most industrial 

applications fall in this category [5, 46]. An alternative to stripping PSA is enriching 

PSA, which aims to produce a pure heavy product (concentrated in the more strongly-

adsorbed component) with some of the heavy product used as a reflux or purge stream 

to ‘regenerate’ a column containing an unsaturated adsorbent bed. Various models and 

experiments investigating enriching PSA can be found in the literature including, for 

example, those by Ebner and Ritter [85], Yoshida et al. [86], Reynolds et al. [87] and 

Zhang and Webley [98]. A disadvantage of either stripping PSA or enriching PSA is 

that only one of the separation’s product streams is of high-purity while the purity of 

the waste stream is limited [86, 95]. Consequently, it can be difficult to use one of these 
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single reflux PSA configurations to separate a mixture into two products that both 

satisfy stringent composition specifications. 

Dual reflux PSA (DR-PSA) involves the use of two columns operating to separate a 

feed mixture into two product streams simultaneously, essentially by combining a 

stripping and an enriching PSA cycle into a single unit. As shown in Figure 3.1, the 

feed stream enters one of the columns at an intermediate position, product streams are 

drawn from one end of each column, and a reflux stream enters each column at its other 

end. The two columns are at different pressures, and the reflux streams entering a bed 

are taken from the product stream leaving the other bed and passed through a 

compressor or a valve to raise or lower their pressure, respectively. A typical DR-PSA 

cycle includes four basic steps: feed (FE), purge (PU), pressurization (PR) and blow 

down (BD), which occur in the pairs FE/PU and PR/BD so that every half-cycle is 

symmetric with each column’s state swapping during the second half. The cycle can be 

configured so that the feed stream enters either the high pressure (PH) column or the 

low pressure (PL) column. Similarly, the cycle can be configured so that the pressure 

inversion is carried by transferring gas between the ends of the columns that is rich in 

either the heavy (more adsorbed) component (A), or in the light (less adsorbed) 

component (B). This leads to the four DR-PSA configurations, referred to as PH-A, 

PH-B, PL-A and PL-B [64, 65].  
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Figure 3.1 Process schematic for half of a DR-PSA cycle in a PL-A configuration. FE: feed 

step (desorption). PU: purge step (adsorption), PR: pressurization step, BD: blowdown step. 

Within the adsorption columns, the heavy gas (CH4) is shown in red and the light gas (N2) is 

shown in blue.  

There have been a number of experimental and simulation-based studies of DR-PSA. 

One of the first DR-PSA experiments was performed by Diagne et al. [88] and aimed 

to separate CO2 and air using a PH-A configuration. The experimental results showed 

that DR-PSA was able to simultaneously produce both light product and heavy product 

with high purities: 3 mol% CO2 in the light product and 80 mol% CO2 in the rich 

product from a feed of 20 mol% CO2. In their follow-up work, they investigated key 

operating parameters of the DR-PSA cycle such as pressure ratio, axial feed position, 

reflux ratio and throughput, and the advantages of DR-PSA over conventional 

stripping/enriching PSA were also demonstrated [89]. A series of DR-PSA experiments 

aimed at separating ethane and nitrogen using BAX-1500 activated carbon was later 

performed by McIntyre et al. [90]. A feed containing 0.78 mol% of ethane in nitrogen 

was concentrated to 40-60 mol% of ethane in the heavy product, while the ethane 

concentration in light product was decreased to as low as 30 parts-per-million. 

Subsequently, McIntyre et al. investigated the effects of four key operational 

parameters on cycle performance: light reflux rate (RL), feed step time (tF), heavy 

product flow rate (H) and feed composition (yF) [91]. Bhatt et al. performed a total of 9 
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experiments separating CH4 and N2 in PH-A configuration using Norit RB1 activated 

carbon. A feed containing 5 mol% CH4 was separated using a pressure ratio of 4 into a 

heavy product containing as much as 65 mol% CH4 and a light product with 1.5 mol% 

CH4 [68]. The experimental results further proved that DR-PSA cycles are able to 

achieve a high degree of separation with pressure ratios that are low in comparison with 

conventional PSA cycles. Most recently, Saleman et al. [92] reported the results of 24 

PL-A experiments conducted using the activated carbon Norit RB3 to separate N2 and 

CH4, with the primary objective being to minimise methane content in the light product 

while still having a useful concentration of methane in the heavy product. In one 

experiment a feed containing 2.4 mol% CH4 in N2 was separated into a heavy product 

stream containing 35.7 mol% and a light product containing less than 0.3 mol% CH4. 

Saleman et al. [92] were able to improve the separation performance of the DR-PSA 

cycles through empirical adjustments of the cycle’s parameters; however, a reliable 

model of those experiments would be extremely useful for efficient cycle optimisation 

as well as assessing the potential for operation at industrial scale. The development and 

validation of such a model was the primary objective of this work. 

Since PSA cycles are batch processes subject to significant dynamic transients, 

modelling them accurately is complex. The need to describe the internal flow loop used 

in the DR-PSA cycles combined with the changing flow directions between steps 

further increases the modelling complexity. Two different modelling approaches have 

generally been followed to describe DR-PSA cycles: those based on equilibrium theory 

and those based on numerical dynamic models. Equilibrium theory models are based 

on using the method of characteristics to solve the adsorption bed continuity equations 

as suggested by Knaebel and Hill [94] and the model can often be solved analytically. 

A series of assumptions are usually applied to make such an approach tractable, 

including linear uncoupled isotherms, binary feed gas, isothermal operation, ideal gas 

behaviour, zero axial pressure drop in the bed, local equilibrium between the gas and 

adsorbed phases, zero axial or radial diffusion and uniform axial interstitial gas velocity 

at any position along the bed length. The first equilibrium theory model for DR-PSA 

cycles was proposed by Ebner and Ritter [95]. The model assumed that perfect 

separation was always achieved and showed that this could be accomplished by using 

a very low pressure ratio. The equilibrium theory model was later advanced by Kearns 

and Webley [64] [65]. In their work, the four configurations (PL-A, PH-A PL-B, PH-
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B) were identified and the gas concentration profiles inside the column within each step 

were calculated. The energy consumption and the product recoveries associated with 

the four configurations of DR-PSA cycles were discussed and compared. Recently, the 

equilibrium theory model was further extended by Bhatt et al., with the objective of 

finding (numerically) an optimal feed position and amount of feed per cycle per 

kilogram of adsorbent for a specified DR-PSA configuration [96]. However, the main 

drawback of equilibrium theory models is the required assumption of perfect separation, 

so they cannot be used to predict the product purities of DR-PSA processes.  

To estimate the product purities and other key dynamic features of DR-PSA cycles, 

numerical models have been developed. The first was presented by Diagne et al. for 

CO2/N2 separations and the predicted product purities showed a relatively close match 

with their experimental results [63]. The model used a simplified method to predict the 

product purities and assumed the system to be isothermal. Another key simplification 

of the model was the assumption that none of the light component (N2) was adsorbed. 

An enhanced numerical method was proposed by Sivakumar and Rao, and the 

simulation results were presented for CO2/N2 [66] and O2/N2 [67] separations (no 

experiments with which the results could be compared were reported). In the latter case, 

competitive adsorption between the two components was considered, and they 

investigated a modified cycle design intended to increase the achievable product 

purities by mitigating the effects of transient variations in product composition during 

the feed-purge step. By eliminating energy balance considerations and implementing 

the model directly into FORTRAN, their simulations were able to run relatively quickly 

(1 hour).  

Bhatt et al. [68] developed an isothermal numerical model to describe their 

experimental methane and nitrogen separations using Norit RB1 activated carbon with 

a PH-A configuration; their model was implemented in the commercially available 

software package Aspen Adsorption [3]. The simulation results predicted a CH4 mole 

fraction in the heavy product stream that differed by between -0.02 and 0.08 from their 

reported experimental results, for which the average CH4 mole fraction was about 0.6. 

To reduce the computational complexity, rather than numerically calculating the full 

dynamics for both columns across the entire cycle, the model of Bhatt et al. [68] utilized 

so-called interaction columns to map the properties of product streams produced from 

a bed at one stage of a cycle to the properties of a future feed stream to that same bed. 
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Consequently, the model could only demonstrate half of the DR-PSA cycle at any given 

time. Other simplifications included the use of a valve to act as a compressor with a 

positive pressure drop but a constant, specified reversed flow to achieve the pressure 

inversion. The assumption of isothermal operation was based on the experimental 

measurement of a 2 K temperature swing on the column’s external surface; no 

experimental information about the temperature variation inside the adsorbent bed was 

available. Bhatt et al. subsequently reported another set of numerical simulations of the 

ethane-nitrogen separation experiments carried out by McIntyre et al. in 2010 [91, 97]. 

A total of 19 scenarios were simulated to demonstrate the effect of different parameters, 

including axial feed position (zF), tF, RL, H and yF. However, the same isothermal 

approach was used, which meant that the significant experimental temperature variation 

of 25 K reported by McIntyre et al. was ignored by the model [91]. This could help 

explain the over-prediction of the ethane content in the heavy product, yH, which 

amounted to more than 5 mol% (out of about 60 mol%) in many scenarios. 

Incorporating the ability to predict bed temperatures into a model of DR-PSA cycles is 

clearly important, given that laboratory-scale experiments with mixtures of methane + 

nitrogen [92] and ethane + nitrogen [91] on activated carbon produced temperature 

swings of 10 K and 25 K, respectively. The sizes of adsorbent beds used for industrial 

scale separations usually have larger volume-to-surface area ratios and hence tend to 

be more adiabatic than laboratory scale apparatus; thus it is even more important for 

simulations of larger scale columns to include energy balance to capture the effects of 

temperature variations in the bed. Furthermore, bed temperature data are usually a key 

output of laboratory-scale DR-PSA experiments, and play a central role in 

understanding the cycle performance. For example, Saleman et al. [92] used bed 

temperature measurements to infer the location of the adsorption wave front during 

cycles and study how the variation of cycle parameters such as product flow rates, 

reflux flow rates and feed step time affected separation performance. 

In this work, we present a comprehensive numerical model of a DR-PSA cycle in which 

many of the assumptions utilised in the past have been eliminated. In particular, a 

dynamic numerical model consisting of material, momentum and energy balances as 

well as a complete pressure-flow network for DR-PSA cycles was implemented in the 

software Aspen Adsorption [3]. The model was benchmarked against the experimental 

results reported by Saleman et al. [92]; all the parameters used in the model of those 
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were determined from independent measurements and none were adjusted to minimise 

the difference between the experimental DR-PSA results and the model’s predictions. 

In this context, the agreement achieved between the measured and predicted dynamic 

bed pressures, product purities and flows, and bed temperature profiles is excellent. 

Finally, the model is used to investigate the sensitivity of the DR-PSA cycle and its 

performance to reflux flow rate, the adsorbent’s mass transfer rate, and the degree of 

discretisation used in the finite difference approximation of the bed.    

3.3 Method 

3.3.1 Equations and numerical solution 

The full numerical model of the DR-PSA cycle was developed in the commercial 

simulation software package, Aspen Adsorption [3], which is capable of modelling 

dynamic batched adsorption processes with rigorous pressure flow relationships as well 

as mass and energy balances. The basic assumptions and governing equations used in 

the simulation of the adsorbent bed are listed in Table 3.1 and may be summarised as 

follows [3]: 

 Momentum balance and pressure drop described by the Ergun Equation 

 Material balance in the gas phase described by convection with axial dispersion, 

with gas phase accumulation in the inter-particle void space and flux between 

the gas and adsorbed phases.  

 Constant axial dispersion described by a fixed axial dispersion coefficient 

 Linear driving force kinetic model describing the flux between the gas and 

adsorbed phases with constant mass transfer coefficients 

 Extended Langmuir isotherm model with competitive adsorption as determined 

by the partial pressures of each component in the gas phase 

 Rigorous energy balance incorporating both gas-phase convection and solid-

phase conduction 

 Gas phase material balance described by the ideal gas law 
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Table 3.1 Governing equations used in the model.  

 

These partial differential equation groups were discretized using the Upwind 

Differencing Scheme 1 with 25 nodes per half-column as discussed below. The 

discretized equations were then integrated with respect to time using the Implicit Euler 

method. The solution was considered to have converged when the maximum change in 

 Description Equation 

Momentum 

balance 

Pressure drop described by 

Ergun Equation 

𝜕𝑃

𝜕𝑥
= ±(

150 × 10−5𝜇𝑔(1 − 𝜀𝑖)
2

(2𝑟𝑝𝜓)
2𝜀𝑖

3
𝑣𝑔

+
1.75 ∗ 10−5𝑀𝑤𝜌𝑔(1 − 𝜀𝑖)

(2𝑟𝑝𝜓)
2𝜀𝑖

3
𝑣𝑔

2) 

Eq 3.1 

 

Material 

balance 

Plug flow with axial 

dispersion 

𝜕(𝑣𝑔𝑐𝑖)

𝜕𝑧
+ [𝜀𝑖 + (1 − 𝜀𝑖)𝜀𝑝]

𝜕𝑐𝑖
𝜕𝑡

+ 𝜌𝑏
𝜕𝑤𝑖̅̅ ̅

𝜕𝑡

− 𝜀𝑖𝐷𝐿
𝜕2𝑐𝑖
𝜕𝑧2

= 0 

Eq 3.2 

Constant axial 

dispersion 

Fixed axial dispersion 

coefficient 
𝐷𝐿 = 2𝑣𝑖𝑟𝑝(

20

𝑅𝑒 ∙ 𝑆𝑐
+
1

2
) 

Eq 3.3 

Reynolds number 𝑅𝑒 =
2𝑟𝑝𝑣𝑠𝜌

(1 − 𝜀𝑖)𝜇
 Eq 3.4 

Schmidt number 𝑆𝑐 =
𝜇

𝜌𝐷
 Eq 3.5 

Chapman–Enskog 

equation[99] 
𝐷 =

2.66 × 10−5𝑇3/2

𝑃𝑀𝐴𝐵
1/2𝜎𝐴𝐵

2Ω𝐷

 Eq 3.6 

Linear driving 

force kinetic 

model 

Adsorption rate described 

by constant MTC 

𝜕𝑤𝑖

𝜕𝑡
= 𝑘𝑖(𝑤𝑖

∗ −𝑤𝑖) 
Eq 3.7 

Isotherm 

model 

Extended Langmuir 

isotherm with competitive 

adsorption 

𝑤𝑖
∗ =

𝐼𝑃1𝑖 ∗ 𝑒
𝐼𝑃2𝑖
𝑇 ∗ 𝑝𝑖

1 + ∑ (𝐼𝑃3𝑖 ∗ 𝑒
𝐼𝑃4𝑖
𝑇 ∗ 𝑝𝑖)𝑖

 
Eq 3.8 

Energy 

balance 

Gas 

phase 

−𝑘𝑔𝜀𝑖
𝜕2𝑇

𝜕𝑥2
+ 𝐶𝑣𝑔𝑣𝑔𝜌𝑔

𝜕𝑇

𝜕𝑥
+ [𝜀𝑖 + (1 − 𝜀𝑖)𝜀𝑝]𝐶𝑣𝑔𝜌𝑔

𝜕𝑇

𝜕𝑡
+ 𝑃

𝜕𝑣𝑔

𝜕𝑥

+ ℎ𝑔𝑠𝑎𝑝(𝑇 − 𝑇𝑠) +
4ℎ𝑤
𝐷𝐵

(𝑇 − 𝑇𝑤) = 0 

Eq 3.9 

Solid 

phase 

−𝑘𝑠
𝜕2𝑇𝑠
𝜕𝑥2

− 𝑘𝑠
1

𝑟

𝜕

𝜕𝑟
(
1

𝑟

𝜕𝑇𝑠
𝜕𝑟

) + 𝜌𝑏𝐶𝑝𝑠
𝜕𝑇𝑠
𝜕𝑡

+ 𝜌𝑏∑(𝐶𝑝𝑎𝑖𝑤𝑖)
𝜕𝑇𝑠
𝜕𝑡

𝑛

𝑖=1

+ 𝜌𝑏∑(𝛥𝐻𝑖

𝜕𝑤𝑖

𝜕𝑡
)

𝑛

𝑖=1

− ℎ𝑔𝑠𝑎𝑝(𝑇 − 𝑇𝑠) = 0 

Eq 3.10 

Column 

wall 

−𝑘𝑤
𝜕2𝑇𝑤
𝜕𝑥2

+ 𝜌𝑤𝐶𝑝𝑤
𝜕𝑇𝑤
𝜕𝑡

− ℎ𝑤
4𝐷𝐵

(𝐷𝑏 +𝑊𝑟)
2 − 𝐷𝐵

2 (𝑇 − 𝑇𝑤)

+ ℎ𝑏
4(𝐷𝑏 +𝑊𝑟)

2

(𝐷𝑏 +𝑊𝑟)
2 − 𝐷𝐵

2 (𝑇𝑤 − 𝑇𝑒𝑛𝑣) = 0 

Eq 3.11 

Ideal gas law Equation of state 𝑃𝑉𝑖 = 𝑛𝑖ℜ𝑇 Eq 3.12 
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a variable was less than or equal to the specified absolute tolerance and the specified 

relative tolerance  variable value. The tolerances and integrator configuration used to 

solve the model are presented in Table 3.2. 

Table 3.2 Integrator configurations for the DR-PSA full model 

Configuration Description Comment 

Integration method Implicit Euler  Numerical integration done by evaluating the state of the 

system at the current time and after the next time step. 

[100] 

Step size Variable step size 

from 10-5 s to 0.2 s 

Used to increase calculation speed while still ensuring the 

error norm is always satisfied. [100] 

Error tolerance 10-5 for absolute and 

relative error 

Used to determine the solution convergence by comparing 

the maximum change in a variable, or the numerical error 

in an equation, with the specified absolute (10-5) and 

relative (10-5   variable value) tolerances. [100] 

Linear solver MA48 Used when solving a sparse, asymmetric system of m 

linear equations in n unknowns using Gaussian 

elimination. The particular MA 48 solver features a good 

choice of pivot order, the ability to factorize a matrix with 

a given pivot order, and solution of the system of 

equations using the factorized matrix. [101] 

Non-linear solver Mixed Newton Uses the Newton method for initialization and steady state 

steps and the Fast Newton method for dynamic steps. 

[100] 

 

3.3.2 Pressure flow network 

The process flow diagram implemented in the Aspen Adsorption model and used to 

solve the dynamic pressure flow network for a DR-PSA cycle in the PL-A configuration 

is shown in Figure 3.2. To allow for the feed to enter at an intermediate position in the 

bed, each physical column was represented by two column sections corresponding to a 

stripping and an enriching section (containing 25 nodes each). Hence a total of four 

column sections were incorporated in the simulation, with the length of each section set 

according to the physical column’s height (l) and the axial feed position (zF). The 

simulation was initialized by setting the adsorbed and gaseous phase nitrogen mole 
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fractions everywhere within the network to be equal to the feed gas N2 mole fraction. 

Similarly the temperature everywhere within the network was initially set to be that of 

the bounding environment. The initial pressures within the network were specified to 

be equal to either that of the low or high pressure column as discussed below.    

 

Figure 3.2 Process flow diagram of the numerical DR-PSA model implemented in Aspen 

Adsorption for the PL-A configuration during the FE step. Valves are shaded white or black to 

indicate whether they are opened or closed, respectively, during the FE step. [3] 

The basic elements of the pressure-flow network included: 

1. Boundary streams: gas phase material entered or left the network through one of 

the three streams “Feed”, “Light Product” and “Heavy Product” shown in Figure 

3.2 that were on the boundary. The pressure and temperature of these three 

boundary streams were specified and held constant throughout the simulation. The 

ideal compressor intake specification was used to set the cycle’s low pressure, 

while the Light Product boundary streams effectively set the cycle’s high pressure. 

During the FE/PU steps of the cycle, the flow rates of the Feed and Heavy Product 

streams were set using specifications within the valve VF and VHP as discussed 

below. The Feed stream composition was also specified, with the Product stream 

compositions being two of the most important quantities calculated using the 

simulation.  
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2. Void tanks: additional adsorbent-free volumes were used to represent the piping 

manifolds and mixing tanks present in the physical apparatus that direct the gas 

into and out of the columns. These tanks also served as the required connection 

point needed to join multiple streams; each void tank was a pressure node within 

the PF network and was connected to other pressure nodes via a valve. These void 

tanks also served an important role in regulating gas temperatures, especially 

before and after the columns (BLR1, BLR2, BHR1, BHR2 in Figure 3.2). In the 

experiments of Saleman et al., the physical piping manifolds linking the columns 

facilitated a large degree of heat transfer to the environment, with the gas 

temperatures at these locations in the manifold observed to be near ambient [92]. 

The void tanks in the model of this apparatus were used to capture this effect by 

assigning them a relatively large lumped heat transfer coefficient (1000 Wm-2K-

1) to ensure the gas leaving them was near ambient temperature. Volumes for each 

of the void tanks used in the simulation of the DR-PSA apparatus of Saleman et al. 

are listed in Table 3.3, 

3. Valves: four idealised types were used to represent the flow impedances separating 

pressure nodes in the PF network. These were: fully closed (zero flow); fully 

opened (full flow and zero pressure drop); constant Cv (fixed flow impedance so 

that flow is dependent on pressure drop); and constant flow (idealised mass flow 

controller to give specified flow independent of pressure drop). The mode of each 

particular valve was varied at different stages of the DR-PSA cycle using a 

software feature known as the cycle organizer, as indicated in Table 3.3. At a 

minimum, each valve was changed between one of two modes during the cycle, 

with one mode being fully closed. Constant flow specifications were made for VF, 

VLR1/VLR2, and VHP to control the feed flow rate (F), light reflux flow rate (RL) and 

heavy product flow rate (H), respectively, during the FE/PU step. Constant Cv 

specification were used for the valves connecting void tanks and compressors.  

4. Compressor. Two different types of compressor were used in the simulation: a 

normal compressor and an ideal compressor, with the former being used during the 

PR/BD step and the latter being used only during the FE/PU step. The normal 

compressor model could in turn be set to operate either in constant power mode 

(more representative of a centrifugal type compressor) or constant volumetric flow 

mode (more representative of a positive displacement type compressor like the one 
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in the physical experiment). The latter mode required the compressor curve be 

specified, which can be important when there are flow limitations associated with 

the piping manifold. However, running the normal compressor in constant 

volumetric flow mode required use of a smaller integrator step size, which made 

the simulation considerably slower. During the FE/PU step, the flow or power 

specification for the normal compressor was set to zero. The software package also 

provides an ideal compressor model, for which any gas flow rate entering the 

compressor at a specified suction pressure can be delivered to a required discharge 

pressure. This idealisation was used in the simulation because it offered a 

substantial computational simplification without significantly affecting the fidelity 

of the results produced. A discharge specification for the ideal compressor was 

used to set pressure of the column in the PU step and of the heavy product stream.  

Use of the ideal compressor still permitted calculation of the thermodynamic work 

associated with the heavy reflux stream, which is a parameter of key interest in the 

design and analysis of DR-PSA cycles. The work for the ideal compressor was 

calculated from the throughput, N, the gas temperature at the inlet, Tin, the suction 

pressure, Pin, and the discharge pressure, Pout, using the equation suggested by Green 

and Perry [102] and applied by Kearns and Webley in their equilibrium theory model 

[65].  

 W𝐹𝐸/𝑃𝑈 = 𝑁 ∙
𝛾𝑅𝑇𝑖𝑛
𝛾 − 1

((
𝑃𝑜𝑢𝑡
𝑃𝑖𝑛

)
(
𝛾−1
𝛾

)

− 1) Eq 3.13 

Saleman et al. [92] used the same formula as part of their estimates of the amount of 

work done per cycle in the experiments. Accordingly no comparisons between 

simulation and experiment of WFE/PU are presented here. 
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Table 3.3 Void tank volumes used in the model of the DR-PSA apparatus of Saleman et al. [92], 

together with valve logic for the PL-A cycle. 0: Fully closed; 1: Fully opened 2: Constant Cv 3: 

Constant flow 

Valves 

Step VF VF1 VF2 VLP VLR1 VLR2 VHP VHP1 VHP2 VHR1 VHR2 VC1 VC2 VPC1 VPC2 

FE 3 1 0 2 3 2 3 2 0 0 2 0 0 2 2 

PR 0 0 0 0 0 0 0 0 1 1 0 2 2 0 0 

PU 3 0 1 2 2 3 3 0 2 2 0 0 0 2 2 

BD 0 0 0 0 0 0 0 1 0 0 1 2 2 0 0 

Void Tanks 

Tank BF BLR BLR1 BLR2 BHR1 BHR2 BC1 BC2 

Volume (cm3) 10 5 20 20 100 100 5 5 

 

3.3.3 Application to experiments 

The DR-PSA model was configured to represent the DR-PSA experimental apparatus 

described by Saleman et al. [92] for the separation of methane and nitrogen using Norit 

RB3 activated carbon and a PL-A cycle. Values of the key parameters used within the 

model to represent those experiments are summarized in Table 3.4 together with their 

sources (whether measured, fitted, obtained from other references or specified). The 

column length, internal diameter and thickness were obtained from the column design 

sheet and were double checked by direct measurements of the apparatus. The volumes 

of the void tanks listed in Table 3.3 were either estimated from the geometry of the 

manifold or, where they served only as connection points, assumed to be 5 cm3 as 

recommended by the software manual [3] as a minimum. The void volume in the feed 

manifolds was incorporated into void tank BF. The void volume in the light reflux 

manifolds was distributed evenly into BLR1 and BLR2. The void volume in the heavy 

reflux manifolds was distributed evenly into BHR1 and BHR2. The much larger void 

volumes on the heavy reflux side compared to the feed side and light reflux side 

reflected the experimental arrangement in which a buffer tank was used to damp out 

the pressure fluctuations. The thermal conductivity and heat capacity values for the 

column were set to the properties of stainless steel from which it was manufactured 

[103].  
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The equilibrium capacity of the adsorbent has a significant effect on separation 

performance and to minimise the impact of capacity uncertainties on the model’s 

predictions, samples of the same batch of Norit RB3 activated carbon used by Saleman 

et al. [92] were measured using the dynamic column breakthrough apparatus described 

by May and co-workers [33, 70]. The results of the N2 and CH4 sorption capacity 

measurements measured over the temperature 245 to 303 K and at pressures up to 1000 

kPa range are presented in the Supplementary Information (SI) and the Extended 

Langmuir isotherm parameters (IP) regressed to those data are listed in Table 3.4 (in 

the format specified within the software package). These parameters differ only slightly 

from the values reported by Rufford et al. [33] who measured a different batch of the 

Norit RB3 activated carbon. The adsorbent particles were treated in the model as 

cylindrical (by entering a calculated shape factor of 0.752 [104]) with a diameter of 3 

mm. The bulk density of adsorbent in the column was determined from the mass loaded 

and a calculation of the column’s volume based on the dimensions specified in its 

design. The inter-particle and intra-particle porosity values were calculated from the 

bulk, skeletal and particle densities, with the latter two taken from Rufford et al. [33] 

and Saleman et al. [92], respectively.  

To determine other key parameters needed for the model, a breakthrough experiment 

was conducted using the DR-PSA apparatus described in [92], in which one column 

was initially filled with pure N2 after which a feed stream of pure CH4 was sent to the 

column’s bottom. Bed temperatures and the effluent composition from the top of the 

column were then monitored until after the breakthrough of the methane front was 

observed. Details of the breakthrough experiment are also presented in the SI. The heat 

transfer coefficient between the column wall and the environment as well as the specific 

heat capacity of the adsorbent were determined by simulating the breakthrough 

experiment: these parameters were adjusted to force agreement between the dynamic 

temperatures measured at various locations along the bed with those predicted. The 

breakthrough composition measurements were also used to provide an estimate of the 

mass transfer coefficients, ki, for CH4 and N2 needed in eq (7). However, the values of 

ki obtained are strongly correlated with several other model parameters including the 

void tank volumes and can be regarded as a rough estimate at best. Accordingly, the 

sensitivity of the DR-PSA predictions to the value of ki were tested and the results are 

presented in chapter 3.5.2. 
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The step times used in simulation were set to the values used in the experiments: 120 s 

for the FE/PU step and 90 s for the PR/BD step. In constant power mode, the normal 

compressor was specified to run around 8 W, while in its other operating it was 

specified to have a volumetric flow rate of 60 cm3s-1. These values were initially 

estimated from the specifications of the compressor used in the experiment [92] and 

then fine-tuned to better match the pressure profiles measured during the PR/BD step, 

as discussed in Section 3.1 below. The criterion for the simulation to have reached 

cyclic steady state (CSS) was based on when the change in the cycle-average 

composition of each product stream between two consecutive cycles dropped below a 

threshold value of 0.0001 mole fraction, which is almost ten times smaller than the 

uncertainty of the experimental composition measurement.  

The simulation usually reached cyclic steady state after around 75 cycles (31500 s 

integrator time), and such typical runs took about 6 to 7 hours of real time. The 

simulations could be run in several parallel sessions on a multi-core computer and in 

this work up to 8 simulations were run in parallel on an Intel Xeon E5-2690 processor. 

The acceleration factor AF of a single simulation, defined as the integrator time divided 

by the real time required for the simulation was around 1.25 when the normal 

compressor was run in constant power mode and dropped to around 0.6 when the 

normal compressor was run in constant volumetric flow rate mode. Since both normal 

compressor modes produced exactly the same product compositions once CSS was 

reached, most simulations in this work were carried out using constant power mode, 

except for specific runs that were used to study and compare dynamic profiles during a 

cycle with those observed during the experiments. We note, that although the AF was 

close to one, a single DR-PSA simulation reached CSS about three times faster than the 

physical experiments reported by Saleman et al. [92].  
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Table 3.4 Common operational and adsorbent parameters used in the simulation 

Parameter Value Source 

Column parameters 

Total length (L) 0.98 m Measured (geometry) [92] 

Axial feed position (zF) 0.5 Measured (geometry) [92] 

Column internal diameter  (Db) 0.035 m Measured (geometry) [92] 

Column thickness  0.0016 m Measured (geometry) [92] 

Column heat transfer coefficient 10 W·m-2·K-1 Breakthrough (SI)  

Void tank heat transfer coefficient 1000 W·m-2·K-1 Estimated 

Wall thermal conductivity (kw) 16 W·m-1·K-1 Reference [33] 

Wall specific heat capacity 0.5 kJ·kg-1·K-1 Reference [33] 

Axial dispersion coefficient (DL) 3.8×10-5 m2·s-1 Calculated with Eq 3.3-3.6 

Operational parameters 

High pressure column pressure (pH) 500 kPa Set [92] 

Low pressure column pressure (pL) 140 kPa Set [92] 

Environmental temperature (Tenv) (293 to 298) K Measured [92] 

FE/PU step time (tF) 120 s Set [92] 

PR/BD step time 90 s Set [92] 

Adsorbent parameters 

Bulk density (ρb) 435 kg·m-3 Measured [33] 

Skeletal density (ρs) 2150 kg·m-3 Measured [33] 

Particle density (ρp) 750 kg·m-3 Measured [33] 

Inter-particle porosity (εi) 0.42 εi  = 1 - ρb / ρp 

Intra-particle porosity (εp) 0.65 εp = 1 - ρp / ρs  

Adsorbent particle radius (rp) 0.0015 m Measured [33] 

Adsorbent specific heat capacity 1.5 kJ·kg-1·K-1 Measured [33] 

 N2 CH4  

Mass transfer coefficient (ki) 3 s-1 1 s-1 Breakthrough experiment 

Qmax 4.17 (mmol·g-1) 5.53 (mmol·g-1) Measured 

B0 1.75·10-6 (kPa-1) 1.19·10-6 (kPa-1) Measured 

-ΔH 
14322   

(kJ·mol-1) 

17270 

(kJ·mol-1) 
Measured 
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3.4 Results 

3.4.1 Dynamic pressure, flow and temperature profiles at cyclic steady 

state 

Comparisons between the CSS bed pressures, reflux flow rates and bed temperature at 

three axial locations calculated for a simulation of a specific experiment (Run 13) and 

the corresponding measured values are shown in Figure 3.3, Figure 3.4, and Figure 3.5, 

respectively. Summaries of the results for all 24 simulations of the experiments 

conducted by Saleman et al. [92] are presented in Table 3.5. For the purpose of the 

comparison shown in Figure 3.3, two simulations of Run 13 were conducted with the 

normal compressor specified to operate in either the constant volumetric flow rate or 

the constant power mode. In the former case, the consistency between the simulated 

and measured pressure inversions is excellent; the small several second lead that the 

simulated curve has over the measured one may be attributable to the slight overshoot 

in the experimental control system. For the simulation using the constant power mode, 

the calculated pressure transient had an initially steeper gradient and a larger curvature 

than that observed, as could be expected given that uniform rate compression power 

corresponds to higher flow at low pressures and lower flow at the high pressure.    

 

Figure 3.3 Comparison of the pressure profiles of the two columns between the experiment and 

the simulation including both constant volumetric flow rate specification (VSpec) and constant 

power specification (PSpec) over one cycle at CSS. 
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Figure 3.4 shows heavy (RH) and light reflux (RL) flows calculated and measured at 

CSS. Since RL is specified and controlled in the experiments, it was also specified in 

the simulation to have exactly the same value. Of more interest is the comparison of the 

measured and simulated heavy reflux flows. The agreement is generally reasonable, 

particularly during the FE/PU step where the average of the two is the same with the 

experimental flow decreasing slightly more slowly. Most of the discrepancies apparent 

between measurement and simulation can be attributed to imperfections in the 

experimental system. As described by Saleman et al. [92], the heavy reflux flow that 

occurred at the beginning of the PR/BD step was larger than the full scale (8 std. litres 

per minute) of the mass flow meter used to measure it. In addition, the brief (5 s) period 

of no flow measured at the beginning of PR/BD step was caused by poor back pressure 

regulation in the controllers used to set the high bed pressure. The spike in flow 

apparent during the last 50 s of the PR/BD step was attributed to an automated change 

in gear or operating speed used by the compressor, which was not controllable by the 

rig operators.   

 

Figure 3.4 Comparison of dynamic RL and RH values between the simulation (constant 

volumetric flow rate specification during PR/BD) and experiment over one cycle at CSS. 

Figure 3.5 shows a comparison of the bed temperatures at CSS calculated at nodes 

corresponding to the measurements made using sensor T1 located at the light reflux end 

of the column (next to BLR1 in Figure 3.1), sensor T11 located at the heavy reflux end 

of the column (next to BHR1 in Figure 3.1), and sensor T6 in the middle of the column.  
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Across the cycle the r.m.s. difference between the measured and calculated 

temperatures ranges from 1.2 K for T1, to 1.5 K for T11, with the largest difference 

during the cycle being about 3 K for T11 at the end of the PU step. Interestingly, the 

agreement of sensor T6 which experienced the largest temperature swing is similar 

(r.m.s. 1.1 K) to that of T1, which experienced the smallest swing. The agreement is 

relatively good particularly if one considers the idealization in the simulation that heat 

loss to the environment from the entire column is spatially uniform and can be 

represented by a single heat transfer coefficient. Importantly, both the measured and 

simulated bed temperatures allowed the location of the CH4 adsorption front to be 

inferred during the cycle, which enables optimal use of the bed as discussed further 

below. 

 

Figure 3.5 Temperature profile comparison over a cycle at CSS (Run #13).  

 

3.4.2 Material balance analysis and corrections 

The CSS results of the simulations of the 24 DR-PSA experiments reported by Saleman 

et al. [92] are listed in Table 3.5. In addition to the parameters listed in Table 3.4, which 

were common to all runs, four cycle-averaged parameters characterised each 

experiment and, hence, were specified in each simulation: the feed, F, heavy product, 

H, and light reflux flow rates, RL, as well as the methane mole fraction in the feed, yF. 



 

62 

 

Four key cycle-averaged properties at CSS were calculated using the simulation: the 

heavy reflux flow, 
(sim)

HR , the light product flow rate, (sim)L , and methane mole fractions 

in the light, 
(sim)

Ly , and heavy, 
(sim)

Hy , product streams. The superscript “(sim)” is used 

here to denote the values produced by the simulation at CSS.  

At CSS there is no net accumulation of material in the DR-PSA beds, and so the degree 

to which overall and component material balances are satisfied in the simulation can be 

evaluated using the equations 

 
(sim)M F H L     Eq 3.14 

 
(sim) (sim) (sim)

CH4 F H Lm y F y H y L     Eq 3.15 

where M quantifies the cycle-averaged difference between the total gas flows 

entering and leaving the DR-PSA unit, and CH4m quantifies the cycle-averaged 

difference between the component methane flows entering and leaving the DR-PSA 

unit. Figure 3.6 shows the overall and component material balance errors present for 

each simulation resulting from the calculated quantities (sim)L , 
(sim)

Ly , and 
(sim)

Hy . In all 

simulations M and CH4m were always negative and had magnitudes of around 0.01 

to 0.03 slpm, regardless of the feed flow rates. 
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Table 3.5 Results of simulations of 24 DR-PSA experiments by Saleman et al. The feed, F, 

heavy product, H, light reflux, RL, heavy reflux RH and light product, L, flow rates have units 

of standard litres per minute (slpm). The methane mole fractions in the feed, light product and 

heavy product streams are denoted yF, yL, and yH, respectively.   

 
Specified (set in experiment) Calculated in simulation Corrected calculation 

 

yF F  H RL  
(sim)

HR  (sim)L  
(sim)

Ly  
(sim)

Hy  (corr)L  
(corr)

Ly  
(corr)

Hy  

Run  slpm slpm slpm slpm slpm   slpm   

1 0.496 1.217 0.896 2.276 4.770 0.3468 0.021 0.667 0.321 0.015 0.664 

2 0.496 1.223 0.827 3.388 6.020 0.4218 0.067 0.702 0.396 0.067 0.701 

3 0.496 1.240 0.853 2.231 5.200 0.3916 0.035 0.717 0.387 0.033 0.708 

4 0.104 1.220 0.261 2.287 4.526 0.9755 0.010 0.476 0.958 0.009 0.448 

5 0.104 1.226 0.259 2.036 4.220 0.9915 0.011 0.486 0.967 0.010 0.462 

6 0.104 1.263 0.269 1.301 3.266 1.0113 0.023 0.462 0.994 0.017 0.423 

7 0.104 1.207 0.245 2.796 5.278 0.9791 0.010 0.490 0.962 0.008 0.476 

8 0.104 1.259 0.233 0.801 2.630 1.0440 0.033 0.477 1.026 0.033 0.418 

9 0.104 1.238 0.217 2.033 4.203 1.0459 0.018 0.525 1.021 0.016 0.512 

10 0.104 1.234 0.185 2.057 4.526 1.0815 0.027 0.577 1.050 0.023 0.560 

11 0.104 1.231 0.132 2.054 4.709 1.1132 0.054 0.665 1.099 0.040 0.637 

12 0.104 1.211 0.167 1.965 4.600 1.0599 0.030 0.597 1.044 0.025 0.590 

13 0.104 1.206 0.160 1.237 3.400 1.0580 0.042 0.554 1.046 0.039 0.524 

14 0.104 1.215 0.171 2.717 5.770 1.0633 0.028 0.602 1.044 0.025 0.578 

15 0.104 1.181 0.229 2.712 5.360 0.9716 0.017 0.562 0.951 0.012 0.485 

16 0.104 1.202 0.435 1.959 3.650 0.7775 0.005 0.285 0.767 0.004 0.280 

17 0.104 1.191 0.338 1.953 3.810 0.8668 0.007 0.382 0.854 0.006 0.351 

18 0.104 1.184 0.084 2.003 4.946 1.1178 0.066 0.684 1.101 0.060 0.661 

19 0.041 1.208 0.252 2.281 3.793 0.9677 0.002 0.226 0.955 0.001 0.192 

20 0.041 1.218 0.226 1.534 3.180 1.0014 0.005 0.230 0.992 0.001 0.216 

21 0.024 1.222 0.070 2.302 4.403 1.1750 0.006 0.427 1.152 0.004 0.357 

22 0.024 1.248 0.053 0.811 2.508 1.2135 0.012 0.339 1.196 0.012 0.303 

23 0.024 1.136 0.059 3.775 5.610 1.0938 0.007 0.457 1.076 0.005 0.365 

24 0.024 1.193 0.028 2.223 4.770 1.1733 0.020 0.551 1.165 0.013 0.498 
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Figure 3.6 (a) Overall and (b) component material balance errors present in uncorrected 

numerical simulation at CSS, as defined in Eq 3.14 and Eq 3.15, as a function of the relevant 

feed flow rates, caused by finite difference discretisation. 

It is well known that the finite difference method of solving numerically the partial 

differential equations is non-conservative [105] and this is presumably the cause of the 

material balance errors found here. No correlation was found between either M or 

CH4m produced in each simulation with any of the specified quantities F, H, RL, or yF 

(or yFF). For Run 13, decreasing the number of nodes used in each half-bed from 25 to 

10 caused M F to change from -0.96 % to -1.22 %, although 
CH4 Fm y F moved in 

the opposite direction changing from -5.6 % to -4.4 %. Further discussion on the effect 

of discretisation on the simulation results is presented in Chapter 3.4.3. 
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These material balance errors were comparable in magnitude to those of other 

numerical DR-PSA models reported in the literature: for example, Diagne et al. [63] 

stated “a deviation within 10 % was tolerated”, while for the six simulations reported 

by Sivakumar and Rao [66, 67] the average material balance error was 8.6 %. Bhatt et 

al [97] stated that for their 19 simulations “the component material balances were 

checked after every batch and steady-state conditions were considered to be established 

when the resulting error was less than 5% for C2H6 and less than 2% for N2, similar to 

the criterion mentioned by McIntyre et al [91].” 

For a given simulation, the values of L(sim), yH
(sim) and yL

(sim) were found to be repeatable 

and insensitive to the initial conditions of the simulation. Accordingly methods for 

correcting the systematic errors in L(sim), yH
(sim) and yL

(sim) were developed to ensure 

material balance was satisfied at CSS. Correction of L(sim) is straightforward since F 

and H are specified so by setting 0M   in Eq 3.16 allows the corrected value L(corr) 

to be determined. 

 
(corr)L F H   Eq 3.16 

Correction of yH
(sim) and yL

(sim) is not so straightforward, however, as a decision about 

how to partition CH4m across the light and heavy product streams is required. One 

method of doing so is to determine the time, t*, at which time the transient values of 

yH
(sim)(t) and yL

(sim)(t) satisfy the equation 

    (sim) (corr) (sim)* * 0F H Ly F H y t L y t      Eq 3.17 

The values of yH
(sim) and yL

(sim) at t* are then taken to be the values to which their values 

at CSS should be corrected to ensure component material balance is satisfied. That is: 

  (corr) (sim) *H Hy y t  Eq 3.18 

  (corr) (sim) *L Ly y t  Eq 3.19 

One method of solving for t* and hence determining yH
(corr) and yL

(corr) is illustrated in 

Figure 3.7. The corresponding experimental data from Run 13 are also shown in Figure 

3.7 for reference although these were not used to determine the corrections; the value 

of t* that satisfies Eq 3.18 and Eq 3.19 depends only on properties calculated in the 

simulation. The yH
(sim)(t) and yL

(sim)(t) transients are used to construct corresponding 

effluent composition transients that are constrained to satisfy material balance at CSS. 
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 (sim)

(cons)

(corr)

F H

L

y F H y t
y t

L

 
  Eq 3.20 

  
 (corr) (sim)

(cons) F L

H

y F L y t
y t

H

 
  Eq 3.21 

These definitions ensure that the transient curves  (sim)

Hy t and  (cons)

Hy t will intersect at 

t = t* as will the transients  (sim)

Ly t and  (cons)

Ly t . As shown in the Supplementary 

Information, this method of determining yH
(corr) and yL

(corr)  proved to be both robust and 

repeatable in that the method and corrections it produced for a given simulation were 

insensitive to the initial gas phase composition in the columns.   

 

Figure 3.7 Illustration of method used for estimating the required corrections to yH
(sim) and yL

(sim). 

The dashed curves correspond to the instantaneous values of yH (red) and yL (blue) constrained 

via material balance by the instantaneous simulated values of yL and yH, (solid curves) 

respectively. The time at which the constrained and simulated values of yL and yH intersect gives

(corr)

Ly and 
(corr)

Hy .    

 

3.4.3 Comparison of the predicted and measured product compositions  

Figure 3.8 shows a comparison between the measured and predicted (post correction) 

values for Runs 4 to 18, which had the same of yF value. In experiments with the same 
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feed composition, component material balance can be used to place bounds on the 

possible values of yH and yL as a function of the ratio of H / F. 

 

 

 
     for     
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L F

L F

y H F
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 Eq 3.22 

And 

 

 

1              for     

    for     

H F

F
H F

y H F y

y
y H F y

H F

 

 
 Eq 3.23 

These bounds are useful because for a given yF they enable calculation of the best 

possible separation performance achievable for a DR-PSA process as a function of H / 

F. By adjusting the heavy product flow rate, the separation process can be biased 

towards improved stripping performance (smaller yL and yH at larger H /F) or improved 

enriching performance (larger yH and yL at smaller H /F). This analysis indicates that 

best separation performance (largest yH and smallest yL) occurs for H / F = yF. 

 

Figure 3.8 Comparison of the yL and yH results measured and predicted (yH
(corr) and yL

(corr)) by 

the numerical simulations of runs 4-18. The solid bounding curves represent material balance 

constraints for the given yF = 0.104, as defined by Eq 3.22 and  Eq 3.23. 

Figure 3.9 shows the deviations of the yH
(corr) and yL

(corr) determined in the simulations 

of all 24 runs from the corresponding values measured in the experiments of Saleman 

et al. [92]. It is apparent that the deviations are randomly distributed about zero, with 
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the r.m.s. values being 0.003 for yL and 0.024 for yH. For the light product, this r.m.s. 

value is only about 3 times larger than the experimental uncertainty of the composition 

measurement. For the heavy product stream, the r.m.s. value represents an average 

fractional error of 5.7 % of yH. We note that the absolute deviations were compared 

rather than relative deviations since the mass spectrometer was reported to have an 

uncertainty of 0.005 in mole fraction, which was greater than the absolute deviations of 

yL.  

 

Figure 3.9 Deviations of yH
(corr) and yL

(corr) determined in the numerical simulation from the 

corresponding values, yH
(exp) and yL

(exp) , measured in each of the 24 experiments reported by 

Saleman et al. [92].  

Isothermal simulations for a selection of the experiments listed in Table 5 were also run 

to assess whether the importance of including energy balance equations for methane-

nitrogen separations by DR-PSA. The run-time of these isothermal simulations was 

approximately 3 times shorter than those which included energy balance. The impact 

of Eq 3.9 - Eq 3.11 on the cycle-averaged steady state product compositions was 

assessed for Runs 1, 2, 4, 7, 9, 10, 11, 12, 13, 16, 17, 20, 21 and 23. The non-isothermal 

simulations of these runs, which captured the bed’s experimentally observed 

temperature swing, always predicted a poorer separation performance than the 

corresponding isothermal simulations. On average, yH increased by 0.011 and yL 

decreased by -0.003 for isothermal simulations relative to those which included Eq 3.9 

- Eq 3.11. While these average shifts are small relative to the scatter shown in Figure 

3.9, they do represent a systematic error with the isothermal simulations in almost every 

case over predicting the separation performance relative to experiment. In cases where 
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H / F < yF so that the experimental yH was not close to the material balance limit (e.g. 

red curve in Figure 3.8), the over-estimate in yH predicted by the isothermal simulation 

was around 0.04, which is appreciable. The systematic errors associated with isothermal 

simulations may become more important for separations involving higher enthalpies of 

adsorption (e.g. CO2 on zeolites) than those considered here, where the bed temperature 

swing would be even larger. 

3.5 Parametric Studies 

3.5.1 Bed temperatures and reflux flows 

Figure 3.5 shows that the local bed temperature swing varied with position: at the light 

reflux end of the bed (T1) it was about 4 K whereas at the heavy reflux end (T11) it 

was about 8 K. This reflects the nature of the PL-A cycle configuration in which the 

pressure inversion occurs via the transfer of gas that is rich in CH4 through the heavy 

reflux end of the bed, making it the main region in which adsorption/desorption 

occurred. Furthermore, the simulation also accurately predicted a temperature rise at 

T6 during the purge step, confirming the assumption made by Saleman et al. [92] that 

the adsorption front propagating from the heavy reflux end of the column reached its 

middle by the end of the purge step. Differences between the predicted and measured 

dynamic temperatures also have the potential to provide insight: for example the 

simulation indicates that the temperature at the heavy-reflux end of the bed (T11) 

should start to decrease immediately once the PU step commences the following PR 

step, whereas experiment indicated that no significant temperature change occurred for 

about 30 s and, once it did, the rate of decrease was significantly smaller than predicted. 

One possible explanation for this difference is that the temperature of the gas leaving 

the compressor in the experiment was higher than assumed in the simulation. 

Identifying the reasons for these discrepancies could contribute to the future 

optimisation of the DR-PSA rig and/or cycle in terms of separation performance.  
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Figure 3.10 Predicted temperature profile and gas composition profile inside the column during 

FE and PU step (120s each), together with the experimental temperature values along the 

column. (a) T profile during FE, (b) T profile during PU, (c) gas CH4 fraction profile during FE, 

and (d) gas CH4 profile during PU 

Figure 3.10 shows comparisons of the evolution throughout the FE and PU steps of the 

axial profiles of bed temperature obtained from simulation and experiment, as well as 

gas composition, which is available only from simulation. The results demonstrated 

that during the FE step, the observed changes in temperature profile do correspond to 

the propagation of a dispersive wave front associated with CH4 desorption. In contrast, 

during the PU step the self-sharpening nature of the observed temperature wave can be 

seen to correspond with the propagation and compression of a mass transfer zone within 

the bed. The temporal correlation between the centres of the temperature and gas 

composition wave fronts was examined from the beginning to the end of the PU step 

by comparing their locations every 20 seconds and found to have a maximum difference 

of just one node, indicating that the comparison was limited by the degree of bed 

discretisation.  
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To elucidate the effect of increasing the reflux flow on the separation performance, with 

a particular emphasis on the location of the adsorption front and its proximity to the 

light gas product stream, the axial temperature and gas composition profiles for Runs 

#13, 12 and 14 at the end of the PU step are compared in Figure 3.11. The most 

significant difference between these three runs was the increase in light reflux from 

1.237 to 1.965 to 2.717 slpm, respectively. 

 

(a) 

 

(b) 

Figure 3.11 Axial temperature (a) and gas composition (b) profile at the end of PU step for 

Run#13, 12 and 14, where RL = 1.237, 1.965 and 2.717 slpm, respectively. 
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The experimental and simulated temperature profiles are consistent, and indicate that 

as the reflux flow is increased, more of the bed is used, and in general, better separation 

performance is achieved. However, for a fixed FE/PU step time, if the reflux flow 

exceeds a threshold value then the tail of the adsorption front will breakthrough into 

and increase the methane content of the light product stream.   The gas composition 

fronts predicted by the simulations have a subtle qualitative difference in shape to that 

of the temperature fronts (measured or calculated): the gas composition fronts become 

sharper with increasing reflux. Thus, although an increase in reflux flow shifts the 

average of the composition front towards the column’s light product end, the 

breakthrough may be less proximate than would be inferred from bed temperature 

measurements. Furthermore, in experiments where the temperature swing in the bed is 

small (e.g. due to limited adsorption or desorption) it may not be possible to reliably 

infer the location of the sorption front from the measured bed temperatures. In such 

cases the simulation would prove very useful in optimising the duration of the FE/PU 

step for a given reflux to maximise bed use while avoiding breakthrough. 

3.5.2 Effects of axial dispersion, mass transfer coefficients and numerical 

dispersion 

Physical and numerical dispersion can both play an important role in the prediction of 

the adsorption front’s location. The impact of physical dispersion was investigated by 

varying the axial dispersion coefficient used in the simulation of Run 13 from its 

estimated value of 3.8  10-5 m2 s-1 over the (artificial) range (10-9 to 10-3) m2 s-1. As 

shown in the SI, no significant difference in the predicted shape of the adsorption front 

or the effluent compositions at CSS was found until the dispersion coefficient was 

increased to 10-4 m2 s-1, which is nearly 3 times its estimated physical value. Thus, in 

the case of these DR-PSA simulations, the predicted separation performance was 

insensitive to any physically reasonable estimate of the gas phase dispersion coefficient.  

Numerical dispersion, however, has the potential for a much more significant impact 

since there is less certainty about the minimum number of nodes that should be used to 

represent each half-column, and there is a clear cost in simulation time with increasing 

the number of nodes used.  The sensitivity of the results obtained at CSS for Run 13 to 

the degree of bed discretisation was investigated by varying the node numbers per half-

bed from 5 to 40 (with the 25 being the number used in all the results shown previously). 
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Figure 3.12 shows the result of this variation in the number of nodes used per half-bed, 

Nn, on both the axial bed temperature, the gas composition profile and on the effluent 

compositions. The impact of numerical dispersion became clearly significant when Nn 

was reduced below 20, resulting in a sharp deterioration of the predicted product 

purities as might be expected from the temperature and gas concentration profiles which 

were significantly flattened. When Nn was increased from 25 to 40, both temperature 

and gas concentration profiles became slightly sharper, and yH
(corr) increased from 0.524 

to 0.594, corresponding to slightly below to slightly above the experimental value. 

However, changing Nn to a larger value had a dramatic impact on the computational 

resources required to complete the simulation, decreasing the acceleration factor, AF, 

from 1.25 when Nn = 25 to only 0.3 when Nn = 40. Thus, the default value of Nn = 25 

was selected because it reduced sufficiently the effects of numerical dispersion while 

still facilitating a reasonably short simulation time.  

 

(a) 

 

(b) 
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(c) 

Figure 3.12 The effect of the number of nodes used in each half-column Nn on (a): temperature 

profile (b) gas concentration profile and (c) yL, yH and the acceleration factor AF by the end of 

PU step.  

Of all the physical quantities listed in Table 3.4 and central to the simulation, the mass 

transfer coefficients required in Eq 3.7 are the most difficult to estimate reliably [32, 57, 

106, 107]. To investigate the sensitivity of the simulation to the absolute values of the 

mass transfer coefficients, kN2 and kCH4, the value of kN2 used in the simulation of Run 

13 was varied from (0.03 to 10) s-1, while the ratio kN2 / kCH4 = 3 was maintained. This 

ratio was held constant because while absolute values of the mass transfer coefficient 

can be difficult to measure, measurements of relative values between adsorbates are 

more reliable with N2 sorption generally being somewhat faster on activated carbon 

than CH4.  The results of varying the MTCs on the calculated temperature profile, gas 

composition profile and product compositions are shown in Figure 3.13. 
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(a) 

 

(b) 

 

(c) 

Figure 3.13 The effect of mass transfer coefficient on (a): temperature profile (b) gas 

concentration profile (c) yL and yH by the end of PU step.  

The similarities between the effects of decreasing the number of nodes used in the 

simulation of each bed with decreasing the mass transfer coefficients is clear. When kN2 

was below 1 s-1, both yL and yH deviated markedly from the experimental values as a 

consequence of the predicted smearing out of the temperature and gas phase 

composition wave fronts. For kN2 greater than 1 s-1, these wave fronts could not 

appreciably sharpen any further, and the impact on the predicted effluent compositions 

was negligible. These studies suggest that the simulation results obtained here are 

generally insensitive to assumptions about the values of the MTC selected as long as it 

was sufficiently fast because the adsorption kinetics in the physical experiments were 

fast. They also show, however, the importance of reliably determining mass transfer 
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coefficients which adequately represent the physical sorption kinetics, if the 

performance of DR-PSA separation processes based on those adsorbents are to be 

assessed by numerical simulation. If the physical sorption rate is fast for both 

components, then the MTCs used in the simulation should not be too small, whereas if 

the physical sorption rate is slow for at least one component, then the corresponding 

MTC should not be too large nor too small. 

3.6 Conclusions 

A numerical model of a DR-PSA cycle was constructed using the commercial software 

package Aspen Adsorption [3], which included a full energy balance and solved the 

pressure-flow network without the use of interaction units. The model was used to 

simulate the 24 DR-PSA experiments conducted by Saleman et al. [92] who separated 

N2 + CH4 mixtures using activated carbon and a PL-A cycle.  All of the parameters in 

the model were set to either values specified in the experiment or determined from 

independent measurements, and none were adjusted to improve agreement between the 

calculated and observed separation performance. The agreement between the measured 

and simulated bed pressures, inter-bed flows, and bed temperature profiles was 

excellent: discrepancies in the reflux flows were attributable to deficiencies in the back-

pressure regulator used in the experiments, while the differences between the measured 

and predicted bed temperatures (1.1 K r.m.s. in a 10 K peak-to-peak swing) were likely 

caused by the model’s assumption of spatially uniform heat transfer to the environment. 

Like all previous reported models of DR-PSA simulations, the product flows and 

compositions predicted at cyclic steady state violated material balance by several 

percent, presumably because of the non-conservative nature of the finite difference 

approximations used in the numerical model. For a given simulation, the predicted 

product compositions were repeatable and independent of the initial conditions chosen, 

which indicated that the material balance errors were systematic and, therefore, 

susceptible to correction. A robust method for doing so was developed to ensure that 

the corrected product flows and compositions satisfied material balance. The model 

was then able to accurately predict the product compositions observed in the 

experiments of Saleman et al. [92], with root mean square deviations in the predicted 

methane mole fractions of 0.003 for the N2-rich product, and 0.024  for the CH4-rich 

product stream. 
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The impact of the reflux flow rate on the temperature and gas composition wave fronts 

in the bed was investigated with the simulation and revealed that while the experimental 

temperature measurements could be used to avoid breakthrough, they do not capture 

the sharpening of the gas composition wave front that occurs with increasing reflux. 

Parametric studies conducted with the simulation also showed that the importance of 

independent estimates of adsorbate mass transfer coefficients in cases where the rate of 

adsorption was slower than 1 s-1 (although this was not the case for the activated carbon 

studied here). In future work we will extend the simulation to the description of the PH-

A, PL-B and PH-B configurations of DR-PSA cycles, and investigate the methods of 

designing industrial-scale DR-PSA processes on the basis of results obtained with a 

laboratory-scale apparatus. 
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4.1 Foreword 

This chapter was prepared as a full journal paper and was submit to Separation and 

Purification Technology by the date of thesis submission. The format and the layout of 

this journal paper has been adjusted with minor revisions made. The objective of this 

work was to demonstrate the differences of the four DR-PSA configurations through 

both experiments and numerical simulations, therefore lead to optimization of 

separation performance in terms of product purities and energy consumptions. This 

piece of work was co-authored by Thomas Saleman, where the experimental part of 

this work, including performing experiments and analyzing experimental data was done 

by Thomas Saleman in University of Western Australia. The author was responsible 

for the developing numerical simulation, drafting the entire manuscript and performing 

detailed comparison between the experiments and simulations. The identification of 

bed capacity ratio (ℂ) as a key operational parameter was collaboratively contributed 

by Eric May, Kevin Li and the author. 

 

4.2 Introduction 

The separation of N2 and CH4 is a challenging but important process in many contexts. 

Over a one hundred year timeframe, methane’s global warming potential (GWP100) is 

28-34 times larger than that of carbon dioxide [108]. On this basis, methane emissions 

are calculated to account for 16% of total greenhouse gas emissions [109]. However, 

over a twenty-year timescale, methane has a GWP20 84-86 times that of carbon dioxide, 

which increases the aforementioned contribution of methane to 33% of greenhouse gas 

emissions [108]. Major sources of methane emissions include oil and gas production, 

coal mining operations, enteric fermentation, rice cultivation, solid waste (i.e. landfills) 

and waste water [110]. For example, in the production of liquefied natural gas (LNG), 

if the source reservoir contains more than around 4 mol% N2, a cryogenic distillation 

tower known as a Nitrogen Rejection Unit (NRU) is often used to ensure the LNG 

product’s content is below the 1 mol% specification required for safe transportation [5, 

31]. These NRUs typically have a methane recovery around 98 % [41], which indicates 

that around 2 % of the feed methane can be lost through the nitrogen vent stream. Given 

the large flows of gas (3-6 million tonnes per annum [111]) being processed by NRUs 
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in many LNG plants, this represents both a significant source of greenhouse gas 

emissions as well as a substantial loss of useful energy.     

However, methane and nitrogen are quite difficult to separate because the two 

molecules have very similar properties [31]. Cryogenic distillation processes such as 

those used in NRUs are energy intensive and have significant capital costs, which limits 

their suitability to large-scale LNG production. The similarity between the kinetic 

diameters of nitrogen (3.64 Å) and methane (3.8 Å) make it difficult to design a 

membrane capable of a viable separation in terms of permeability and selectivity, 

although progress on this front has recently been made through the use of polymeric 

membranes combined with carbon molecular sieves, which are kinetically selective for 

N2 over CH4 [112]. Adsorption processes for N2-CH4 separation have been 

commercialised [31], and often also rely on kinetically selective materials. However, 

adsorption processes based on conventional cycles generally have difficulty producing 

two products of useful purity, particularly when the selectivity of the more adsorbed 

component, A, over the lighter component, B, is modest. This is the case for CH4 and 

N2 [31] and is exacerbated when the feed concentration of A is low, as occurs in NRU 

vent streams or the ventilation air methane produced in coal mines [41].  

Dual-Reflux Pressure Swing Adsorption (DR PSA) cycles, which were first 

demonstrated by Hirose and co-workers [88, 89, 113], offer the advantage of increased 

separation power for a given adsorbent in comparison with conventional PSA cycles 

through the use of simultaneous heavy and light reflux streams. A schematic of a DR-

PSA half-cycle is shown in Figure 4.1, where the feed stream enters in the middle of a 

bed, while light (B-enriched) and heavy (A-enriched) product streams are drawn from 

the top and bottom of each bed, respectively. The use of a simultaneous heavy reflux 

stream (which requires that additional work be done) increases the local partial pressure 

of A in the high pressure column relative to that in the feed, and means that the 

enrichment achievable is not limited by the ratio of the bed pressures as is the case for 

conventional PSA [86, 88, 114]. Instead only material balance constraints determine 

the theoretical limits of the two products’ purities, and under many conditions it is in 

principle possible to produce two pure products from a binary feed. Ritter and co-

workers [90, 91] demonstrated how DR-PSA cycles using activated carbon with a bed 

pressure ratio of 8 could separate a feed of N2 containing only 0.75 vol% C2H6 into a 

heavy product stream containing 68.4 vol% C2H6 and a light product with an ethane 
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fraction of only 30 ppm. Recently, Bhatt et al. [68] and Saleman et al. [92] have 

demonstrated the application of DR-PSA cycles to the separation of N2 and CH4, with 

Saleman et al. achieving enrichment ratios between 15 and 21, for a bed pressure ratio 

of 3.6 and feeds containing 2.4 % CH4. Zhang and co-workers [93] recently reported 

the use of DR-PSA to separate mixtures of 85 mol % N2 + 15 mol% CO2 into two high-

purity product streams using silica gel.       

 

Figure 4.1 The FE/PU and PR/BD steps that constitute half of a DR PSA cycle can be arranged 

in one of four configurations: feed to the high (PH) or low (PL) pressure bed, and pressurisation 

with the heavy (A) or light (B) adsorbate. 

Both numerical and analytical models of DR PSA cycles have been developed to 

describe the experimental results obtained [63, 68, 71, 93, 97], and to improve or 

optimise cycle performance [66, 67]. For the latter objective, equilibrium theory models 

[64, 65, 85, 96] have delivered significant insight into the important features of DR 

PSA cycles despite several idealisations being required. As part of their equilibrium 

theory modelling, Kearns and Webley [64, 65] identified four possible configurations 

of DR PSA cycles, illustrated schematically in Figure 4.1, which result from two 

operating choices that can be made regarding the feed and pressurisation steps of the 

cycle: feed to the low (PL) or high pressure bed (PH) and pressurisation/blowdown with 
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the heavy (A) or light (B) gas, which gives the four base configurations PL-A, PH-A, 

PL-B , and PH-B. Although these four configurations were identified in 2006, only the 

A cycles had been demonstrated experimentally [68, 88-92, 113] until very recently, 

with Li et al. [93] describing the use of the PH-B configuration (only) in their 2016 

publication. However, the PL-B configuration has yet to be demonstrated and, perhaps 

more importantly, no direct experimental comparisons of the four configurations have 

been reported. 

In this work, we report experimental comparisons of the four DR PSA configurations 

separating a feed mixture of 10.4 mol% CH4 in N2 with activated carbon using an 

upgraded version of the apparatus reported by Saleman et al. [92]. In addition, we 

explore how various cycle parameters influence the separation performance and cycle 

work both experimentally and using an extended version of the non-isothermal 

numerical DR PSA model described by Zhang et al. [71]. The results obtained here 

both verify some of the insights obtained from equilibrium theory, and go beyond them 

by identifying key dependencies of practical importance that cannot readily be studied 

with idealised models.       

 

4.3 Experimental and simulation details 

The fully automated laboratory-scale pressure swing adsorption apparatus developed 

and used by Saleman et al. [92] to conduct dual-reflux experiments in the PL-A 

configuration was adapted for this investigation. A schematic of the apparatus is shown 

in Figure 4.2, where the modifications implemented to enable B-cycle experiments to 

be conducted are highlighted in red. A second gas compressor (C-2) was added to the 

light product manifold and placed in parallel with the back pressure regulator (BPR-1) 

used to control the bed pressure during the feed (FE) and/or purge (PU) steps. The new 

compressor was only used during the pressurisation (PR) and blowdown (BD) steps of 

the B-cycles. In order to distinguish whether feed is entering high pressure or low 

pressure column and whether purge using heavy product or light product, the 

conventional FE/PU/PR/BD abbreviations were further detailed by FE(HP), FE(LP), 

PU(H) and PU(L), correspondingly. The location of first compressor (C-1) in the heavy 

product manifold was also changed slightly to be in parallel with BPR-3. Compressor 

C-1 was used to produce the heavy reflux stream during the FE/PU steps of all cycles 
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and during the PR/BD steps of A-cycles. Other minor changes include the reduction of 

both the void tanks from (12 to 1) L, and the removal of the 15 L void tank in the feed 

flow line, to decrease the time required for the experiment to reach cyclic steady state. 

 

Figure 4.2 Modified DR-PSA apparatus capable of performing PL-A, PH-A, PL-B and PH-B 

DR PSA cycles. Modifications to the apparatus described by Saleman et al. [92] are highlighted 

in red. The valve colouring (hollow = open, solid = closed) indicates the typical configuration 

used at the start of a PH-cycle with feed to Bed 1. The valve to the light gas void tank was often 

opened to act as a ballast volume that helped smooth the intermittent flow from BPR 1. 

In addition to the DR PSA cycle configurations, two quantities were varied as part of 

the optimisation studies: the heavy product flow rate (H), which was set by MFC 5, and 

the light reflux (RL), which was set by MFC 4. Specification of the bed pressures via 

BPRs 2 and 4 completed the control scheme and defined all flows as discussed by 

Saleman et al. [92]. To initialize the experiments for each configuration, the apparatus 
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was purged with pure nitrogen by manually operating the FE step of the desired 

configuration until all the BPRs and MFCs reached their respective steady state values. 

Then, the apparatus was switched into automatic operation by loading a configuration 

file containing the valve cycling information into the control and data acquisition 

software, which included the specification of a feed flow rate and composition, using 

MFCs 1 and 2. The actual feed flow rate achieved in a given experiment was measured 

using MFM 1. The other experimental parameters and the details of the cycles are 

presented in Table 4.1 and Table 4.2 , respectively. 

Table 4.1 Apparatus, material and method parameters. 

Feed and system parameters  

Nominal feed flowrate 1.25 slpm 

Temperature (ambient) 20-25 °C 

High pressure 5.0 bar 

Low pressure 1.4 bar 

Pressure ratio 3.6 

Fractional axial feed position 0.5 

Adsorbent details  

Material Norit RB3 Activated Carbon 

Pellet size D: 3 mm, L: ~5 mm 

Mass loaded to each column 410 g 

Bed voidage 0.433 
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Table 4.2 Cycle steps and corresponding times for the four configurations. The B cycles had 

shorter PR/BD steps than the A cycles because less time was needed to raise the bed pressure. 

The abbreviations Cn and Co show whether the pressurization and blow down steps were 

carried out counter-currently or co-currently, respectively, relative to the direction of the heavy 

reflux flow. 

A Cycles 

Step Step I Step II Step III Step IV 

Time (s) 120 90 120 90 

PL-A 

Bed1 PU(H) BD – Cn FE(LP)  PR – Cn 

Bed2 FE(LP) PR – Cn PU(H) BD – Cn 

PH-A 

Bed1 FE(HP) BD – Cn PU(L) PR – Cn 

Bed2 PU(L) PR – Cn  FE(HP) BD – Cn  

B Cycles 

Step Step I Step II Step III Step IV 

Time (s) 120 55 120 55 

PL-B 

Bed1 PU(H) BD –Co  FE(LP) PR – Co 

Bed2 FE(LP) PR – Co  PU(H) BD – Co  

PH-B 

Bed1 FE(HP) BD – Co  PU(L) PR – Co  

Bed2 PU(L)  PR – Co  FE(HP) BD – Co  

 

The activated carbon Norit RB3 (from IMCD Australia Limited), characterized by 

Rufford et al. [33] and used by Saleman et al. [92], was also used in these experiments. 

The feed gases were supplied by Coregas with a stated purity of 99.995% and 99.999% 

for methane and nitrogen, respectively. 

The non-isothermal, numerical model described by Zhang et al. [71] and developed 

using the commercial software package Aspen Adsorption [3] was extended to allow 

simulation of the four DR PSA cycle configurations. Figure 4.3 shows the process flow 

diagrams used by the models: relative to the PL-A model described by Zhang et al. [71], 

no change was required to simulate the PH-A configuration, while simulation of the B 

cycles required four valves, one compressor and one void tank to be added to the model 

(shown in red in Figure 4.3 Process flow diagrams for the numerical models used to 

simulate the four DR PSA cycle configurations in Aspen Adsorption. The PL-A and 

PH-A model were as described in Zhang et al. [71], while the new elements 

implemented for the PL-B and PH-B cycles are highlighted in red.). The additional void 

tank (BC3) had a volume of 10 cm3 and two non-reversible flow streams were connected 

from BLR1 and BLR2 to each of the two new valves, respectively. The additional 
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compressor only operated during the PR/BD steps of the B configurations and was 

modelled as a ‘normal’ compressor running in constant power mode as described in 

reference [71]. All other details of the model, such as the equations and boundary 

conditions used, the heat transfer coefficients to the environment, the adsorbent 

isotherm model and sorption rates, and the numerical solver parameters were as 

described by Zhang et al. [71]. 
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Figure 4.3 Process flow diagrams for the numerical models used to simulate the four DR PSA 

cycle configurations in Aspen Adsorption. The PL-A and PH-A model were as described in 

Zhang et al. [71], while the new elements implemented for the PL-B and PH-B cycles are 

highlighted in red. The arrows indicates the gas flow direction in FE step. Valves are shaded 

hollow or solid to indicate whether they are opened or closed, respectively. 
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4.4 Results 

Table 4.3 lists the results of 19 new DR PSA experiments and simulations for PL-A, 

PH-A, PL-B and PH-B configurations, together with the results of 5 PL-A experiments 

and simulations with comparable conditions that were reported previously [71, 92].  For 

ease of reference, the experiments are given run numbers, which are consistent with 

those used by Saleman et al. [92] for the PL-A cycles (4 – 8 out of the 24 listed in [92]), 

and which increase sequentially for the other configurations (25 – 43, run 25 and 26 

were in PL-A but not presented in former papers). All the experiments were conducted 

with a methane feed fraction (yF) of 0.104, with the experimentally specified values of 

H and RL listed. The measured values of the methane mole fractions in the light (yL) 

and heavy (yH) product streams are listed together with the specific work per mole of 

CH4 captured (in the heavy product) at cyclic steady state (CSS). The CSS values of 

heavy reflux flow rate, light product flow rate, and the methane mole fractions of the 

product streams calculated via simulation for the corresponding experiment are also 

presented. As indicated by the superscript ‘(corr)’, the latter three quantities were 

corrected using the method described by Zhang et al. [71] to eliminate errors in the 

calculated overall and component material balances introduced by the discretization 

and numerical finite difference solution of the governing partial differential equations. 

Figure 4.4 shows a comparison of the measured and predicted CSS product 

compositions for all 24 runs listed in Table 4.3, grouped according to cycle 

configuration. The experimental symbols include single-sided error bars, which 

indicate the size and direction of any inconsistencies in the component material balance 

arising from the uncertainties in the measured flow rates and compositions. As 

discussed by Saleman et al. [92], these typically amounted to less than 5 % of the feed’s 

methane content, and arose primarily from the different resolutions of the light and 

heavy product flow meters, which had full scales of 5 SLPM and 1 SLPM, respectively. 

The root-mean-squared deviations between the measured and simulated values of yL 

and yH were 0.008 and 0.015, respectively. This level of agreement is similar to that 

reported in Zhang et al. [71], and in many cases the difference is comparable to the 

uncertainty associated with the ability to close the experiment’s material balance.   

The experiments presented in Table 4.3 were all conducted at essentially the same ratio 

of H / F = 0.192, which was nearly twice the feed’s methane mole fraction. 
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Consequently, material balance constraints require yH < 0.55 for a pure light product 

(yL = 0). At this value of H / F, all four cycle configurations achieved a similar 

separation performance with <yH> = 0.45  0.02 and <yL> = 0.015  0.008, where the 

brackets denote the average across all 24 experiments and the bounds denote the 

standard deviation. This level of separation represents an enrichment ratio of 4.5, which 

is significantly larger than the bed pressure ratio and is more than 82% of the theoretical 

maximum. The stripping performance is also reasonable, with several trials 

approaching the mass spectrometer’s detection limit of 0.001 mole fraction. Within the 

experimental trials, the amount of reflux was varied and as discussed further below this 

accounts for the small variations in separation performance achieved at constant H / F. 

The bottom panel of Figure 4.4  also shows the results of PL-A experiments conducted 

by Saleman et al. [92] with the same yF but at different values of H / F together with 

the corresponding simulations from Zhang et al. [71], which showed excellent 

consistency. Given the good agreement between experiment and simulation 

demonstrated in both panels of Figure 4.4, we used our non-isothermal simulations as 

the primary tool to explore the effects of varying H / F for the other three configurations. 

To do this a further 26 simulations were run with H / F ranging from 0.03 to 0.363, and 

the results are indicated as dashed curves in the lower panel of Figure 4.4. These are 

qualitatively similar to the curves produced for the PL-A cycles, although there are 

some clear differences in separation performance between the different cycle 

configurations as discussed below. 
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Table 4.3 Experimental and simulated cyclic steady state results for the four DR PSA 

configurations tested through 24 experiments with yF = 0.104 and F  1.25 SLPM. The 

experiments numbered 4 to 8 were also reported in [92]. Data from runs labelled with # are 

shown in Figure 4.5. 

 Measured/Calculated from experiments Calculated in simulations 

Run F H RL 1-yL yH 
Specific 

Work 
(sim)

HR  Lcorr 
(corr)1 Ly  

(corr)

Hy  

 slpm slpm slpm (N2) (CH4) 
kJ∙mol-

1(CH4) 
slpm slpm (N2) (CH4) 

PL-A 

4 1.220 0.261 2.287 0.993 0.457 150 4.526 0.958 0.991 0.451 

5 1.226 0.259 2.036 0.993 0.462 143 4.220 0.967 0.990 0.457 

6 1.263 0.269 1.301 0.989 0.448 119 3.266 0.994 0.983 0.425 

7 1.207 0.245 2.796 0.992 0.484 167 5.278 0.962 0.992 0.478 

8 1.259 0.233 0.752 0.963 0.402 131 2.417 0.967 0.965 0.406 

25 1.204 0.235 4.023 0.987 0.469 198 6.104 0.965 0.987 0.474 

26# 1.206 0.244 1.970 0.991 0.455 151 4.257 0.962 0.988 0.467 

PH-A 

27 1.160 0.230 5.009 0.985 0.450 205 6.900 0.930 0.991 0.479 

28 1.151 0.233 4.010 0.990 0.478 169 5.460 0.918 0.994 0.465 

29 1.147 0.238 2.983 0.993 0.498 135 4.280 0.909 0.991 0.505 

30# 1.149 0.233 2.042 0.990 0.467 117 2.920 0.916 0.985 0.480 

31 1.147 0.227 1.062 0.975 0.417 91 1.340 0.921 0.968 0.398 

PL-B 

32 1.220 0.227 4.135 0.972 0.402 227 6.121 0.993 0.974 0.409 

33 1.203 0.234 3.157 0.979 0.452 172 5.542 0.969 0.982 0.448 

34 1.221 0.241 2.159 0.991 0.465 139 4.102 0.976 0.986 0.470 

35# 1.217 0.232 2.133 0.988 0.455 144 4.097 0.985 0.981 0.470 

36 1.218 0.238 1.173 0.992 0.450 115 2.695 0.980 0.971 0.429 

37 1.219 0.229 0.618 0.987 0.436 103 2.203 0.990 0.966 0.417 

PH-B 

38 1.227 0.234 4.109 0.983 0.444 168 5.087 0.993 0.976 0.438 

39 1.227 0.238 3.151 0.987 0.467 134 4.296 0.989 0.987 0.470 

40 1.215 0.233 2.120 0.986 0.477 104 3.230 1.000 0.983 0.476 

41# 1.231 0.232 2.113 0.987 0.460 109 3.202 0.999 0.982 0.482 

42 1.228 0.233 1.151 0.980 0.458 77 2.174 0.995 0.969 0.438 

43 1.229 0.229 0.664 0.972 0.424 63 1.645 1.000 0.962 0.392 
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Figure 4.4 Comparison of experimental and simulated product compositions for all four 

configurations grouped according to experiment type (a) and plotted as a function of H / F (b). 

Figure 4.4 (b) also shows the results of simulations conducted over an extended range for each 

cycle configuration with F = 1.2 SLPM, tFE/PU=120 s and RL=2 SLPM. 

Figure 4.5 shows a comparison of the measured and simulated axial bed temperatures 

for selected experiments representative of each of the four configurations at the end of 

each cycle step. As these experiments occurred over several months, the ambient 

temperature varied by several kelvin between the experiments, which caused the 
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average temperature of the bed over the cycle to differ as is apparent for the four cases 

shown. The average bed temperature was specified in the simulations to match the 

ambient temperature recorded during the experiment. The agreement between the 

simulated and measured bed temperatures is good, with r.m.s. deviations for the entire 

cycle being 0.9, 0.8, 1.1, and 1.0 K for the PL-A, PH-A, PL-B, and PH-B configurations, 

respectively. 

 

Figure 4.5 Comparison of measured and simulated temperature waves for each of the four DR 

PSA configurations at the end of each step. Solids lines represent experimental measurements 

and dotted lines represent simulation results. 

In experiments, measurements of the temperature wave in the bed allow the position of 

the gas phase composition front to be inferred. The consistency between the measured 

and calculated bed temperatures apparent in Figure 4.5 lends confidence to the accuracy 

of the predicted locations of the gas phase CH4 front at various times in the cycle. Figure 

4.6 shows CH4 composition fronts from each configuration at equivalent stages within 

the four steps of a DR PSA cycle, calculated from simulations with H / F = 0.03 (about 

6 six times smaller than the H / F value of the experiments). Arrows below each 

component plot indicate the direction of flow that has been occurring during that step 

and produced the CH4 composition profile. At CSS, flow from the right end of the bed 

(z = 1) will have a composition representative of the light product (nearly pure N2), 



 

93 

 

while flow from the left end of the bed (z = 0) will have a composition representative 

of the heavy product (enriched CH4). Such a presentation highlights the similarities and 

differences between each configuration.   

 

Figure 4.6 Calculated methane gas phase compositions at the end of each cycle step, for 

simulations with H / F = 0.03 for each of the four configurations. Flow from the right end of 

the bed (z = 1) corresponds to nearly pure N2, while flow from the left end (z = 0) corresponds 

to enriched CH4. 

In this representation, Step I corresponds to the bed being at low pressure with a nearly 

pure N2 purge entering the bed. By the end of Step I, the action of this purge has been 

to reduce the bed’s CH4 content, with a minimum occurring at or near z = 1. At this 

stage, all four configurations are essentially the same, with the only minor difference 

being for PL cycles, where the insertion of the feed in the middle of the bed causes a 

small discontinuity in the composition profile. The configurations start to differ during 

Step II, which corresponds to the pressurisation of the bed. The counter-current 

pressurisation with the heavy gas causes the methane composition front to propagate 

back towards the z = 1 end of the bed for the A cycles. In contrast, co-current 
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pressurisation with the light gas causes further reduction in the gas phase’s methane 

concentration for the B cycles. During Step III, heavy gas enters the bed and a methane 

composition front propagates towards the light product end; these fronts sharpen as they 

are adsorption waves. For the A cycles, the fronts start and finish this step much closer 

to the light product end than do the B cycles; A cycles thus have a larger risk of this 

front breaking through into the light product stream and contaminating it during Step 

III. The discontinuity caused by the feed at z = 0.5 in the PH cycles is relatively large 

for PH-A because of the mismatch between the heavy product and feed methane 

fractions. In contrast, the discontinuity is relatively small for PH-B because by the end 

of Step III, the methane front has not yet reached and passed that point in the bed. 

However, the co-current blowdown of the B cycles rapidly pushes the CH4 front 

towards the light product end, risking breakthrough during Step IV where the ability to 

control the front’s location is reduced relative to a Purge step. The counter current 

blowdown for the A cycles in contrast pushes the CH4 front away from light product 

end. By the end of Step IV, the CH4 composition fronts for each configuration are 

distributed through the bed in a somewhat similar manner, which allows them to 

become even more similar during the subsequent light purge step (Step I).  

 

4.5 Discussion 

4.5.1 Capacity Ratio 

The equilibrium models used by Kearns and Webley [64, 65] to study the optimisation 

of DR PSA cycles implicitly included two constraints: that a perfect separation of the 

feed binary mixture occurred, and that the mass of adsorbent in each bed was the 

minimum necessary to achieve that perfect separation.  Under these constraints, Kearns 

and Webley showed that the equilibrium theory solution for the DR PSA cycle, if one 

exists, has a unique combination of axial feed location and reflux flow rate. Bhatt et al. 

[96] relaxed the second of these constraints and investigated the effect of varying the 

bed’s capacity ratio during the purge step, ℂ. They showed that by decreasing ℂ below 

its optimum value (e.g. increasing the adsorbent mass above the minimum assumed by 

Kearns and Webley [64, 65]), equilibrium theory DR PSA solutions for complete 

separation existed for a range of axial feed position and reflux flow rate pairs. In this 

work, the axial feed position was fixed and we investigated the actual separation 
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performance achieved as a function of the bed’s capacity ratio during the purge step. 

The definition of ℂ given by Bhatt et al. [96] for PL-A cycles was: 

 ℂ = 𝛽𝐴 (
ℜ𝑇

𝑝𝐻𝑉𝑏𝑒𝑑𝜀
)𝑅 ∙ 𝑡𝐹𝐸/𝑃𝑈 Eq 4.1 

Here, R is the reflux flow rate, tFE/PU is the duration of the FE/PU step,  is the universal 

gas constant, T is the bed temperature, pH is the (high) bed pressure, Vbed is the bed’s 

volume,  is the void fraction, and A is the adsorbent’s separation parameter for 

component A [64, 65]. The quantity  (gas) (gas) (ads)

A A A An n n   , where 
(gas)

An   and 
(ads)

An  

are the number of moles of component A in the gas and adsorbed phases, respectively, 

is used widely in equilibrium theory to quantify an adsorbent’s capacity for a 

component. The term in brackets in Eq 4.1 quantifies the number of moles of gas phase 

within the bed, while the product RtFE/PU quantifies the number of moles of (heavy) gas 

that enters the bed during the high pressure purge step. According to this definition, to 

avoid breakthrough by component A into the light product, ℂ should have a value less 

than or equal to 1, with the equality only occurring when the minimum amount of 

adsorbent required is used and when the number of moles (of component A) fed to the 

bed during the purge step equals the total number of moles (of that component) within 

the bed’s gas and adsorbed phases. The definition shown in Eq 4.1 is inherently linked 

to the context of an equilibrium theory analysis of DR PSA cycles, where perfect 

separation is implicitly required. 

In practical implementations of DR PSA, ℂ remains an important concept in the 

analysis of separation performance; however, the definition needs to be modified to 

account for several practical consequences of imperfect separation as well as to enable 

expansion to PH configurations: 

 ℂ =
(𝑦𝐻𝑅𝐻 + 𝑦𝐹𝐹)𝑡𝐹𝐸/𝑃𝑈

𝑦𝐻(𝑝𝐻𝑉𝑏𝑒𝑑𝜀/ℛ𝑇) + 𝑚𝑎𝑑𝑠𝑄𝐴
 Eq 4.2 

Here RH and F are the heavy reflux and feed flow rates, respectively; QA
 = QA (pH, T, 

yH) is the equilibrium capacity of the absorbent for the heavy component; yH and yF are 

the heavy component fractions of the heavy product and feed, respectively; and mads is 

the mass of the adsorbent in the bed. The feed flow rate, F, is zero for PL cycles but 

non-zero for PH cycles because the feed enters mid-bed during the purge step of the 

latter but not the former. We note that in equilibrium theory models where perfect 
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separation was implicitly required, specification of RL constrains RH and they are not 

independent. However, in practice the ability to vary the heavy product flow rate 

introduces an additional degree of freedom that decouples the two reflux flows and, 

thus, RH is the more pertinent reflux flow to consider when it comes to the assessment 

of ℂ. 

Figure 4.7 shows the experimental product compositions obtained for each of the four 

configurations plotted as a function of ℂ. Clear maxima are apparent in all eight curves, 

four for the heavy product’s enrichment as measured by yH and four for the light 

product’s purity as measured by (1 – yL), with the average and standard deviation of ℂ 

at the maxima being 0.35  0.05. Small differences are apparent between the values of 

ℂ at which the optima occur for the A and B cycles, with the latter being smaller on 

average at (0.32  0.05) than the former at (0.38  0.03), suggesting slightly more of 

the bed was used in the purge step of A cycles before breakthrough occurred than for 

B cycles. This is generally consistent with the simulation results shown Figure 4.6: the 

quantity ℂ defined in Eq 4.1 is effectively proportional to the amount of methane 

entering the high pressure bed as the gas composition front evolves from Figure 4.6 (b) 

to Figure 4.6 (c). The difference in the positions of the CH4 gas composition fronts is 

essentially a qualitative measure of ℂ and provides insight into why the optima occur 

at such similar values for the A and B cycles. For A cycles, the CH4 front is already 

near the middle of the high-pressure column at the start of the purge step, and although 

that front sharpens as it propagates, the amount of the bed remaining for methane 

adsorption is limited. For B cycles, the CH4 front starts near the beginning of the bed 

and propagates to about the middle during the high pressure purge step. It also sharpens 

to an extent, although there is quite a long leading tail ahead of the front. However, the 

co-current nature of the blowdown that occurs in B cycles means that the CH4 front 

should not progress too far beyond the middle of the bed if contamination of the light 

product with methane is to be avoided. Therefore, in both cases only about 35 % of the 

bed is available for use during the high pressure purge step. 
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Figure 4.7 Experimental results for each cycle configuration from Table 4.3 showing the (a) 

heavy and (b) light product purity achieved as a function of the bed’s capacity ratio during the 

high-pressure purge step, ℂ, as defined in eq 4.1, with F = 0 for PL cycles and RL increased 

from left to right. 

Equilibrium theory models of DR PSA [64, 65, 96] show that the location of the feed 

position required to achieve perfect separation is linked to the value of ℂ. In this work, 

the fractional axial position of the feed zF was fixed at 0.5, which was found to 

correspond to an optimal separation at ℂ  0.35. We interpret this outcome as follows: 

for zF = 0.5, increasing RH to the point where ℂ > 0.35 meant that there was insufficient 

adsorbent available to prevent breakthrough of the CH4 gas front into the light product. 

In contrast, reducing RH so that ℂ < 0.35 caused the effective CH4 partial pressure in 

the column to be lower and thus reduced the driving force for adsorption. This 

mechanism is central to the reason why DR PSA cycles achieve a separation 

performance significantly greater than conventional PSA cycles: the use of reflux 

enhances the driving force for adsorption by raising the ratio of the adsorbate’s partial 

pressure well-beyond that of the bed pressures, pH/pL.  Thus, increased reflux improves 

separation performance up until the threshold value of ℂ is reached.  

Further optimisation of the separation performance could potentially be achieved by 

varying zF to allow a larger threshold value of ℂ. Equilibrium theory models of DR PSA 

have established a relationship between the value of zF required to achieve perfect 

separation for a given value of ℂ; however the extent to which this aspect of the theory 

translates to actual DR PSA separations is uncertain. In their experimental and 

numerical studies of DR PSA, Diagne et al. [63] and McIntyre et al. [91] both 

considered the effect of zF in the context of whether the feed composition matched the 
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axial composition profile within the bed. Figure 4.6 illustrates this point for the CH4-

N2 separation considered in this work, with a discontinuity in gas phase composition 

clearly apparent at zF = 0.5 for the PH-A (Figure 4.6 (c)) configuration. Smaller 

discontinuities are apparent for the PL configurations in Figure 4.6 (a) whereas for the 

PH-B configuration, there is only a minor perturbation apparent at zF = 0.5 by the end 

of the high-pressure purge step (Figure 4.6 (c)). By drawing an analogy with distillation, 

it has been reasoned that yF should not be too dissimilar from the methane mole fraction 

in the bed at zF if the separation is to be optimised [63, 91, 115-117]. Unlike distillation, 

however, the concentration profile in the adsorbent bed is not static even when the DR 

PSA process has reached cyclic steady state, suggesting that a more holistic set of 

criteria is required. Thus, it would seem that for physical DR PSA cycles further 

analysis of the optimal feed position, which considers the relationships between zF, yF 

and ℂ, is required.  

Inspection of Eq 4.2, indicates that tFE/PU acts in a similar manner to RH in determining 

the value of ℂ, so that decreasing the duration of the purge step should allow the reflux 

to be larger whilst still remaining at the same value of ℂ. Given that increased reflux 

acts to sharpen the mass transfer front [71], this suggests that an improved separation 

might be possible if tFE/PU is reduced while the product RtFE/PU remains constant and 

such that ℂ stays at or below its optimum value. Similarly, operational parameters that 

affect the magnitude of yH and/or RH, such as the choice of H / F (at a constant liqght 

reflux flow), could potentially cause the value of ℂ to change relative to its optimum, 

thereby affecting the separation performance achieved. The impacts of tFE/PU and H / F 

on the separation performance of each configuration, as well as on the value of both ℂ 

and the optimum value of ℂ (denoted ℂopt) are considered further in the next section. 

4.5.2 Heavy Product to Feed Ratio 

Figure 4.4 (b) shows how the heavy product to feed ratio, H / F, can be manipulated to 

bias the DR PSA separation towards either improved stripping performance (lower yL 

at higher H / F) at the expense of the heavy product’s methane fraction, or improved 

enriching performance (higher yH at lower H / F) at the expense of increased methane 

fraction in the light product. This parameter has not been considered by equilibrium 

theory models of DR PSA because of their requirement to operate at the fixed value of 

H / F = yF that ensures perfect separation. It is, however, clearly of practical importance 
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in the optimisation of physical DR PSA cycles. Figure 4.8 shows a Pareto plot where 

methane recovery (which increases with the purity of N2 in the light product) is plotted 

for each cycle configuration as a function of the heavy product’s methane fraction. To 

generate these results, experiments or simulations of DR PSA cycles with the same 

specified light reflux (2 slpm) and cycle parameters as specified in Table 4.1 and Table 

4.2 were conducted while H / F was varied from 0.03 to 0.36, as shown in Figure 4.4 

(b).  At large H / F values, the curves for all of the configurations exhibit a plateau 

where increasing the heavy product’s enrichment does not impact significantly the 

methane recovery achieved. However, as H / F approaches yF, further enrichment of 

the heavy product comes at the expense of reduced overall methane recovery, with a 

clear limiting value in the maximum enrichment achievable apparent for each 

configuration. 

 

 

Figure 4.8 Pareto plot of CH4 recovery vs CH4 concentration in the heavy product for activated 

carbon, varied by changing H / F from 0.36 (left) to 0.03 (right) and correspond to the yH values 

shown in Figure 4.4 (b). 

These results show that there are clear differences between the four DR PSA 

configurations for physical cycles, allowing their separation performance to be ranked. 

If the value H / F is large (relative to yF) so that the separation is biased towards 
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stripping, the A cycles achieve higher levels of methane recovery than the B cycles. In 

this region of the Pareto plot, the differences between the PL and PH slots are within 

the uncertainty of the experiments or simulations. That is, for these stripping 

separations the configurations were ranked PL-A  PH-A > PL-B  PH-B. However a 

distinction between the PH-B and PL-B occurs as H / F is decreased, with the PL-B 

cycle having the lowest enrichment limit of all four configurations, which occurs in the 

vicinity of yH  0.5, H / F  0.2. Around this point, the curves for the other three 

configurations also exhibit a small change in slope, with PL-A cycles clearly delivering 

superior a separation to the PH-A and PH-B cycles, until the point H / F = yF ( = 0.104), 

where material balance would allow for a perfect separation. At smaller values of H / 

F, the PH-B cycle achieves the largest enrichment factor with a value greater than seven, 

while the A cycles are essentially limited to producing an enriched product with yH  

0.7. That is, for these enriching-biased separations the configurations had the ranking 

PH-B > PL-A  PH-A > PL-B.    

However, these rankings of the four configurations for separations biased towards 

either stripping or enriching, respectively, correspond to a particular set of cycle 

parameters. A broader interpretation of these results should consider (i) the values of 

both ℂ and ℂopt corresponding to each configuration for this set of cycle parameters, 

and (ii) how ℂ and ℂopt change as those parameters are varied. To assess the second of 

these points, additional simulations were conducted for the PL-A cycle in which 3 key 

parameters were varied: H / F, tFE/PU and RL. The results are presented in Figure 4.9 

where the purity of the heavy product is shown as function of ℂ for 4 different 

combinations of H / F and tFE/PU. Within each of these four cases the value of RL 

specified in the PL-A simulation (RH is fixed when F, H and RL are specified) was 

adjusted over a range to ensure the value of ℂ calculated from Eq 4.2 spanned the 

condition of optimum separation performance (as shown in Figure 4.7, yL is generally 

a minimum when yH is a maximum). 
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Figure 4.9 Simulated separation performance as quantified by heavy product purity, yH, for PL-

A cycles as a function of the heavy purge to capacity ratio, ℂ, calculated using Eq 4.2 by varying 

the light reflux RL, for different combinations of feed-purge step duration tFE/PU and heavy 

product-to-feed ratio, H / F. 

It is apparent from the results shown in Figure 4.9 that the location of ℂopt and/or the 

associated maximum heavy product purity, 
(opt)

Hy , vary with H / F and tFE/PU.  For the 

same purge step duration (tFE/PU = 120 s), the change in 
(opt)

Hy is significant (0.68 to 0.35) 

as H / F is reduced by an order of magnitude from 0.3 (stripping biased) to 0.03 

(enriching biased). This reflects the impact of using material balance to bias the 

separation as was also shown in Figure 4.8. However, the change in ℂopt with H / F is 

relatively small, shifting from about 0.38 to 0.40. This suggests that the impact of 

increasing yH on the value of ℂ is relatively small and, moreover, that approaches to the 

optimisation of a DR PSA cycle’s separation performance can consider the key 

parameters ℂ and H / F independently.  

In contrast, there is a clear dependence of both 
(opt)

Hy and ℂopt on tFE/PU, with the former 

decreasing as the purge duration is increased while the latter decreases. The shift to 

higher values of ℂopt as tFE/PU increases occurs because more of the bed gets regenerated 

during the low pressure, light-product purge step (Step I in Figure 4.6) and is therefore 

available for adsorption during the high pressure, heavy product purge step (Step III in 



 

102 

 

Figure 4.6). The value of 
(opt)

Hy decreases with larger tFE/PU presumably because there is 

additional time for dissipative effects like thermal waves and gas dispersion to act.  

When assessing the poorer separation performance of the B configurations observed in 

Figure 4.8 relative to the A configurations for large values of H / F (i.e. cycles that are 

biased towards stripping), the relative values ℂ and ℂopt for each cycle should be 

considered first. At H / F = 0.35, with RL = 2 slpm the values of ℂ were 0.286, 0.222, 

0.293 and 0.222 for the PL-A, PH-A, PL-B and PH-B configurations, respectively. In 

all cases, this is lower than the values of ℂopt for the A and B configurations (0.38 and 

0.33, respectively), with the B cycles in fact being slightly closer to the optimum than 

the A cycles. Rather it is the nature of the PR/BD step that causes the B configurations 

to have poorer stripping performance. During the blowdown step, some of the desorbed 

methane becomes entrained in the N2-rich gas being transferred to pressurise the other 

bed. That methane will accumulate near the end of the high-pressure bed from which 

the light product will be produced, and thus represents a potential source of 

contamination in the stripped product. 

The PR/BD step also helps explain why the PH-B cycle ultimately performs best at 

enrichment-biased separations with small H / F. For A configurations, some of the 

methane desorbed during the depressurisation is transferred to the other column, prior 

to the start of the low pressure purge step during which the majority of the enriched 

heavy product is delivered.  In contrast, all the desorbed methane liberated during the 

blowdown enriches the gas phase in the B configurations and is available to be 

displaced during the low pressure purge step. While this causes the enrichment 

achievable to be a maximum for PH-B cycles, the presence of the N2 rich feed entering 

mid-bed during the low pressure purge step places a significant limit on the maximum 

enrichment achievable for the PL-B cycles. Similarly, the proximity of the feed stream 

to the light product in PH-A cycles is the reason its stripping performance is slightly 

worse than that of PL-A cycles. 

4.5.3 Cycle work 

The energy consumed per cycle in a DR PSA process consists of the compression work 

required to (a) drive the heavy reflux flow in the feed/purge step, and (b) pressurise the 

bed during the PR step. The work, W, required for each mole of gas compressed was 

estimated for the case of a single stage isentropic compressor [64, 65, 71, 92] using: 
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 Eq 4.3 

where pin and pout are the compressor’s suction and discharge pressures respectively, Tin 

is the inlet gas temperature, and  is the specific heat ratio of the gas. For the FE/PU 

step, pout= pH and pin= pL. For the PR/BD step, the work associated can be estimated by 

assuming that the compressor only required power once the bed pressures equalized, 

i.e. pin = (pH + pL)/2, or the integral equations presented by Kearns and Webley can be 

applied [64, 65]. In actual practice, the work required for PR/BD step can be directly 

obtained from the simulation software. 

 

 

 

Figure 4.10 Left: Comparison of cycle work per mole of feed processed at a constant reflux 

flow rate of RL = 2 slpm for each configuration. Right: Schematic explanation of why PL 

configurations require more work, particularly when both products are delivered at high 

pressure. 

The left panel of Figure 4.10 shows the cycle work per mole of feed processed for 

experiments 26, 30, 35 and 41, which correspond to cycles from each of the four 

configurations in which the light reflux was 2.06  0.07 slpm, and the separation 

performance was very similar (<yH> = 0.45  0.02, <1-yL> = 0.989  0.002). Per mole 

of feed processed per cycle, the B-configurations require approximately 14% less 

energy than the A-configurations, while the PH-configurations required approximately 

24% less energy than the PL-configurations. The right panel of Figure 4.10 illustrates 
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the reasons for this latter observation: both products are delivered at high pressure and 

the feed is at low pressure. If the heavy product were instead delivered at low pressure, 

then the PL cycle work would also be reduced towards that of the PH cycle, although 

the low pressure feed means PL cycles will always require extra work. The discrepancy 

between the A and B configurations is due to methane’s preferential adsorption in 

comparison to nitrogen; the A configurations require a larger amount of methane to be 

transferred to complete the pressurisation step in comparison with the amount of 

nitrogen that needs to be transferred in the B configurations. 

 

Figure 4.11 Cycle work per mole of CH4 captured as a function of (a) H / F for 1.6 < RL / F   

1.7, and (b) RL / F for H / F = 0.1. 
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Although the B configurations require slightly less work per mole of feed, the cycle 

work per mole of CH4 captured might be a more important consideration. This quantity 

is plotted in Figure 4.11 as a function of both H / F and RL / F. In this work, the PL-B 

configuration generally had the lowest methane recovery factors (see Figure 4.8) and 

thus it had the highest cycle work per mole of CH4 captured of any configuration. In all 

cases the cycle work per mole of CH4 captured rapidly increases for H / F < 0.1 because 

the CH4 recovery decreases and, since F is constant and H is being reduced, RH 

increases leading to more compression work. Nevertheless, for the vast majority of 

conditions investigated the compression work per mole of CH4 was substantially lower 

than the methane’s standard heating value of 890 kJmol-1 [4], suggesting the potential 

for a reasonable energy surplus. While the PL-B configuration consumed the most 

energy per mole of CH4 captured over virtually the entire range of conditions 

investigated, the other three configurations were quite similar for H / F > 0.1, 

particularly in light of the work penalty applied to the PL-A cycle because of the low 

pressure feed. At lower values of H / F, the PH-B configuration, which requires the 

least cycle work per mole of feed, achieved significantly larger CH4 recovery than the 

A configurations and thus had the lowest work per mole of CH4 captured by some 

margin. Figure 4.11 (b) shows how a minimum is achieved in in this quantity for both 

the PH configurations, by adjusting the light reflux flow rate. In these cases, the extra 

compression work associated with increased reflux is offset through the increased 

methane recovery, until the optimum is reached corresponding to the light reflux that 

produces the threshold value of ℂ  0.35. Further increases in reflux raise the work done 

per cycle but lead to reductions in the methane recovery as breakthrough into the light 

product occurs, and thus the work per mole of CH4 captured increases. 

4.6 Conclusions 

In this work, all four base configurations of DR-PSA cycles identified by Kearns and 

Webley [64, 65] were for the first time demonstrated experimentally and compared 

using activated carbon for the separation of N2 + CH4 mixtures. Non-isothermal 

dynamic simulations of the four cycle configurations were validated against the 

experiments and used to explore efficiently how to optimise the separation performance 

of the cycles by varying key parameters. Results obtained from equilibrium theory 

analysis of DR-PSA cycles, where perfect separations are assumed, were investigated 

and extended. Additionally, the heavy product-to-feed ratio (H / F) was shown to be an 
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important cycle parameter that can be manipulated in physical DR-PSA cycles (which 

are free from the ‘constraint’ of perfect separation) to bias the separation towards 

improved stripping or improved enrichment. 

For a physical DR-PSA cycle with specified adsorbent properties, bed pressures and 

feed location, the following procedure can be used to optimise the separation 

performance for a feed containing a heavy component fraction of yF.  

1. Based on the objective of the required separation, select a value of H / F. If a 

separation biased towards stripping is desired then set H / F > yF, while if an 

enriching-biased separation is desired then set H / F < yF. Initially, the ratio of H / 

F should be set within a factor of 2 of the ideal separation condition (H / F = yF) 

because the purity of the desired product improves slowly with changes in H / F in 

comparison with the degradation of the other product’s purity. 

2. Select a duration for the feed/purge step, tFE/PU, which achieves a balance between 

the separation performance and productivity of the cycle. Shorter values of tFE/PU 

achieve higher product purities but decrease the cycle’s productivity, which means 

more DR-PSA units would be required to process a given feed flow rate 

continuously. Practically, the number of DR-PSA units required (and hence the 

capital cost of the process) would be kept to a minimum. 

3. Choose a reflux flow rate and evaluate ℂ using Eq 4.2. Initially, the reflux should 

be chosen such that ℂ is small (e.g. ℂ  0.2) and the separation performance at 

cyclic steady state assessed in terms of the product purities. The reflux should then 

be increased and the impact on the product purities monitored: generally increasing 

the reflux should improve the product purities until the optimum value of ℂ, after 

which point further increases in reflux will degrade the separation performance.  

Of the four DR-PSA configurations, the PL-A and PH-A cycles were found to be best 

for separations biased towards stripping or close to ideal, while PH-B cycles achieved 

the highest enrichment ratios. The work required per mole of feed treated was similar 

across the four configurations, once differences between the pressures of the product 

streams are accounted for: B cycles require slightly less work than A cycles because 

transferring a fixed amount of the lighter component results in a higher bed pressure 

than for the same amount of the heavy component due to adsorption during the PR step. 

For the separations considered here, the cycle work per mole of CH4 captured by each 
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configuration was generally well below the heating value of methane. However, when 

the separations were biased towards enrichment the CH4 capture cycle work increased 

for all configurations rapidly as H / F decreased, which should be considered in any 

process optimisation. Similarly, the improved separation performance achieved by 

increasing the reflux (for ℂ < ℂopt) generally comes at the cost of increased CH4 capture 

cycle work, although a shallow minimum is observed in some cases when the 

improvement in separation performance achieved with small amounts of reflux is 

significant. Similarly, separation performance could be expected to improve if an 

adsorbent with larger selectivity were used, or if a higher bed pressure ratio were 

implemented (with greater cycle work). Future work should consider further the role of 

feed location on the optimisation of DR-PSA cycles. 
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5.1 Foreword 

This chapter was prepared as a full journal paper and was under revision by the date of 

thesis submission. The revised version would be likely submitted to AIChE journal. 

The format and the layout of this manuscript has been adjusted to fit the style and the 

logic of the thesis. The objective of this work was to present a novel configuration of 

dual reflux pressure swing adsorption (DR-PSA) with total reflux steps that can further 

increase product purities compared to conventional DR-PSA cycles. The hypothesis 

was validated through numerical simulations and experiments for CH4 and N2 

separation. The reason of increased product purities was investigated and explained 

through exploiting simulation results. A novel adsorbent: TMAY was introduced which 

showed higher equilibrium selectivity of CH4 and N2 than the Norit RB3 activated 

carbon used in Chapter 3 and 4. Total reflux DR-PSA experiments were carried out and 

the results revealed a superior separation performance that simultaneously achieved 

high enrichment and high recovery. The experiments in this chapter were carried out 

by the author using the DR-PSA apparatus located in the University of Western 

Australia. The simulations and result analysis were performed by the author in the 

University of Auckland. 

5.2 Introduction 

Pressure swing adsorption (PSA) is a widely applied gas separation process that works 

by exploiting differences in the adsorption capacities of the constituent gas. It is used 

mainly for separating a binary gas mixture into a light product (concentrated in the more 

weakly-adsorbed component, B) and a rich product (concentrated in the more strongly-

adsorbed component, A). Due to its physical nature and relatively low energy 

consumption, it has been successfully applied in various industries, including 

hydrocarbon separation, hydrogen purification, air drying, and air separation [5, 46]. 

Depending on configuration, PSA processes can be categorized into stripping PSA 

which aims to produce a pure lean product, enriching PSA which aims to produce a 

pure rich product, and dual reflux PSA (DR-PSA), which aims to produce two pure 

products simultaneously. Of these, DR-PSA has drawn attention recently due to its 

potential for perfect separation [68, 92, 97].  

Figure 5.1 shows a typical step layout of a DR-PSA process, which requires at least two 

columns working in parallel to conduct the separation. The feed stream enters the 



 

110 

 

column at an intermediate position along the column. At one end, the light product is 

drawn from the column undergoing high pressure adsorption and a part of the product 

is refluxed to the low pressure desorption column through a valve. At the other end, the 

rich product is drawn from the desorption column and a part of that product is refluxed 

to the adsorption column through a compressor. After the adsorption column is 

saturated and the desorption column is fully regenerated, the pressures of the two 

columns are reversed by first connecting the two columns until their pressures are 

equalized, then using a compressor to further reverse the pressure. A typical DR-PSA 

cycle includes four basic steps: feed (FE), purge (PU), pressurization (PR) and blow 

down (BD), which occur in the pairs FE/PU and PR/BD so that every half-cycle is 

symmetric with each column’s state, swapping during the second half of the cycle. The 

cycle can be configured so that the feed stream enters either the high pressure (PH) 

column or the low pressure (PL) column. Similarly, the cycle can be configured so that 

the pressure inversion is carried out by transferring gas between the ends of the columns 

that are rich in either the heavy (more adsorbed) component (A), or in the light (less 

adsorbed) component (B). This leads to the four DR-PSA configurations, referred to as 

PH-A, PH-B, PL-A and PL-B [64, 65]. 

 

Figure 5.1 Process schematic for half of a DR-PSA cycle in a PL-A configuration. FE: feed 

step (desorption). PU: purge step (adsorption), PR: pressurization step, BD: blowdown step. 

The heavy gas (CH4) is shown in red and the light gas (N2) is shown in green within the 

adsorption columns 
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The first idea of DR-PSA was proposed by Levitt and Hirose independently, where they 

explored the potential of conducting perfect separation using DR-PSA [118, 119]. 

Diagne et al. were the first to successfully perform DR-PSA experiments for separating 

CO2 and air using a PH-A configuration with zeolite 13X. A 20 mol % of CO2 – air 

mixture was separated into a 3 mol% CO2 and an 80 mol % CO2 rich product [88]. The 

effects of key operational parameters such as pressure ratio, axial feed position, reflux 

ratio and throughput, and the advantages of DR-PSA over conventional 

stripping/enriching PSA were demonstrated in their follow up work [89]. One of the 

first numerical models was also proposed by Diagne et al. for CO2/N2 separation. The 

simulation results showed a close match with their experimental results, although N2 

was assumed to be non-adsorbable and they reported a 10% mass balance error. An 

equilibrium theory model was developed by Ebner & Ritter [95], and demonstrated that 

DR-PSA can in theory carry out perfect separation for a binary mixture feed. The 

equilibrium theory model was later extended by Kearns & Webley [64, 65], in terms of 

describing the axial gas composition profile movements inside the column for all four 

fundamental configurations when the DR-PSA reaches cyclic steady state (CSS), as 

well as comparing the energy consumption. McIntyre et al. performed a series of 

experiments separating C2H6 and N2 using a PL-A configuration and four key 

operational parameters on cycle performance: light reflux rate (RL), feed step time (tF), 

heavy product flow rate (H) and feed composition (yF) were studied [90, 91]. Bhatt et 

al. performed a total of 9 experiments separating CH4 and N2 via a PH-A configuration 

using Norit RB1 activated carbon. They also developed an isothermal numerical model 

to describe their experiment using a commercially available software package, Aspen 

Adsorption and obtained a deviation in the CH4 mol fraction in heavy product ranging 

from -0.02 to 0.08 out of 0.6 between model predictions and experimental results [68]. 

Bhatt et al. subsequently performed 19 numerical simulations in comparison with 

McIntyre et al.’s experiments, in order to demonstrate the effect of different parameters, 

including axial feed position (zF), tF, RL, H and yF. Saleman et al. [92] reported the 

results of 24 PL-A experiments conducted using the activated carbon Norit RB3 to 

separate N2 and CH4, with the primary objective being to minimise methane content in 

the light product while still having a useful concentration of methane in the heavy 

product. In one experiment a feed containing 2.4 mol% CH4 in N2 was separated into a 

heavy product stream containing 35.7 mol% and a light product containing less than 

0.3 % CH4. Zhang et al. developed a non-isothermal numerical simulation of DR-PSA 
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and proposed a robust way to correct mass balance problems due to the non-mass 

conservative behaviour of the finite difference method. The simulation results showed 

excellent match with Saleman et al.’s experimental results with r.m.s deviations of 

0.003 for CH4 mol fraction in light product, and 0.024 for CH4 mol fraction in heavy 

product. Also, the model was able to accurately predict bed temperatures with the r.m.s 

difference calculated as 1.1 K in a 10 K peak-to-peak swing [71].  

While above modelling and experimental work were all based on either PL-A or PH-A 

configuration, Sivakumar and Rao proposed the only enhanced DR-PSA found in 

literature that involves an intermediate BD step to further increase product purities [66, 

67]. By introducing an intermediate pressure p’L, the first BD step only decreases the 

pressure from pH to p’L (pL<p’L<pH). Then, the rich gas is counter-currently extracted 

from the BD column so that the second BD step decreases the pressure from p’L to pL. 

However, since a portion of the gas exiting the BD column was extracted as rich product, 

it was apparent that the PR column could not receive enough gas to pressurize the 

column back from pL to pH. The source of gas to mitigate such difference was unclear. 

Although the process indicated a gas surplus during FE/PU step, it was unclear how to 

balance the entire system and reach cyclic steady state. Nevertheless the simulation 

results showed that the modified DR-PSA can potentially achieve the same product 

purities with 2.6 times the feed throughput and around 1/3 of the pressure ratio. Also, 

the simulation results lack experimental support so that the validity of the simulation 

was compromised.  

In this work we present a new configuration of DR-PSA to further improve product 

purities from conventional DR-PSA by introducing a total reflux step. A series of 

experiments were performed that involved a total reflux step for separating CH4 and N2. 

The relationship between product purities, specific work and total reflux step time were 

studied. The DR-PSA cycles with total reflux steps were then simulated using a 

dynamic numerical model consisting of material, momentum and energy balances as 

well as a complete pressure-flow network in Aspen Adsorption. The predicted product 

purities for the total reflux DR-PSA were compared with those from conventional DR-

PSA cycles. Finally, we explored a total reflux DR-PSA where no feed was admitted 

into the system and examined its potential use. 
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5.3 Description of DR-PSA with total reflux steps 

In our previous simulation of conventional DR-PSA cycles using a PL-A configuration, 

the instantaneous heavy product composition was observed to be at its maximum by 

the beginning of the FE/PU step, and then continued to decrease throughout the rest of 

the FE/PU step.  

 

 

Figure 5.2 (a) Illustration of CH4 mol fraction change in heavy product during a typical FE/PU 

step for conventional DR-PSA and (b) the reason of such behaviour through the analysis of bed 

concentration profile during FE step. 

Figure 5.2 (a) showed typical instantaneous yH values during the FE/PU step for a DR- 

PSA cycle with a PL-A configuration obtained from our previous work (run #13 in 

Table 3.5) [71]. It was evident that the instantaneous yH showed a steady decrease from 

0.74 at the beginning of the PU step to 0.35 by the end of the step. The reason of a 

decreasing yH during PU step can be explained through Figure 5.2 (b), which shows 

the gas concentration profile at the beginning, middle and end of PU step. It can be 
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observed that while yH was obtained at z = 0, the light reflux entering the column at z 

= 1 and the feed at z = 0.5 pushed the concentration profile towards z = 0 and meanwhile 

lowered it from 0.7 to 0.35 at z = 0. Due to the steady decrease of yH during the FE/PU 

step, it is possible to only draw a portion of the purer products at the beginning of the 

FE/PU step and reflux all the product that is less pure for the rest of the FE/PU step. It 

is also apparent that the larger time for the total reflux i.e., smaller time frame for 

drawing products, the purer the products can potentially be. Similar ideas were 

mentioned by Sivakumar et al. but was described as that the purity of products was 

found to be higher than those of conventional DR-PSA, but the improvement was 

insignificant. However, no further details were given in terms of the improvements in 

product purities as well as any experimental validations. 

Figure 5.3 shows a typical cycle setup for a total reflux DR-PSA. Compared to the 

conventional DR-PSA illustrated in Figure 3.1, the former FE/PU step was broken 

down into two sub steps, namely FE/PU and FE/PU(TR). While the new FE/PU step 

has the exact same layout as conventional DR-PSA, no feed nor light/heavy product 

was entering/exiting the system during the FE/PU (TR) step, but both light and heavy 

reflux flows were still maintained. Finally, the PR/BD step was carried out similarly to 

the conventional DR-PSA in order to reverse the pressure of the two columns.  

 

Figure 5.3 Process schematic for half of a total reflux DR-PSA cycle in a PL-A configuration. 

FE: feed step (desorption). PU: purge step (adsorption), FE (TR): desorption with total reflux, 

PU (TR): purge with total reflux, PR: pressurization step, BD: blowdown step. 
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5.4 Laboratory-scale experiment and simulation setup  

Figure 5.4 shows a simplified pressure flow diagram of the laboratory scale DR-PSA 

apparatus designed and described by Saleman et al. [92] which was subsequently used 

in this work to study total reflux DR-PSA cycles. The apparatus consists two adsorption 

columns with their lengths and internal diameters listed in Table 3.4. Each column was 

filled with 410 g of Norit RB3 activated carbon which was fully regenerated before the 

experiments. The properties of the adsorbent were measured and presented in our 

previous work [71]. The feed gas entered the centre location along either column (z = 

0.5), where z = 0 refers to the heavy reflux end and z = 1 refers to the light reflux end. 

The composition and the flow rate of the feed were regulated by two mass flow 

controllers by adjusting the flow ratio between pure CH4 and N2 feed gas. In this work, 

the feed was set to be 1.25 slpm and contained 10.4 mol% of CH4 (0.13 slpm for pure 

CH4 and 1.12 slpm for pure N2). The mass flow rates of light reflux and heavy product 

were controlled by another two mass flow controllers (MFC). The pressures of the two 

columns were regulated by two back pressure regulators (BPR) located at the top and 

bottom of the high and low pressure columns, respectively. Another two BPRs were 

used to regulate the pressure in the light and heavy reflux manifolds by releasing light 

product and heavy reflux, respectively. The flow rates of the light product and heavy 

reflux streams were measured by two mass flow meters (MFM). The BPRs, MFMs and 

MFCs were all sourced from Alicat Scientific Inc. and the uncertainties of the BPRs, 

MFCs and MFMs were 0.25%, 0.4% and 0.2% of full scale, respectively, while the 

MFMs and MFCs had an additional uncertainty contribution of 0.8% of the measured 

flow rate.  
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Figure 5.4 A simplified schematic of the laboratory scale DR-PSA apparatus, configured for 

the PU step (relative to Bed 1) using a PL-A configuration. Valves in shallow/solid represent 

their open/close position during the PU step [92]. 
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The common operational and adsorbent parameters used in the experiments as well as the 

simulation can be found in Table 3.4. The gas temperature inside the column was measured by 

eleven temperature sensors (Omega PR-20 (PT100), Class A, 4-wire) embedded along the 

length of both columns. T-1 was located by the light reflux end and T-11wa located by the 

heavy reflux end, while T-6 was located at the middle of the column. The gas compression in 

the apparatus was achieved by KNF Neuberger N022 diaphragm reciprocating compressors. 

Gas compositions were measured by two QMS-100 series mass spectrometers from Stanford 

Research Systems, which were connected to the two product gas streams in the system. Each 

experiment was performed for approximately 24 hours to ensure that the cyclic steady state 

(CSS) had been reached. Once the CSS had been achieved, the overall and component material 

balance were checked to ensure the validity of the experimental results. 

The work for the entire DR-PSA process was attributed to the compressor in the system. 

The work for the ideal compressor was calculated from the throughput, N, gas 

temperature at suction end (Tin), suction, pin, and discharge, pout, pressures using the 

equation suggested by Kearns and Webley [65].  

 W𝐹𝐸/𝑃𝑈 = 𝑁
𝛾ℜ𝑇𝑖𝑛
𝛾 − 1

((
𝑝𝑜𝑢𝑡
𝑝𝑖𝑛

)
(
𝛾−1
𝛾

)

− 1) Eq 5.1 

The simulation of total reflux DR-PSA was developed in Aspen Adsorption. The 

modelling method was presented and discussed in detail in our previous work [71]. The 

simulation layout follows that one described in Figure 3.2. The key simulation 

parameters follows those shown in Table 3.4 and the governing equations can be found 

in Table 3.1. The key assumptions of the model include momentum balance and 

pressure drop described by the Ergun Equation, material balance described by 

convection with constant axial dispersion, linear driving force kinetic model describing 

the flux between the gas and adsorbed phases with constant mass transfer coefficients, 

extended Langmuir isotherm model with competitive adsorption determined by partial 

pressures of each component in the gas phase, rigorous energy balance incorporating 

both gas-phase convection and solid-phase conduction and gas phase material balance 

described by the ideal gas law. 
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Figure 5.5 Process flow diagram of the numerical DR-PSA model implemented in Aspen 

Adsorption for the PL-A configuration for (a) FE/PU (TR) steps and (b) PR/BD steps. Valves 

are shaded white or black to indicate whether they are opened or closed, respectively, and the 

arrows indicated gas flow direction during the FE/PU step.  

Since Figure 3.2 only shows the gas flow direction and valve openings for FE/PU step, 

those for FE/PU(TR) step and PR/BD step are shown in Figure 5.5. The valves that 

associated with feed, light reflux and heavy product were specified as constant mass 

flow (ideal MFC), while those associated with light product and heavy reflux were 

specified as constant Cv in order to provide a flow dependent on the pressure drop. The 



 

119 

 

valves connecting void tanks and compressors were specified as constant Cv as 

recommended by Aspen Adsorption in order to improve overall simulation stability. 

The FE/PU(TR) steps were implemented by shutting down the feed and product valves 

but leaving the reflux valves open at their designated positions.  

Each column section illustrated in Figure 3.2 and Figure 5.5 was configured to have 25 

nodes each, which was found sufficient for the numerical simulation using Norit RB3 

activated carbon [71]. The simulation was initialized by setting the adsorbed and 

gaseous phase CH4 mole fractions everywhere within the network to be equal to the 

feed gas CH4 mole fraction. Similarly the temperature everywhere within the network 

was initially set to be that of the ambient temperature. The partial differential equations 

groups described in Table 3.1 were discretized using the Upwind Differencing Scheme 

1, and then integrated with respect to time using the Implicit Euler method. The solution 

was considered to have converged when the maximum change in a variable was less 

than or equal to the specified absolute tolerance and the specified relative tolerance  

variable value. The absolute and relative tolerances were both set to be 1×10-5, and a 

variable step size (1×10-5 s to 0.2 s) was used to increase calculation speed while still 

ensuring the error norm was always satisfied. The predicted yL and yH values were 

corrected by the same method proposed in our previous work in order to guarantee that 

the mass balance should always be guaranteed at CSS [71].  

5.5 Results and Discussion 

In this section, a comprehensive comparison between the experimental and modelling 

results is provided. To investigate the effect of the length of the total reflux step on final 

product compositions and specific work, a baseline scenario was set up and the total 

reflux time was increased from 0 s (baseline) to 120 s, with an increment of 30 s. In 

order to provide a consistent baseline for comparison, the sum of tTR and tFE/PU was kept 

at 120s. The H / F ratio was set to be the same as yF for all runs so that the separation 

can be carried out without the limitation of product purities bounded by mass balances. 

The operational parameters measured from experiments and those used in the 

simulations are shown in Table 5.1. 

It should be noted that experiments were also performed for run #5 and #6. However, 

the experimental results showed an abnormal pattern which can be explained by some 

limitations to the experiment. Since run #5 and #6 only have 15 s and 5 s for FE/PU 



 

120 

 

steps, it was found that the BPRs required at least 8 s to stabilize the pressures in both 

columns and the MFC for heavy product stream did not reach its set point (0.11 slpm) 

until 10 s after the FE/PU step begins. As a result, there is not enough time for the DR-

PSA apparatus to generate an effective and stable product and product purities were 

therefore compromised. However, mimicking such dynamics in numerical simulations 

include implementing the characteristics of each controller, which was considered 

subtle and unnecessary given the current complexity of the numerical simulation. 

Run #7 featured a trial run without FE/PU step, also no product was obtained. Although 

it was impossible to examine the product purities, the effect of running DR-PSA with 

only FE/PU (TR) step was examined by carrying out a normal cycle with no total reflux 

(as run #1) until CSS, and then performing 20 total reflux cycles. To observe whether 

run #6 can further concentrate light and heavy products at the two ends of the column, 

it was then followed by performing another run #4 to examine the product compositions 

until it reaches CSS again. The results are further discussed in section 5.5.4.  

Table 5.1 Operating parameters measured from experiments and used in simulations for Norit 

RB3 adsorbent. *Simulation only. 

Run Specified in simulations and set in 

experiments 

Calculated (from 

simulation) 

tF tTR tPR/BD 

yF F H RL RH L 

  slpm slpm slpm slpm slpm s S s 

1 0.104 1.169 0.127 4.156 4.770 1.042 120 0 90 

2 0.104 1.218 0.132 4.011 4.841 1.086 90 30 90 

3 0.104 1.203 0.132 4.032 5.525 1.070 60 60 90 

4 0.104 1.206 0.132 4.094 5.152 1.073 30 90 90 

5* 0.104 1.200 0.130 4.000 5.350 1.070 15 105 90 

6* 0.104 1.200 0.130 4.000 5.350 1.070 5 115 90 

7 0.104 N/A N/A 4.008 5.876 N/A 0 120 90 

 

5.5.1 Product purities and separation work for Norit RB3 activated carbon 

The purity of both light and rich product, as well as the calculated specific work are 

shown in Figure 5.6 and Figure 5.7. 
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Figure 5.6 The purities of light product (1-yL) and heavy product (yH) with respect to tF and tTR. 

Coloured data points are measured from experiments and hollow ones are obtained from 

simulations. A tTR = 105s and 115 s was purely produced in simulation. 

 

Figure 5.7 Calculated work per cycle and specific work with respect to tTR from simulations. 

The experimental results presented in Figure 5.6 revealed that the light product purity 

(1-yL) and the heavy product purity (yH) both increased with respect to higher total 

reflux time tTR, which agrees with our hypothesis. The purity of the light product 
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increased from 0.937 to 0.977 and the purity of the heavy product increased from 0.592 

to 0.757 when tTR was increased from 0s to 90s.  

The simulation results showed a steady increasing trend of (1-yL) and yH with respect 

to tTR. However, it can be observed that the increase of product purities were more than 

simulations, due to the limitations of experiments with respect to controller response 

speed and idealization of pressure-flow network in simulations. The predicted (1-yL) 

and yH kept increasing until they reached maximum of 0.989 and 0.868, respectively, 

when tTR was arbitrarily increased to 115 s. As for the separation work, it remained 

relatively steady for all the runs since tF+tTR was kept as 120 s, and all other operational 

parameters were hold constant. However, since no feed was entering the system and no 

product was being produced during the FE/PU(PR) step, the specific work dramatically 

increased from 18.6 kJ·mol-1 feed for tTR = 0 s, to 462.7 kJ·mol-1 feed for tTR = 115 s, 

indicating a significantly elevated operational cost and dropped productivity. 

Nevertheless, such increase in operational cost can be potentially mitigated by the 

higher margin of products due to their increased purities. 

5.5.2 Analysis of the dynamics 

To further illustrate the mechanism of total reflux DR-PSA cycles, the instantaneous 

methane molar fraction of heavy reflux (yHR) during the entire feed combined with the 

total reflux step is shown in Figure 5.8. It should be mentioned that yHR was studied 

instead of yH since no product was produced during the total reflux step, and their 

compositions were identical since they can be considered as two branches of the gas 

leaving the desorption column. 
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Figure 5.8 Instantaneous methane molar fraction of heavy reflux for FE/PU (solid line) and 

FE/PU(TR) (dashed line) steps.  

It can be observed that all four curves showed a similar trend that the yH decreases with 

respect to time, regardless of tTR. Since the heavy product was only produced during 

the FE/PU step (solid lines in Figure 5.8), the larger the time frame for tTR, the higher 

the average of yH over the entire step.  

A comparison of the axial bed temperature profile obtained from experiment and 

simulation for run 1-4 by the end of PU(TR) and FE(PU) step at CSS is shown in Figure 

5.9. Figure 5.10 shows the axial gas composition profile that can only be obtained from 

simulations. 
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(a) 

 

(b) 

Figure 5.9 Temperature profile comparison by the end of (a) PU(TR) and (b) FE(TR) steps at 

CSS. The arrow indicates the gas flow direction for the cycle. 

 

From Figure 5.9 (a), it can be observed that since <tF + tTR> for runs 1-4 was kept as 

120 s, the adsorption front indicated by the axial temperature can be found at the same 

location. Furthermore, with the increase of tTR time and also as a result of increased 

product purities, the peak temperature for the axial temperature profile showed a slight 

increase, around 1.5 °C from experimental results and was also accurately predicted by 

simulations. The r.m.s deviations of the axial temperature profile were calculated as, 

0.55 °C, 0.72 °C, 0.60 °C and 0.86 °C for runs 1-4, respectively. For Figure 5.9 (b), both 

experimental and simulation results clearly revealed a temperature gradient across the 

bed, where the light reflux end appeared to be around 3 °C warmer than the heavy reflux 

end. The results also showed that an increasing tTR time would result in a steeper 

temperature gradient across the bed, due to increased product purities.  
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(a) 

 

(b) 

Figure 5.10 (a) Axial gas phase methane composition profile by the end of PU(TR) step at CSS 

and (b) shows a zoomed in view of z = [0.7, 1] 

The axial gas composition profile which can only obtained through simulations was 

shown in Figure 5.10 (a) and (b), where (b) zooms in the part of z = [0.7, 1] in order to 

provide a better resolution of the adsorption front. Figure 5.10 (a) demonstrated that the 

methane front with respect of different tTR by the end of the PU(TR) step were at around 

the same location (z = 0.85), similar to those temperature front derived from Figure 5.9 

(a). From Figure 5.10 (b), it is interesting to observe that the slope of the gas 

concentration front appeared to be sharper with a larger tTR. As a result, the CH4 

composition on the light reflux end can be observed to be lowered when tTR was 

increased, suggesting a purer light product was simultaneously being produced. 
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5.5.3 Product purities versus recovery 

Figure 5.11 illustrates the methane recovery rate (defined as 
𝑦𝐻∙𝐻

𝑦𝐹∙𝐹
) with respect to the 

enrichment ratio (defined as yH/yF) of all the experiments performed by Saleman et al., 

which are all based on a PL-A configuration and with the same methane composition 

in feed (yF = 0.104).   

 

Figure 5.11. Comparison of enrichment ratio and methane recovery of experimental results with 

yF = 0.104 for normal DR-PSA cycles and total reflux DR-PSA cycles with Norit RB3 adsorbent.  

It can be observed that for conventional DR-PSA cycles, high enrichment ratio and high 

methane recovery rate cannot be simultaneously reached, therefore it forms a recovery-

enrichment limit which can be commonly found in all types of separations. The 

separation limit for the particular experimental setup (column size, pressure ratio & yF) 

is shown in Figure 5.11 as the dashed line. The experimental results with conventional 

DR-PSA cycles falls into the left hand side of limit. The enrichment ratio of these 

experimental results barely reached 5 when recovery was above 90%, and when 

enrichment ratio was above 7, the maximum recovery was below 40%. The three key 

parameters that are commonly used to optimized DR-PSA systems: RL/F, tF and H/F 

affect both enrichment ratio and recovery, and are explained as follows. The 

combination of RL/F and tF mainly controls the methane front in the adsorption column: 

the correlation point in Figure 5.11 moves towards upper-right corner when the 

adsorption column is more fully used until breakthrough happens where it reaches the 
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dashed line and achieves maximum enrichment ratio and recovery. Further increase of 

RL/F or tF will cause the point to move away from the dashed line towards low 

enrichment ratio and low recovery due to column breakthrough. H/F mainly alternates 

the separation purpose between enrichment ratio and recovery: high H/F means 

drawing more heavy product from the system, thus enrichment ratio is sacrificed. 

However since the light product becomes purer, the recovery can reach nearly 100%. 

Similarly, a low H/F focuses on producing a pure heavy product (high enrichment ratio), 

but since both L and yL are increased, the recovery is significantly worsened.  

Total reflux DR-PSA provides an alternative path to break such limit by increasing the 

specific work required for the separation. The baseline run for a conventional DR-PSA 

cycle tTR = 0 s resulted in fairly distant position from the separation limit. When tTR was 

increased, the point started moving towards the upper-right corner without changing 

the key operational parameters. When tTR reached 60 s, it passed through the separation 

limit that none of the normal DR-PSA cycles can reach. When tTR = 90 s, the enrichment 

ratio increased from 5 to 7.5 when compared to normal cycles with similar recovery, 

and the recovery increased from 40% to 85% when compared to normal cycles with 

similar enrichment ratio. This shows that total reflux DR-PSA cycles can achieve such 

product purities and recoveries that none of the conventional DR-PSA configurations 

can reach with the same physical layout of the apparatus. 

5.5.4 Total reflux with maximum possible tTR 

Since increasing tTR can result in both increased enrichment and recovery, it is natural 

to anticipate that near-perfect separation can be achieved in theory if increasing tTR to 

maximum, in which case the entire DR-PSA system does not (or barely) admit any feed 

nor produces any products. Run #7 from Table 5.1 was an experiment to examine such 

process and is discussed separately in this section. As a result of no product being 

produced, the separation performance could not be directly assessed and the product 

purities had to be obtained alternatively. To achieve this, a normal cycle (run #1, tTR = 

0 s and tF= 120 s) was performed until it reached its CSS. Then, the experiment was 

switched to total reflux mode where tTR = 120 s and tF = 0 s and a total of 20 cycles 

were performed. Finally, the experiment was switched back to tTR = 90 s and tF = 30 s 

in order to draw some products for analysis. The dynamic values of yL and yH are shown 

in Figure 5.12. 
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Figure 5.12. Dynamic yL and yH for a total reflux cycle with tTR = 0 s from t = 0 s to t = 640 s, 

tTR = 120 s from t = 641 s to t = 7741 s, and then tTR = 90 s from t = 7742 s. 

Figure 5.12 showed that for t = [0, 640] s where run #1 reached it CSS, yL and yH 

readings from RGA was 0.07 and 0.59, respectively. When total reflux cycles with tTR 

= 120 s started at t =120 s, both yL and yH values returned to zero as a result of absence 

of product. The critical information obtained from Figure 5.12 is that once the 

experiment switched to tTR = 90s after 20 cycles of total reflux cycles with tTR = 120s 

were performed, both yL and yH first immediately returned to their original values as 

run #1, and then slowly approached to their new CSS value: yL = 0.020 and yH = 0.760, 

similar to those obtained from run #4. This illustrated that even with total reflux cycles 

with tTR = 120 s, the DR-PSA system was not able to further increase product purities, 

but instead maintain the product purities before total reflux with tTR = 120 s was 

performed. As a result, it can potentially be used when there is a sudden cut of feed 

supply or unexpected disruption of upstream/downstream. In such cases the DR-PSA 

unit normally require shut down, but restarting the process means taking another 12 hrs 

to reach its CSS and meanwhile producing off-spec products. By applying such total 

reflux cycles, normal production can immediately continue when the feed is resumed 

or disriptions are lifted. 

5.5.5 Product purities with TMA-Y adsorbent 

A novel adsorbent material: tetra-methyl-ammonium (TMA-Y) was developed through 

ion-exchange reactions where the parent ionic liquid chosen was tetra-methyl-
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ammonium (TMA) and the zeolite material was Faujasite type NaY zeolite [120]. The 

adsorption isotherms for methane and nitrogen on the TMA-Y adosorbent that was used 

in the experiments as described in Chapter 5 and 6 were measured using the Dynamic 

Column Breakthrough apparatus described by May and co-workers [32, 33, 70] over 

the temperature range of 253 to 303 K and at pressures up to 1000 kPa. The 

experimental results were fitted using Langmuir isotherm. Figure 5.13 shows the 

experiment results and fitted isotherm for N2 and CH4 on TMA-Y. 

 

(a) 

 

(b) 

Figure 5.13 Experimentally measured nitrogen (a) and methane (b) adsorption isotherm on 

TMA-Y at 303K, 273K and 253K and comparisons with the Langmuir fittings. 
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Eq 2.5 was used to fit the Langmuir parameters so that they can be configured in the 

numerical simulation using Eq A.2, Eq A.3 and Eq A.4. The fitted Langmuir parameters 

are shown in Table 5.2. 

Table 5.2 Fitted Langmuir isotherm parameters for methane and nitrogen on TMA-Y 

Parameter N2 CH4 

Qmax (mmol/g) 2.85 3.35 

B0 (1/kPa) 4.47·10-7 3.44·10-7 

-ΔH (kJ/kmol) 16858 21028 

 

A series of DR-PSA experiments were performed for separating methane and nitrogen 

using TMA-Y adsorbent based on a PL-A configuration. The experimental parameters 

are shown in Table 6.1 and the product purities (yL and yH) obtained from the 

experiments were compared to those obtained under similar optimized conditions, but 

with Norit RB3 activated carbon adsorbent, as shown in Figure 6.4. It is evident that 

the TMA-Y adsorbent showed superior separation performance in terms lower yL and 

higher yH over the entire H/F range. Thus it is interesting to examine whether 

introducing total reflux steps can further increase product purities for TMA-Y adsorbent. 

Table 5.3 Operating parameters and product purities measured from experiments for TMA-Y 

adsorbent 

Run Specified (set in experiment) tF tTR tPR/BD yL yH 

yF F H RL   

  slpm slpm slpm S s S   

1 0.104 1.216 0.135 1.054 90 0 90 0.033 0.655 

2 0.104 1.214 0.138 1.068 60 30 90 0.021 0.757 

3 0.104 1.213 0.148 1.113 30 60 90 0.004 0.850 

 

Table 5.3 listed all the key operational parameter for running DR-PSA experiments 

with total reflux steps for the TMA-Y adsorbent. A PL-A configuration was used for 

all the three experiments with <tF + tTR> = 90 s, in which the tTR time was increased 

from 0 s to 30 s and 60 s. tPR/BD was kept constant at 90 s, identical to those used for 
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Norit RB3 activated carbon adsorbent. The experimental results from Table 5.3 showed 

that with the increase of tTR, yL decreased from 0.033 to 0.004 and yH increased from 

0.655 to 0.850, which indicated dramatic purity increases for both light and heavy 

products. Furthermore, run #3 from Table 5.3 resulted in the best separation 

performance that has ever been achieved using the DR-PSA experimental apparatus, 

also far better than those presented in literature for methane and nitrogen separation at 

similar conditions. 

Figure 5.14 again illustrated that how total reflux DR-PSA cycles breaks the 

enrichment-recovery boundary for conventional DR-PSA cycles with a PL-A 

configuration.  Similar to Norit RB3 results shown in Figure 5.11, a boundary was 

present where high enrichment ratio high methane recovery could not be 

simultaneously achieved for the conventional DR-PSA cycles with TMA-Y adsorbent. 

With the introduction of total reflux steps, such a boundary could be easily broken 

where the enrichment ratio and methane recovery reached 8.17 and 99.5%, respectively. 

 

 

Figure 5.14 Comparison of enrichment ratio and methane recovery of experimental results with 

yF = 0.104 for normal DR-PSA cycles (hollow) and total reflux DR-PSA cycles (solid) with 

TMA-Y adsorbent. 
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5.6 Conclusion 

A novel configuration of DR-PSA, namely total reflux DR-PSA was proposed in order 

to further increase the purity of both light and heavy products. Compared to normal 

DR-PSA cycles, total reflux DR-PSA introduces an additional total reflux step after the 

feed and purge step, during which the internal material loop is still circulating gas, but 

no feed enters the system nor product being produced. The total reflux DR-PSA was 

studied both experimentally by the DR-PSA apparatus illustrated by Saleman et al. [92] 

and through simulations by the non-isothermal numerical model developed by Zhang 

et al. [71] for separating of CH4 and N2 mixture using Norit RB3 activated carbon 

adsorbent. By keeping the sum of feed step time and total reflux step time same, and 

increasing the total reflux step time from 0 s to 90 s, the nitrogen molar fraction in the 

light product increased from 0.937 to 0.977 and the methane molar fraction in the heavy 

product increased from 0.592 to 0.757. The achievement of high enrichment and high 

recovery was unpreceded and could not be obtained by performing conventional DR-

PSA cycles. However, this comes at a cost of dramatically increased specific work, 

from 18.6 kJ·mol-1 feed to 68.9 kJ·mol-1, indicating a significant increase of operational 

cost. Nevertheless this can be potentially mitigated by selling purer products at a much 

much higher margin. 

The simulation results showed a good agreement with experimental work for predicting 

product purities therefore can be safely used to study the dynamics of total reflux DR-

PSA cycles. The temperature profile by the end of total reflux step also matched with 

experiments, with root mean square deviations ranging between 0.55 °C and 0.86 °C 

for the four runs. The experimental results showed a peak temperature difference of 

1.5 °C between tTR = 0 s and tTR = 90 s by the end of PU(TR) step, as well as a 

proportional relationship between tTR and temperature profile steepness by the end of 

FE(TR) step. The simulation results also revealed a sharper gas concentration front by 

the end of PU(TR) step, which contributed to producing purer products. 

A specific run which only had a total reflux step and a pressure reversal step was 

examined to see whether it can produce even purer products. The experimental results 

revealed that such cycles could not further concentrate product purities, but instead 

maintaining the product purities. Therefore these cycles are useful when there is a 
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sudden disruption of feed supply, and the normal procedure of shutting down DR-PSA 

units can be avoided.  

A novel adsorbent: TMA-Y was also tested in terms of its performance in total reflux 

DR-PSA cycles. The experimental results showed that under sufficient optimization 

and total reflux time, the DR-PSA apparatus was able to produce very pure products 

with methane mole fraction of 0.004 in light product and 0.850 in heavy product. Such 

purities were the best ever reported in literature. 
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6.1 Foreword 

This chapter was original prepared as part of the Low Emissions Energy Development 

(LEED) project report and was later converted in the form of journal paper. The major 

objective of this chapter was to apply a newly developed adsorbent: TMA-Y which was 

observed to have the highest selectivity of CH4 and N2 compared to any other 

adsorbents, combined with the best possible optimization that can be achieved to assess 

whether the primary separation requirement mentioned in Chapter 2.2 can be achieved. 

Besides this, a novel sizing method was proposed to calculate the column dimensions 

and number of units required for such separation. Finally, the capital and operational 

costs were estimated for the separation and the efficiency was compared to those most 

advanced carbon capture technologies. The experiments associated with TMA-Y 

adsorbent was performed by Thomas Saleman using the DR-PSA apparatus in 

University of Western Australia. 

6.2 Introduction 

Nitrogen is naturally present in raw natural gas reserves and could be considered as a 

contamination if its concentration is high enough. For example, the typical nitrogen 

mole fraction reached 0.147 for southwest Kansas fields and 0.256 for Cliffside Field 

in Amarillo, Texas. Therefore the nitrogen needs to be removed from natural gas where 

its mole fraction should be less than 0.04 for pipeline gas and 0.01 for liquefied natural 

gas (LNG) [5]. In order to separate nitrogen out of methane, cryogenic distillation is 

the only viable and proven technology that can treat large amount of gas flow (>20 

MMSCFD). Due to the limitations and economics of cryogenic distillation, the final 

nitrogen vent still contains ~0.008 mole fraction of methane. Consider the large volume 

of a typical nitrogen by-product (~60 MMSCFD), even such low concentration of 

methane could cause serious harm to the environment since CH4 has more than 21 times 

greenhouse gas potential than CO2, on top of substantial energy content loss [20]. 

Calculations showed that 68 kt CO2 equivalent of methane could be emitted into 

atmosphere per annum for the typical unit. Slow oxidization is a potentially viable 

technology that is used to treat ventilating air methane (VAM) which has a similar 

methane mole fraction. It involves using regenerative thermal oxidation or catalytic 

thermal oxidation processes that convert CH4 to CO2 and water, and meanwhile 

recovers the reaction heat to generate electricity.  Although the technology has been 
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industrially applied, corresponding research showed that it is still unprofitable without 

considerable carbon credit [39]. Another challenging issue for using slow oxidization 

to treat CH4 from N2 vent is that the stream needs to be mixed with air or pure O2, which 

either further dilutes the CH4 or pose additional cost. Therefore, an alternative process 

is required so that the methane can be efficiently recovered and reutilized, while the 

final nitrogen vent is free of methane and can be safely realised into atmosphere. Thus 

the specific separation object is to concentrate 0.008 mole fraction of methane in the 

nitrogen vent to higher than 0.3 in heavy product and meanwhile strip to less than 100 

ppm in light product. 

Pressure swing adsorption (PSA) has been a promising technology that physically 

separates gas mixtures with low energy consumption and has also been successfully 

used in other industrial separation processes [5, 46]. A more advanced configuration of 

PSA: dual reflux pressure swing adsorption (DR-PSA), incorporates a portion of the 

light product and heavy product being simultaneously refluxed to the desorption and 

adsorption column, respectively. Feed is admitted at an intermediate position along the 

column, either to the desorption column (low pressure, PL) or adsorption column (high 

pressure, PH). Once the adsorption column is saturated and the desorption column is 

regenerated, the pressure of the two columns are reversed by connecting a compressor 

between them, either at the heavy reflux end (A) or the light reflux end (B). A 

combination of them gives the four fundamental configurations of DR-PSA, PL-A, PH-

A, PL-B and PH-B, as shown in Figure 6.1 [64].  

 

Figure 6.1 Illustration of the four basic configurations of DR-PSA, PL-A, PH-A, PL-B and PH-

B. 



 

137 

 

Although not implemented commercially, various experiments showed that DR-PSA 

has distinctive advantages over conventional PSA in terms of high product purities and 

recoveries, which is essential for the aforementioned separation objective. Diagne et al. 

performed the first DR-PSA experiment for CO2 and air separation, where a feed 

containing 20 mol% CO2 was separated into 3 mol% CO2 in the light product and 80 

mol% CO2 in the rich product [88]. McIntyre et al. performed a series of DR-PSA 

experiments aimed at separating ethane and nitrogen using BAX-1500 activated carbon 

[90, 91]. They reached a maximum enrichment ratio of 91 from a feed containing 0.78 

mol% of ethane in nitrogen, while the ethane concentration in light product was 

decreased to as low as 30 parts-per-million. Bhatt et al. managed to concentrate 5 mol% 

CH4 to 65 mol% in the heavy product and meanwhile striped down to 1.5 mol% CH4 

in the lean product using Norit RB1 activated carbon [68]. Saleman et al. reported the 

results of 24 PL-A experiments conducted using the activated carbon Norit RB3 to 

study the N2 and CH4 separation. A feed containing 2.4 mol% CH4 in N2 was separated 

into a heavy product stream containing 35.7 mol% and a light product containing less 

than 0.3 mol% CH4 [92]. The differences between the four fundamental configurations 

of DR-PSA was studied by Saleman et al. through subsequent experiments [92]. A non-

isothermal numerical model which incorporates the full dynamics of DR-PSA cycles 

were developed by Zhang et al. and validated through those experiments performed by 

Saleman et al [71]. The r.m.s deviations of CH4 mole fraction between experiment and 

simulation predictions were small: 0.003 – 0.009 and 0.024 – 0.026 for light product 

and heavy product, respectively. The temperature profile also showed a close match 

with r.m.s. deviations of around 1K. Other numerical models that either assumes light 

gas to be non-adsorbable, isothermal operation or does not incorporates full dynamics 

were demonstrated by Diagne et al. [63], Sivakumar and Rao [66, 67] and Bhatt et al 

[68, 97]. 

In this paper, we propose a novel sizing tool to calculate the approximate dimensions 

for a DR-PSA unit to separate nitrogen vent of 60 MMSCFD with 0.008 mole fraction 

of CH4 using a newly developed adsorbent: tetra methyl ammonium type Y (TMA-Y). 

The non-isothermal numerical model was used to validate the measured isotherm and 

physical parameters of TMA-Y by comparing the simulation prediction results of light 

and heavy product compositions to those measured from the laboratory scale DR-PSA 

experiments. Finally, the validated numerical model was configured to the sizing results 
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and fine-tuned to study the viability of the proposed methane recovery method, from 

both product purities and economics point of view. 

 

6.3 Development of numerical DR-PSA model and validation 

through experiments 

A numerical DR-PSA model with rigorous material and energy balances was developed 

in Aspen Adsorption as mentioned in our former work [71]. The governing equations 

follows those illustrated in our former work and are also re-listed in the SI. The basic 

assumptions of the model include: 

 Momentum balance and pressure drop described by the Ergun Equation 

 Material balance in the gas phase described by convection with axial dispersion, 

with gas phase accumulation in the inter-particle void space and flux between 

the gas and adsorbed phases.  

 Constant axial dispersion described by a fixed axial dispersion coefficient 

 Linear driving force kinetic model describing the flux between the gas and 

adsorbed phases with constant mass transfer coefficients 

 Extended Langmuir isotherm model with competitive adsorption as determined 

by the partial pressures of each component in the gas phase 

 Rigorous energy balance incorporating both gas-phase convection and solid-

phase conduction 

 Gas phase material balance described by the ideal gas law 

The DR-PSA model was configured towards the experiments performed by Saleman et 

al. for separating CH4 and N2 using the novel adsorbent material TMA-Y. TMA-Y is a 

newly developed adsorbent and belongs to a class of ionic liquidic zeolite (ILZ). It 

appears to be white pellet with an average diameter of 3 mm and has an equilibrium 

selectivity of 5-8 between CH4 and N2, comparing those of around 3 for activated 

carbon family adsorbents. The physical parameters of the experimental apparatus are 

exactly the same as those reported in our former experimental work but with each 

column packed with 406 g of TMA-Y [92]. The equilibrium capacity of TMA-Y were 

measured over the temperature of 253K to 303 K and at pressures up to 1000 kPa range 

using the dynamic column breakthrough apparatus described by Saleman et al [92]. The 
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detailed experiment and fitting results can be found in chapter 5.5.5. The measured data 

points were then fitted into Extended Langmuir isotherm. A breakthrough test was 

conducted using the DR-PSA apparatus and compared to the simulation in order to: a) 

examine the breakthrough time to verify calculated bulk density and equilibrium 

capacity and b) compare the slope of adsorption front to validate the estimated MTC. 

The comparison revealed that despite the MTC used for TMA-Y was increased ten 

times (10 s-1 for CH4 and 30 s-1 for N2) larger than those used for Norit RB3 activated 

carbon in our former work, the slope predicted by simulations is still not sharp enough 

when compared with those measured from experiments due to the numerical dispersion. 

To overcome this, the number of nodes used for the breakthrough simulation were 

increased from 100 to 200 to further minimize the numerical dispersion and the 

comparisons are shown in Figure 6.2. 

 

Figure 6.2 Comparison of breakthrough time and the slope of gas adsorption front between 

experiment and simulation using the DR-PSA apparatus. 

Correspondingly, the number of nodes used in the DR-PSA model was increased from 

25 to 40, with the drawback of slower simulation speed. The overall parameters used 

for the simulation is shown in Table 6.1 and the simulation layout is identical to the one 

illustrated in our former work [71].  
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Table 6.1 Common operational and adsorbent parameters used in the simulation 

Parameter Value Source 

Column parameters 

Total length (L) 0.98 m Measured (geometry) [92] 

Axial feed position (zf) 0.5 Measured (geometry) [92] 

Column internal diameter  (Db) 0.035 m Measured (geometry) [92] 

Column thickness  0.0016 m Measured (geometry) [92] 

Column heat transfer coefficient 10 W·m-2·K-1 Breakthrough (SI)  

Void tank heat transfer coefficient 1000 W·m-2·K-1 Estimated 

Wall thermal conductivity (kw) 16 W·m-1·K-1 Reference [33] 

Wall specific heat capacity 0.5 kJ·kg-1·K-1 Reference [33] 

Axial dispersion coefficient (DL) 3.8×10-5 m2·s-1 Calculated with Eq 3.3-3.6 

Operational parameters 

High pressure column pressure (PH) 500 kPa Set [92] 

Low pressure column pressure (PL) 120 kPa Set [92] 

Environmental temperature (Tenv) (293 to 298) K Measured [92] 

FE/PU step time (tF) 90 s -120 s Set [92] 

PR/BD step time 90 s Set [92] 

Adsorbent parameters 

Bulk density (ρb) 430 kg·m-3 Measured [33] 

Skeletal density (ρs) 2150 kg·m-3 Measured [33] 

Particle density (ρp) 750 kg·m-3 Measured [33] 

Inter-particle porosity (εi) 0.42 εi  = 1 - ρb / ρp 

Intra-particle porosity (εp) 0.65 εp = 1 - ρp / ρs  

Adsorbent particle radius (rp) 0.0015 m Measured [33] 

Adsorbent specific heat capacity 1.5 kJ·kg-1·K-1 Measured [33] 

 N2 CH4  

Mass transfer coefficient (ki) 30 s-1 10 s-1 Breakthrough (SI) 

Isotherm parameter 1 (IP1) 1.27×10-7 kmol·kg-1·bar-1 1.15×10-7 kmol·kg-1·bar-1 Measured (SI) 

Isotherm parameter 2 (IP2) 2027 K 2529 K Measured (SI) 

Isotherm parameter 3 (IP3) 4.45×10-5 bar-1 3.44×10-5 bar-1 Measured (SI) 

Isotherm parameter 4 (IP4) 2027 K 2529 K Measured (SI) 
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The numerical model was then configured towards a total of 17 experiments with a yF 

of 0.104 and a F = 1.20 ± 0.05 slpm. Among those, 14 are in PL-A configuration and 3 

are in PH-A configuration. The key operational parameters and the simulation results 

with mass balance correction described in our former work is illustrated in Table 6.2. 

Table 6.2 Results of simulations of 17 DR-PSA experiments by Saleman et al. The feed, F, 

heavy product, H, light reflux, RL, heavy reflux RH and light product, L, flow rates have units 

of standard litres per minute (slpm). The methane mole fractions in the feed, light product and 

heavy product streams are denoted yF, yL, and yH, respectively. 

 Measured from experiments Calculated in simulations 

Run H RL yL yH 
(sim)

HR  (corr)L  
(corr)

Ly  
(corr)

Hy  

 slpm slpm   slpm slpm   

PL-A 

1 0.250 1.023 0.000 0.510 2.891 0.946 0.001 0.495 

2 0.336 1.058 0.000 0.356 2.671 0.858 0.000 0.369 

3 0.245 1.048 0.000 0.521 2.971 0.960 0.001 0.505 

4 0.213 1.057 0.002 0.604 3.083 0.989 0.003 0.575 

5 0.185 1.047 0.006 0.650 3.229 1.007 0.007 0.632 

6 0.152 3.035 0.026 0.570 5.499 0.994 0.036 0.546 

7 0.158 2.035 0.028 0.642 4.403 1.038 0.028 0.603 

8 0.160 1.052 0.020 0.667 3.229 1.035 0.017 0.670 

9 0.156 0.566 0.026 0.566 2.348 0.995 0.028 0.592 

10 0.159 0.317 0.033 0.539 2.055 0.980 0.032 0.548 

11 0.123 1.029 0.037 0.703 3.302 1.072 0.038 0.685 

12 0.097 1.060 0.042 0.715 3.483 1.090 0.052 0.688 

13 0.067 1.052 0.077 0.708 3.504 1.128 0.069 0.693 

14 0.040 1.052 0.075 0.706 3.302 1.152 0.083 0.709 

PH-A 

15 0.169 2.040 0.009 0.674 3.027 1.062 0.013 0.675 

16 0.246 1.980 0.000 0.523 2.807 0.987 0.000 0.521 

17 0.241 1.027 0.000 0.526 1.321 0.989 0.003 0.520 
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(a) 

 

(b) 

Figure 6.3 (a) Comparison of the yL and yH results measured and predicted by the numerical 

simulations of a total of 17 runs. The solid bounding curves represent material balance 

constraints for the given yF = 0.104, as defined by Eq 3.20 and Eq 3.21. (b) The deviations 

determined between the simulation predictions and experimental measurements for yL and yH. 

It is apparent from Figure 6.3 that the simulation predictions of yL and yH closely match 

with the experimental measurements, with calculated r.m.s deviations of 0.005 and 
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0.019, respectively. These deviations can be attributed to the uncertainties in the 

experiments. The deviations also randomly distributed about zero, indicating no 

systematic errors were produced from simulations. Thus, it is safe to conclude that the 

numerical simulation can accurately represent the actual performance of the DR-PSA 

apparatus for carrying out separations over N2 and CH4. 

6.4 Comparison between TMA-Y and Norit RB3 

In our previous work, the same DR-PSA apparatus was used to assess the separation 

performance of a commercial activated carbon adsorbent: Norit RB3 [92]. In order to 

quantify how well TMAY has performed over Norit RB3, we have identified a set of 

optimal operational parameters for TMAY and Norit RB3, respectively, where only 

H/F remained as variable. The parameters are shown in the table below. 

Table 6.3 Identified optimal operational and other common parameters for DR-PSA 

experiments using TMA-Y and Norit RB3 as adsorbents 

 Parameter type TMA-Y Norit RB3 

tFE/PU Operational 90 s 120 s 

tPR/BD Operational 90 s 90 s 

RL Operational 1.00 ± 0.05 slpm 2.00 ± 0.05 slpm 

yF Common 0.104 

F Common 1.20 ± 0.05 slpm 

 

It can be observed that although TMA-Y has a higher selectivity of CH4/N2 over Norit 

RB3, its lower adsorption capacities require a smaller tFE/PU and RL in order to prevent 

breakthrough. By using a PL-A configuration, yL and yH values obtained from 

experiments are plotted with respect to H/F for both two adsorbents, as shown in the 

figure below. 
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Figure 6.4 Experimental results and comparison of yL and yH for TMA-Y and Norit RB3 

adsorbents at their respective optimal combinations of operational parameters, where yF = 0.104 

 

Figure 6.5 Experimental results and comparison of enrichment ratio with respect to methane 

recovery for Norit RB3 and TMA-F adsorbent at their respective optimal combinations of 

operational parameters, where yF = 0.104 

First of all, it can be observed that three yH data points of TMA-Y was above the 

separation limit of yH, which apparently violated the material balance. The reason can 

be attributed to the uncertainties of experimental measurements – either from the heavy 

product MFM or from the heavy product gas chromatography. Despite the slightly 

violated material balance, the phenomenon actually revealed the supreme performance 
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of TMA-Y: both yH and yL were pushed to the separation limit, especially when H/F 

was greater than 0.17. yL was essentially zero in this region, indicating a pure N2 product 

was produced while yH reaches its maximum possible enrichment. At lower H/F ratios, 

both yL and yH climbs while yH plateaued at 0.7, reaching the maximum possible 

enrichment for TMA-Y. 

Norit RB3 showed considerably worse separation performance when compared to 

TMA-Y. At higher H/F ratios (H/F > 0.17), Norit RB3 could not provide a pure N2 

product and even when H/F was increased to 0.37, CH4 can still be measured at 0.003. 

The yH obtained from Norit RB3 was constantly inferior to those obtained from TMA-

Y experiments. The maximum difference appeared when H/F was 0.17, where it 

reached 0.08. At lower H/F ratios, Norit RB3 also could not provide yH as high as TMA-

Y, with an average difference of 0.04. 

The superior separation performance of TMA-Y can also be observed by comparing 

the enrichment ratio and methane recovery rate. Figure 6.5 shows the relationship 

between enrichment ratio and methane recovery for both TMA-Y and Norit RB3 

adsorbent, at their respective optimal operational parameters and with a yF = 0.104. It 

is evident that TMA-Y were able to achieve higher enrichment ratio than Norit RB3 at 

the same methane recovery rate, or able to achieve higher methane recovery rate than 

Norit RB3 at the same enrichment ratio. Furthermore, TMA-Y were able to achieve 

100% methane recovery with an enrichment ratio close to 6, while the maximum 

enrichment ratio could only achieve 93.6% for Norit RB3 adsorbent.  

The specific work for the separation using both adsorbents is also calculated and plotted 

in the figure below. 
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Figure 6.6 The specific work of the experiments using TMA-Y and Norit RB3 as adsorbents, 

with respect to different H/F ratios. 

 

Figure 6.7 Methane capture work calculated from TMA-Y and Norit RB3 experimental results 

with respect to different H/F ratios. 

An interesting finding from Figure 6.6 is that although the TMA-Y experiments had a 

RL of only 1 slpm while Norit RB3 experiments had 2 slpm, TMA-Y experiments 

required more energy to treat the same amount of feed. This is because the work for the 

PR/BD step is basically constant for both adsorbents and accounts for around half of 

the total separation work, and a decrease of tPR/BD time indicated less amount of feed 

could be treated. Also, higher H/F ratio resulted in less specific work, since with the 
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same amount of RL, less heavy product could be purged out as RH given a less yH 

maximum. It can also be observed from Figure 6.7 that the CH4 capture work mainly 

subject to H/F ratios and the differences between TMA-Y and Norit RB3 are negligible. 

 

6.5 Design method for industrial-scale DR-PSA processes 

Methods for developing conceptual designs (i.e. sizing estimates) of adsorption-based 

processes are provided in several Engineering handbooks, such as the Gas Processors 

Suppliers Association (GPSA) Databook [13]. While many of the key elements of these 

conventional design methods are relevant to the sizing of an industrial DR-PSA process, 

they do not cover all of the required considerations because DR-PSA has never been 

deployed commercially. Accordingly, a key task in the development of DR-PSA 

technology is to establish a robust method of sizing an industrial-scale units to achieve 

a given process specification, such as the separation in this work. The objectives of such 

a design method are: 

a) To provide an initial estimate of the number DR-PSA units required to process 

a feed stream of given flow rate and composition into two product streams that 

meet the requite purity specifications. 

b) To determine the diameter and height of the (two) columns in the DR-PSA units, 

and the duration of each step in the DR-PSA cycle. 

The number of DR-PSA units and the size of the columns in a unit will determine a 

significant fraction of the capital cost of the process. The other main contribution to the 

capital cost of the process will be set by the details of the compressor required to transfer 

gas from the low pressure column in each unit to the high-pressure one. The amount of 

compression work that must be done each cycle will also be the dominant contribution 

to the operating cost of the process. The compression work is determined by the reflux 

flow rates and the operating pressures of each bed, which in turn determine how the 

separation performance of the DR-PSA cycle.  

The method developed in this work for sizing an industrial-scale DR-PSA process was 

adapted from the conventional sizing method described by the (GPSA) and contains the 

following steps: 
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1. Select the operating temperature, bed pressures and cycle configuration. The 

pressures of each bed, pH and pL, together with their average temperature, determine 

the working capacity of the adsorbent material, QCH4 = QCH4(pH) - QCH4(pL). The 

larger the working capacity, the smaller the required mass of adsorbent, which will in 

turn reduce the number and/or size of each bed needed and, therefore, lower the capital 

cost of the process. However, as pH is increased the associated compression costs can 

also rise. This is particularly the case if pH is larger than the pressure of the feed stream. 

In general, the value of pH should be set at or below the feed stream pressure. 

If pH is the same as the feed stream pressure then the most efficient cycle configuration 

in terms of minimizing compression work is either PH-A or PH-B. Since the 

experimental DR-PSA results demonstrated that PH-A cycles deliver superior 

separation performance to PH-B cycles in terms of producing purer light product, the 

configuration selected for the sizing the industrial-scale DR-PSA process was PH-A. 

The nominal pressure and temperature of the feed stream was 1.77 bar and ambient 

temperature (27 C), assuming the nitrogen vent has passed through heat exchangers to 

extract its cold energy and ready to be released. Accordingly, we completed a design 

sizing scenario for pH = 1.77 bar by selecting pL = 0.4 bar so that the ratio (pH / pL) in 

this Scenario 1 was approximately the same as the ratio established in the laboratory 

experiments with TMA-Y and Norit RB3 [92]. However, this feed pressure is 

somewhat nominal because the source of the feed gas is the overhead product of a 

Nitrogen Rejection Unit, which typically operate at pressures between 13 and 28 bar 

[31]. Therefore, a higher value of pH could be readily achieved without additional 

compression costs and would enable a larger working capacity to be exploited in the 

DR-PSA process. Accordingly, a second sizing calculation, Scenario 2, was conducted 

in which pH = 5 bar and pL = 1.4 bar, which are identical to the values used in the 

laboratory-scale DR-PSA experiments with TMA-Y. 

2. Select the bed diameter. The diameter of the columns, Db, used in each DR-PSA 

unit should be made as large as practicable because doing so reduces the total number 

of columns required to process as given feed flow rate. There are, however, practical 

limits on how large the diameter can be set including the increase in wall thickness 

required to retain the necessary pressure rating; eventually the required wall thickness 

and associated fabrication costs will become prohibitively expensive. Accordingly, for 

the purpose of designing the industrial-scale DR-PSA N2 purification process with 
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TMA-Y the bed diameter was set to 4.1 m, which is equal to that of adsorbent columns 

in LNG plants used to dehydrate natural gas with molecular sieves. 

3. Calculate the maximum superficial gas velocity in the bed and the maximum 

bed height. As gas flows through a bed packed with adsorbent pellets its pressure will 

drop depending on the size of the pellets and the superficial velocity of the gas, vs 

(which is given by the actual volumetric flow rate divided by the cross sectional area 

of the column). This pressure drop has the effect of transferring a force to the adsorbent 

pellets (additional to their own weight), which if too large can lead to the pellets jostled 

by high velocities and therefore the adsorbent degrades much faster. The GPSA 

recommends that a maximum pressure drop per unit length, (dp/dl), of 7.5 kPam-1, and 

that the maximum total pressure drop across the bed pbed should be around 35 kPa and 

less than 55 kPa [13]. Accordingly, the maximum allowed superficial velocity is solved 

using the Ergun equation 

 
2

s s

dp
B v C v

dl
 

 
  

 
 Eq 6.1 

where  is the gas viscosity,  is the gas density, and B and C are geometric parameters 

set by the shape and size of the adsorbent pellets. In this work, the pellets used in the 

industrial bed simulations were assumed to have the same size and shape as 1.6 mm 

diameter beads used commonly in natural gas dehydration (and similar to the shape of 

the pellets fabricated in our laboratory), for which B = 677.16 cm-2 and C = 294.5 m-1 

[13]. The maximum bed height is calculated using  

  

(max)
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max 1

50 kPa
6.67 m.

7.5 kPa m

p
l

dp dl 


  


 Eq 6.2 

A schematic of the dimensions of an industrial scale DR-PSA unit is shown in Figure 

6.8. For the purpose of comparison, corresponding bed sizes for molecular sieve 

dehydration beds used in mega-scale LNG projects and smaller scale cryogenic natural 

gas plants are also shown. It is apparent that the DR-PSA units designed to treat an 

NRU stream overhead stream from a mega-scale LNG plant is comparable in size to 

columns already constructed for the feed gas to such plants.  
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Figure 6.8 Illustration of industrial-scale DR-PSA unit design in comparison with conventional 

molecular sieve dehydration towers used for mega-scale LNG projects [121] and those used 

more commonly in cryogenic natural gas processing [13]. 

4. Calculate the maximum heavy reflux and feed flow rates per bed from 

superficial velocity. Once the maximum superficial velocity is determined, it can be 

used to calculate the maximum volumetric flow rate allowable in the bed. For a PH-A 

cycle, the largest flow rate occurs in the high pressure bed when the feed, F, and heavy 

reflux, RH, flows are combined.  The ratio of RH / F must be also be chosen at this point. 

Although the laboratory-scale experimental results for PH-A showed an approximate 

RH / F ratio of around 1.5, using such value directly would overestimate F at its 

maximum allowed value.  Thus a more sensible empirical ratio would be at least 3 and 

can be still higher based on the separation objective. The molar flow rates for F and RH 

are then determined by solving the pair of equations: 

 H H2

H b

4
   and   3

s

RT
F R R F

p D v

  
    

  
 Eq 6.3 

5. Calculate the number of active DR-PSA units required. Once the value of F is 

determined the number of DR-PSA units required to be active at any instant in time, 

Nact, can be calculated by dividing the total feed flow to be processed (60 MMscfd = 

0.8301 kmols-1) by F. Additional DR-PSA units will be required because a unit is not 

capable of processing the feed gas into products during the PR/BD stages of the cycle. 

6. Calculate the lengths of the mass transfer zone and the saturation zone in the 

bed.  
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Figure 6.9 Schematic of the saturation and mass transfer zones in beds 

Figure 6.9 shows a schematic representation of the mass transfer and saturation zones 

in an adsorbent bed. The GPSA Databook [13] provides an empirical relation for 

estimating the height of the mass transfer zone, lMTZ, from the superficial velocity in 

the bed. 
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 Eq 6.4 

where A1 = 0.178 ms-1, and A0  0.26 m for 1.6 mm diameter beads. We note that this 

equation, which is highly empirical, is simply intended to allow an initial estimate of 

the saturation zone height, hsat, (Eq 6.5) and will be more rigorously estimated from the 

subsequent numerical simulations. 

 sat max MTZl l l   Eq 6.5 

7. Calculate the mass of adsorbent required in the saturation zone, and amount of 

CH4 that can be adsorbed during the FE/PU step. The mass of adsorbent in the 

saturation zone, msat, is calculated from the volume of the saturation zone and the 

packing density, b, of the adsorbent pellets. From industrial practice 700 kgm-3 is an 

achievable and standard value for b [13].  

 

2

sat sat
4

b
b

D
m l



 

  
 

 Eq 6.6 
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The amount of CH4 (the ‘heavy’ component) that can be adsorbed during the FE/PU 

step is given by msat  QCH4, where the working capacity of the adsorbent was set by 

specifying the bed pressures and temperature.   

8. Calculate the maximum duration of the FE/PU step in the cycle. The amount of 

methane that can be stored during the FE/PU step is then used to determine the 

maximum duration of that step given the flow of CH4 into the bed via the heavy reflux 

stream and the feed stream. In this case, the methane content of the feed is dilute in 

comparison with the CH4 content of the heavy reflux stream, which is the same as the 

methane content of the heavy product, yH. Accordingly, the contribution of the feed 

stream can be ignored when estimating the duration of the FE/PU step, tF. 
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HP H F HP H

Q m Q m
t
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 Eq 6.7 

9. Calculate the amount of gas to be transferred between beds during the PR/BD 

step, and the compression work required in both the FE/PU and PR/BD steps. The 

amount of gas to be transferred, nPR/BD, between beds is the sum of the CH4 and N2 

stored in the void space of the bed and adsorbed on the TMA-Y. The latter is determined 

from the mass of adsorbent and the working capacities for each component, while the 

former is given by the difference in bed pressures and the void volume in each bed. 

This requires an estimate of the inter-particle porosity, i, which is related to the bed 

packing density; based on our laboratory measurements, a b of 700 kgm-3 would 

correspond to i = 0.38. 
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 Eq 6.8 

No compression is required to equalize the pressure of the two beds; however, in the 

second part of the PR/BD step, work must be done to raise the pressure of one of the 

beds from (pH + pL) / 2 to pH. The (minimum) compression work required, WPR/BD, by 

an isentropic compressor is given by 
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 Eq 6.9 
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where  is the specific heats ratio for the gas ( 1.4). The compression work required 

during the FE/PU step is given by a similar formula, with the lower pressure limit 

changed to pL and the amount of gas compressed during this stage equal to RH  tFE/PU.  
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 Eq 6.10 

Eq 6.10 allows the average compression power required per DR-PSA unit during the 

FE/PU step to be calculated from the ratio (WFE/PU / tFE/PU). This average power 

determines the specifications of the compressor that will be required in each DR-PSA 

unit. 

10. Calculate the duration of the PR/BD step and the total number of DR-PSA 

units required. The time required for the PR/BD step, tPR/BD, is set by amount of 

compression work required during this step (Eq 6.11), and average power that the 

compressor can deliver.  
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 Eq 6.11 

The total number of DR-PSA units required is given by 
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 Eq 6.12 

This sizing algorithm was applied to the two Scenario’s detailed in point (1) above, and 

the results are presented in Table 6.4. 
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Table 6.4 Outputs of the DR-PSA sizing algorithm for 2 pressure profile scenarios in PH-A 

configuration. 

 Scenario 1 

pH = 1.77 bar; pL = 0.4 bar 

Scenario 2 

pH = 5 bar; pL = 1.4 bar 

Bed height, m 6.67 6.67 

Bed diameter, m 4.1 4.1 

Feed per unit, kmol·s-1 0.143 0.278 

tF, s 118 139 

Number of active units 6 3 

Average compressor power, MW 1.9 3.1 

tPR/BD, s 24 27 

Number of regeneration units 2 2 

Total units 8 5 

 

6.6 Full numerical simulation results for industrial-scale DR-

PSA designs. 

6.6.1 Sizing results and validation through simulations 

Numerical simulations of the industrial scale DR-PSA units with the details for each 

scenario as indicated in Table 6.4 were conducted and the results analysed to assess 

how well the DR-PSA sizing algorithm worked. For these initial studies the heavy 

product flow rate was set to be 0.008 times the feed flow rate, reflecting the mole 

fraction of CH4 in the feed. However, in both cases, the separation performance 

achieved was poor with the reason being that the beds were attempting to treat too much 

gas during the FE/PU step, which resulted in a breakthrough of the CH4 front into the 

light product stream. This indicated that both the amount of reflux and the feed step 

time were too large. Clearly, the assumption that RH = 3F in Eq 6.3 was still too 

optimistic. Accordingly, both the reflux and tFE/PU were reduced by a factor of about 2 

and the simulations were run again. This resulted in greatly improved separation 

performance for the two scenarios. Further fine tuning was conducted with several of 

the parameters, including increasing the value of H / F to ensure that the CH4 content 

of the light product stream was well below the 100 ppm specification, selecting values 

of tFE/PU and tPR/BD that were integer multiples of each other to simplify the cycle timing, 

and slight adjustments of the feed flow to each unit. The values of the optimised 

parameters and the resulting product stream compositions are presented in Table 6.5. 
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Table 6.5 Optimized parameters and results for 2 pressure profile scenarios in PH-A 

configuration. 

 
Scenario 1 

pH = 1.77 bar  

pL = 0.4 bar 

Scenario 2 

pH = 5 bar 

pL = 1.4 bar 

Bed height / m 6.67 6.67 

Bed diameter / m 4.1 4.1 

Feed per unit / kmols-1  0.143 (12 MMscfd) 0.208 (15 MMscfd) 

tFE/PU / s 60 80 

Number of active units 5 4 

Average compressor power / MW 1.26 1.60 

tPR/BD / s 24 20 

Number of regeneration units 2 1 

Total units 7 5 

Heavy product to feed flow ratio 0.0247 0.0245 

Light reflux to feed flow ratio 0.86 1.29 

Methane content in light product / ppm 77 62 

Methane mole fraction in heavy product  0.321 0.323 

Methane recovery to heavy product 99.1 % 99.3 % 

 

Both the industrial-scale design guidelines presented in Table 6.5 for a DR-PSA cycle 

using the adsorbent TMA-Y in the PH-A configuration clearly achieve the stated 

specifications of both light product of 100 ppm CH4 and heavy product of 0.3 CH4 mole 

fraction, satisfying the objectives of this project.  

The practical implementation of the two scenarios is considered to determine which one is 

likely to be more cost effective. Figure 6.10 shows the bed pressures and internal flow rates (H 

and L) for a DR-PSA unit in scenario 2 at steady state across two cycles. In both scenarios, the 

pressure drop across each bed associated these internal flows is calculated to be about 10 kPa, 

which is well within the limit specified by the GPSA [13]. Figure 6.11 and Figure 6.12 show 

the steady state bed temperatures and axial gas composition profiles calculated for Scenario 1 

and 2, respectively. The bed temperature swings of 10 K for Scenario 1 and 15 K for Scenario 

2 are both reasonable. The composition profiles show that at least 20 % of the bed lies between 

the methane concentration front and the light product outlet, which is why yL remains below 

100 ppm. Table 6.6 and Table 6.7 show how the phasing of each of the DR-PSA units in 

Scenario 1 and 2, respectively, could be scheduled to ensure that the 60 MMscfd of feed gas is 

continuously processed.   
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(a) 

 

(b) 

Figure 6.10 Results from industrial-scale DR-PSA simulation across two cycles at steady state 

for Scenario 2. (a) Bed pressures in each column. (b) Heavy (blue) and light (orange) reflux 

streams. 
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(a) 

 

(b) 

Figure 6.11 Temperature (a) and gas composition (b) profiles at the end of each step for 

Scenario 1. 
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(a) 

 

(b) 

Figure 6.12 Temperature (a) and gas composition (b) profiles at the end of each step for 

Scenario 2. 
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Table 6.6 Scheduling of the 7 DR-PSA units (each containing 2 beds) in Scenario 1 across two 

84 s half cycles. Dark/light green shading indicates the unit is in a FE/PU step, while pink/red 

shading indicates the unit is in a PR/BD step. At any time 5 units are in a FE/PU step and 

processing gas. 

Time /s 0 12 24 36 48 60 72 84 96 108 120 132 144 156 

Unit 1 FE FE FE FE FE BD BD PU PU PU PU PU PR PR 

Unit 2 PR FE FE FE FE FE BD BD PU PU PU PU PU PR 

Unit 3 PR PR FE FE FE FE FE BD BD PU PU PU PU PU 

Unit 4 PU PR PR FE FE FE FE FE BD BD PU PU PU PU 

Unit 5 PU PU PR PR FE FE FE FE FE BD BD PU PU PU 

Unit 6 PU PU PU PR PR FE FE FE FE FE BD BD PU PU 

Unit 7 PU PU PU PU PR PR FE FE FE FE FE BD BD PU 

 

Table 6.7 Scheduling of the 5 DR-PSA units (each containing 2 beds) in Scenario 2 across two 

100 s half-cycles. Dark/light green shading indicates the unit is in a FE/PU step, while pink/red 

shading indicates the unit is in a PR/BD step. At any time 4 units are in a FE/PU step and 

processing gas. 

Time / 

s 
0 20 40 60 80 100 120 140 160 180 

Unit 1 FE FE FE FE BD PU PU PU PU PR 

Unit 2 PR FE FE FE FE BD PU PU PU PU 

Unit 3 PU PR FE FE FE FE BD PU PU PU 

Unit 4 PU PU PR FE FE FE FE BD PU PU 

Unit 5 PU PU PU PR FE FE FE FE BD PU 

 

6.6.2 Cost estimates for the industrial-scale DR-PSA cycle designs. 

The operating costs were estimated by calculating the compression work required for 

the FE and PU steps (combined) as well as the PR and BD steps (combined) using Eq 

6.9 and Eq 6.10 with the amount of gas transferred during each step derived from the 

industrial-scale numerical simulations. Table 6.8 shows the average work per step, and 

the corresponding average power levels required for each unit and for each unit in the 

process train in that step. 
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Table 6.8 Energy consumption estimates for Scenario 1 and 2. The value of N is Nact for FE/PU, 

Nregen for PR/BD, and Ntot for the cycle average 

 WFE/PU WPR/BD Power per unit / MW Power for N units / MW 

 kJ/unit/cycle kJ/unit/cycle FE/PU PR/BD Cycle avg. FE/PU PR/BD Cycle avg. 

1 100,734 110,880 1.68 4.62 1.26 8.39 9.24 8.82 

2 208,533 112,000 2.61 5.60 1.60 10.43 5.60 8.01 

It can be seen that if an individual unit were equipped with a compressor, that machine 

would need to be able to deliver up to about 5 or 6 MW during the PR/BD step, and 

then drop down to only 2 to 3 MW during the FE/PU step. This would be both 

technically challenging as centrifugal or axial compressors are designed to operate with 

relatively constant loads, and also it would be inefficient in terms of cost because the 

compressor would be sized to deal with the peak load, but would effectively be 

oversized by a factor of 2 for around 70 % of its operating time. A better approach 

would be to construct sufficiently large buffer tanks that could store sufficient quantities 

of the product gas so that single compressor operating constantly at the average required 

power of 8 to 9 MW could be used to service all the units in the process train. This 

would of course require the construction of appropriately networked piping manifolds 

and valves, but the additional cost of these plus the tanks would be significantly less 

than the cost of having a compressor on each unit.  

Much of the cost of running the 8 - 9 MW compressor would be offset by the methane 

captured in the process. Assuming a price of $4 per GJ, which is the current spot price 

for natural gas in Australia [122], the daily cost of the compression would be about 

$3000 per day. However, if this price were paid for the energy, then the revenue that 

could be derived from recovered methane in the heavy product stream would be about 

$2000 per day. Table 6.9 shows these costs for the two scenarios, together with the 

amount of work required to process a mole of feed gas, which is about 10 kJmol-1. The 

methane content of the feed is extremely low (0.8 %), and so the specific work required 

per tonne of CH4 captured is around 80 GJ. This is larger than the 55 GJ that can be 

produced by burning the captured methane [4]. However, if the CH4 content of the feed 

were to double, then the process would be energetically self-sustainable.    
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Table 6.9 Specific work required per tonne of CH4 captured, tonne of CO2 equivalent captured, 

together with the daily cost of operating the compressor and the daily revenue from the captured 

CH4 for Scenarios 1 and 2. The cost and revenue calculations assume a price of $4 per GJ [122]. 

 
Specific work 

kJ/mol feed 

Sp. work 

GJ/t CH4 

Sp. work 

GJ/t CO2e 

Cost  

$/t CO2e 

Cost  

$/day 

Revenue 

$/day 

Net Cost  

$/t CO2e 

Net Cost  

$/day 

1 10.5 82 3.9 16 3100 2000 5.8 1100 

2 9.7 76 3.6 15 2800 2000 4.3 800 

Table 6.9 also shows that these DR-PSA cycles are extremely competitive with any 

other type of technology for capturing carbon emissions, notwithstanding the very 

dilute nature of the source. The global warming potential of CH4 is 21 times that of CO2, 

and thus the specific work of the process per tonne of CO2 equivalent captured is less 

than 4 GJ. This is directly comparable to most commercial CO2 capture technologies 

[123] that use amine solutions to treat mixtures with much higher concentrations of 

greenhouse gases. If the full price $4 per GJ is paid, then the cost of the carbon capture 

becomes $15 to $16 per tonne of CO2 equivalent. This reduces to about $4 to $6 per 

tonne of CO2 equivalent if the revenue from the captured methane is considered.  

However, the real operational cost also need to include other running cost, for example 

labour cost, administration cost and maintenance cost. In order to estimate the labour 

costs, below assumptions were made: 

1. Two operators are on site, eight hours a shift and three shifts a day. 

2. Labour cost of USD 50,000/year. 

3. Administration cost of 200,000 year. 

4. Maintenance cost is 20% of Labour and administration cost [124]. 

Therefore a more realist operation cost analysis can be derived and is shown in Table 

6.10. 

Table 6.10 Operational cost including labour, administration and maintenance on a yearly basis 

 
Energy cost Labour Administration Maintenance Total 

k$/year k$/year k$/year k$/year k$/year 

1 402 300 200 100 942 

2 292 300 200 100 832 
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To provide a very preliminary estimate the capital cost of each DR-PSA unit, three 

components were considered: the cost of the steel, the cost of the adsorbent and the cost 

of the compressor. The mass of steel was estimated by assuming the thickness of the 

column walls was 10 mm, which represents a conservative estimate given the relatively 

low operating pressures. The total mass of stainless steel required for a column was 

then estimated using the method provided in the GPSA Databook [13], and the cost of 

steel was assumed to be a conservative US$2 per kg [125]. The cost of the TMA-Y 

adsorbent was estimated to be US$3 per kg, which is based on the current costs of the 

parent zeolite NaY (US$2 per kg) and a solution of TMA chloride (US$2.5 per kg) 

[126]. In 2014, the costs of compressors in the 5 to 15 MW range were estimated to be 

US$0.5 to 0.9 million/MW  [127]. Accordingly a rate of US$0.7 million per MW was 

used to estimate the cost of a compressor that would operate at the average power 

required by all the DR-PSA units in the process. The results of the capital cost estimates 

for the two scenarios are shown in Table 6.11, and are dominated by the costs of 

compressors.    

Table 6.11 Equipment costs for the two scenarios, in thousands of US dollars. In these scenarios 

it was assumed that single 8 to 9 MW compressor could be used to service all DR-PSA units. 

 Ntot 

Steel mass 

tonne 

Steel cost 

US$k 

TMA-Y mass 

tonne 

TMA-Y cost 

US$k 

Compressor 

costs, US$k 

Total cost 

US$k 

1 7 251 503 986 2,959 6,200 9,662 

2 5 157 314 614 1,849 5,600 7,763 

 

However, the total cost shown in Table 6.11 only includes the equipment cost. The real 

cost should also include other associated costs such as installation, piping, instrument 

and control, contracting, etc. Peters et al estimated that the total CAPEX cost could 

range from 269% to 360% based on the exact chemical process [128]. In order to 

calculate the broken down CAPEX cost for each year, below assumptions were made: 

1. The total CAPEX is 300% of the equipment costs as shown in Table 6.11. 

2. The total CAPEX cost is depreciated linearly in 20 years (5% each year). 

3. Interested is ignored. 

4. Tax is exempted from the government. 

Therefore a more realistic CAPEX cost can be estimated in Table 6.12. 
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Table 6.12 Total capital cost for two scenarios, in thousand US dollars. 

Scenario 
Equipment Capital Capital each  

k$ k$ k$/year 

1 9,662 48,310 1,449 

2 7,763 38,815 1,664 

 

Table 6.13 Total cost per annum with and without government rebate. 

Scenario 

CAPEX OPEX Total cost CH4 rebate 

[129] 

Cost after 

rebate 

k$/year k$/year k$/year k$/year k$/year 

1 1,449 942 2,391 1,485 906 

2 1,164 832 1,996 1,485 512 

 

Table 6.13 demonstrated a summary of the total cost with and without government 

rebate (0.3 USD per SCM of CH4, based on 30 CAD/tonne CO2 equivalent [129]). 

These very preliminary cost estimates identify that a DR-PSA process designed to treat 

a feed of 60 MMscfd of nitrogen vent containing 0.008 mole fraction of CH4 would 

have a broken down capital cost of less than US$1.5 million per annum and an operating 

cost of under 1 million per annum. Of the two scenarios considered, the one operating 

at higher bed pressures had a 20 % lower capital cost and a lower operating cost. While 

the former was expected, the latter was not: it is a consequence of the reduced fraction 

of time spent in Scenario 2 in the PR/BD step. The total costs were estimated to be 2.4 

million and 2.0 million USD per annum for scenarios 1 and 2, respectively. However 

with government rebate, the cost significantly reduced to 0.9 million and 0.5 million 

USD per annum. Although the estimations showed that both scenarios were not able to 

generate profit, it is still promising as an emerging process given the potential of further 

optimization of the process, development of higher selectivity adsorbents and treating 

a vent with a higher CH4 concentration. 
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6.7 Conclusions 

In this work, a DR-PSA sizing algorithm was proposed in order to calculate the 

approximate size for treating N2 vent containing 0.008 mole fraction of CH4 from a 

typical nitrogen rejection unit. A newly developed adsorbent TMA-Y which shoes a 

high equilibrium selectivity between CH4 and N2 was adopted and the non-isothermal 

numerical model that was later used to check the sizing outputs was validated towards 

TMA-Y through comparison with laboratory experimental results. Two industrial-scale 

designs of DR-PSA processes capable of achieving the desired specifications associated 

with the separation were developed through the new DR-PSA sizing algorithm and 

subjected to preliminary costing estimates. The better of the two designs (Scenario 2) 

consists of 5 DR-PSA units, with each unit comprised of two columns containing a 61.6 

tonne bed of TMA-Y with an internal diameter of 4.1 m and a height of 6.67 m. Such 

a bed is comparable in size to the molecular sieve natural gas dehydration units used in 

mega-scale (5 m.t.p.a.) LNG projects. The units operate in a PH-A cycle configuration, 

with one bed at 5 bar and the other at 1.4 bar, to minimise the need for feed compression. 

The numerical simulation results showed that such large scale DR-PSA units are able 

to produce a purified vent stream containing 62 ppm CH4 and a 0.368 MMscfd heavy 

product stream containing 32.3 mol% CH4. A single compressor would deliver an 

average of 8 MW to all five DR-PSA units, at an estimated operating cost of under 

$2800 per day; this full cost would be likely offset by the revenue from the captured 

CH4, which would amount to $2000 per day. The capital cost of the process was 

estimated to be about US$7.7 million, which is dominated by the cost of the compressor.  

In comparison with other technologies for capturing greenhouse gases, the process 

designed here using represents one of the most cost effective technologies available for 

treating such a large but dilute source. At less than 4 GJ/tonne CO2 equivalent, it is 

competitive with commercial amine-solution based processes used to treat natural gas 

or flue gas mixtures with much higher concentrations of CO2. The energy consumption 

cost of using TMA-Y in a DR-PSA cycle to capture and prevent greenhouse gas 

emissions from a 60 MMscfd stream containing 0.8 % CH4 ranges from $15 per tonne 

CO2e if the full operating cost is paid, to as little as $4.3 per tonne CO2e if the revenue 

from heavy product stream is realised. With all other cost factors considered, the 

process is still promising to be cost efficient given further process optimization, 

adsorbent with higher selectivity or the vent contains higher concentration of CH4. 
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Conclusions and recommendation for future 
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7.1 Conclusions 

This research work provided a key connection between successfully running 

experiments on laboratory scale DR-PSA apparatus for methane and nitrogen 

separation and developing an industrial scale DR-PSA process to recover dilute 

methane from the nitrogen rich vent stream of the nitrogen rejection unit. Such unit 

operation has the potential to recover the fugitive methane, therefore reduces 

greenhouse gas emissions and minimizes energy content loss. Key progress achieved 

in this work can be summarized as below: 

1) A literature review of the liquefied natural gas production process was carried 

out and the specific separation objective for dilute methane recovery from a nitrogen 

vent was identified, which lead to this research work. A review of current technologies 

that are potentially viable for dilute methane recovery was conducted and their 

potentials and challenges were discussed in detail. It was found that an advanced 

configuration of PSA: DR-PSA has the potential to perform the separation both 

effectively and efficiently. However, DR-PSA processes were still not fully understood, 

for example there was no generalized principles to size the unit nor to estimate the 

operational parameters from a practical point of view. Furthermore, DR-PSA has never 

been applied in industry. Therefore DR-PSA was chosen to be studied in detail to 

examine its validity for dilute methane recovery from the nitrogen vent. 

2) A non-isothermal model of DR-PSA was developed using a commercially 

available software package to numerically solve the dynamics of the unit operation. 

Importantly the model includes a full energy balance, which is a feature not reported 

previously in the literature for simulations of DR-PSA cycles even though bed 

temperature swings of 10–20 K have been observed in experimental studies. The 

ability to accurately match the temperature profile to experimental measurements and 

use is as an indication to the gas concentration profile is critical to study DR-PSA and 

perform optimization of the operational parameters, given the fact that the gas 

concentration profiles were costly to obtain from experiments.  The model was able to 

accurately predict light and heavy product compositions and the prediction results were 

validated through comparison with the DR-PSA experiments using a Norit RB3 

activated carbon for separating methane and nitrogen. The root mean square deviations 

between a total of 24 experiments and simulation predictions for CH4 mole fractions in 

light and heavy products were calculated to be 0.003 and 0.024, respectively. Moreover, 
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the agreements between the experimentally measured and simulated values of dynamic 

bed pressures, internal flow rates, and bed temperature profiles were excellent. A series 

of parametric studies were carried out to understand how certain non-operational 

parameters, such as mass transfer coefficient, number of nodes per bed and dispersion 

coefficient, affect the separation performance as well as the temperature profile. 

Therefore, appropriate values can be assigned to these non-operational parameters and 

their impact on prediction results can be reduced to a minimum. 

3) The numerical model of DR-PSA was extended to all four basic configurations 

of DR-PSA to study their differences on separation characteristics and efficiencies, 

especially for those cycles with pressure reversal on the light reflux end (B cycles) that 

has never been experimentally studied nor studied through numerical simulations. The 

models resulted in excellent matches with experiments with respect to product 

compositions and temperature profiles for all four configurations. Further studies were 

carried out to investigate the separation performance and energy consumptions for the 

two key operational parameters: light reflux to feed ratio (RL/F) and heavy product to 

feed ratio (H / F), in order to study the fundamental differences between these four 

cycles. It was found that the bed capacity ratio, ℂ, was found to be a critical index of 

separation efficiency. A generalized principle was proposed so that an estimation of 

optimum parameters can be carried out based on ℂ. More importantly, it was observed 

that PH-B could achieve the best separation performance for enriching focused 

separations and A cycles were in favour of stripping focused separations. The reasons 

for this were studied by exploiting the gas concentration profile and it was found that 

the separation performance was at optimum when the feed position had minimal 

interrupt on the gas concentration profile. Also, PH-B had the least energy consumption 

compared to other configurations. The conclusions drawn here can lead to future 

optimizations in terms of selecting the most efficient configuration depending on the 

feed gas conditions and separation objectives. For example if feed pressure is higher 

than the designed adsorption pressure, PH configuration should always be used. The 

selection of A cycle or B cycle should depend on whether the separation is stripping 

focused or enriching focused, respectively. 

4) An advanced configuration of DR-PSA based on a PL-A configuration which 

incorporates total reflux steps, namely total reflux DR-PSA, was proposed which aimed 

at further improving the product purities for a given unit. The proposed total reflux DR-

PSA were studied through running experiments and simulations, and the results were 
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compared with those conventional PL-A cycles without total reflux steps. It was found 

that with the introduction of total reflux steps, significantly higher product purities and 

recoveries were achieved, far beyond the maximum of those by conventional DR-PSA. 

However, the cost for reaching such high separation performance was significantly 

decreased productivity. The numerical model was developed accordingly and was used 

to study the mechanism that caused this significant increase in product purities. The 

separation performance of a novel adsorbent: TMA-Y that showed higher selectivity of 

methane and nitrogen than Norit RB3 activated carbon was also examined through 

experiments. With a 60 s of total reflux time, the best separation result was achieved 

amongst all available experimental results: a 10.4 mol% CH4 in N2 mixture was 

separated into only 0.4 mol% CH4 in light product and 85 mol% CH4 in heavy product.  

5) A novel adsorbent: TMA-Y which showed superior equilibrium selectivity of 

methane and nitrogen over Norit RB3 activated carbon was configured in the numerical 

model and the simulation results confirmed that the product purities were further 

increased when compared to Norit RB3 which was used in previous experiments. A 

sizing algorithm of DR-PSA was developed based on TMA-Y adsorbent to calculate 

column dimensions, number of units and key operational parameters if such a DR-PSA 

unit were to be used to recover methane from the nitrogen vent in a typical LNG plant. 

The sizing results were validated through numerical simulations and the results showed 

that with sufficient optimization, the separation objective can be achieved and the 

energy consumption was comparable to the most advanced carbon oxide capture 

technology. 

To sum up, this research work proposed a comprehensive simulation method to describe 

DR-PSA systems and built a tight link between experiments and simulations, so that 

they can interact with each other and mitigate their respective disadvantages. The model 

provided a solid baseline and can be used to further study DR-PSA systems, in terms 

of serving optimization purposes, developing novel cycles, investigating industrial size 

units and calculating capital and operating costs. Finally, we have proved from the 

simulation side that dilute methane recovery from the nitrogen vent is viable in terms 

of achieving separation objectives. However, the process economics require further 

evaluation if all cost factors are considered. The practical validation also needs to be 

carried out for example building a pilot scale apparatus to examine potential scale up 

problems. 
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7.2 Recommendations for future research 

The future research of DR-PSA can focus on several aspects. First of all, both 

experiments and numerical simulations were widely used in previous work as well as 

in this work to study the system dynamics and product purities, and so far generated a 

large amount of data. However, both methods take substantial time to generate reliable 

data and do not provide any quantitative pathway that leads to optimization. Although 

Chapter 4 in this research work studied the effects of two of the key operational 

parameters – bed capacity ratio (ℂ) and heavy product to feed ratio for all four 

fundamental configurations, and subsequently proposed a generalized principle for 

estimating optimum operational parameters, it is still lack of genericity in wider 

applications, for example if a different type of adsorbent is used or to perform 

separation for a different mixture. A more universal methodology should be developed 

and it can be combined with the sizing algorithm illustrated in Chapter 6 to provide 

both design and optimum operational parameters based on separation objectives and 

adsorbent properties. This can be potentially achieved by the combination of first 

principles and data-driven modelling methodologies. 

In this research, the numerical simulation was only configured for methane and nitrogen 

separation. DR-PSA is a promising gas separation technology and has huge potential to 

be applied in other challenging gas separations, for example helium recovery from the 

nitrogen vent of nitrogen rejection unit. Extending the numerical simulation to other 

gas separations would be another key step to validate the accuracy of the model and 

ensure it is generic. Furthermore, since methane and nitrogen separation is difficult due 

to the low selectivity of adsorbents, it would be interesting to explore the potential of 

producing two pure products using DR-PSA with a high selectivity adsorbent from a 

different gas mixture, for example methane and carbon dioxide separation which is 

crucial in biogas upgrade.  

As current numerical simulations of DR-PSA only incorporate gas separation by 

equilibrium capacity differences on adsorbents, another challenging research field 

would be to configure the model towards kinetic type separation, where mass transfer 

coefficients play a more important role than equilibrium capacities. Numerical 

simulation of kinetic based adsorption processes has never been achieved since 

experimentally measured mass transfer coefficients usually have large uncertainties and 
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thus would require substantial calibrations and empirical adjustments in simulations. 

Saleman performed DR-PSA experiments for kinetic separations of methane and 

nitrogen using CMS 3K161 carbon molecular sieves, and these experimental results 

could be a solid baseline to develop and validate the numerical model. 

Chapter 6 of this thesis provided preliminary sizing and simulation results for a typical 

industrial application of DR-PSA for dilute methane recovery. To migrate the gap 

between a successful experimental scale apparatus and an industrial scale unit, a key 

step in between would be to build a pilot scale plant to evaluate: 1, whether the 

simulation predictions can be achieved and 2 whether there are potential scale up issues, 

for example whether there are radial temperature distributions and how do they interact 

with the separation performance. Also, chapter 6 proposed a method to design heavy 

reflux networks for multiple DR-PSA units so that a single compressor can operate at 

a constant compression ratio. However this design approach has never been validated 

in practice so it would require clever design and comprehensive tests to ensure such an 

approach can be safely scaled up. Once the pilot scale unit can provide satisfactory 

results on potential scale up issues, the implementation of a commercial DR-PSA can 

then be achieved with confidence and proof. 
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Appendices 

A.1 Isotherm measurement, fitting and adaption to the model for 

Norit RB3 Adsorbent 

The DR-PSA model was configured to represent the DR-PSA experimental apparatus 

described by Saleman et al [92] for the separation of methane and nitrogen using Norit 

RB3 activated carbon and a PL-A cycle. The adsorption isotherms for methane and 

nitrogen on the Norit RB3 batch actually used in the DR-PSA experiments were re-

measured using the Dynamic Column Breakthrough apparatus described by May and 

co-workers [33, 70, 78] over the temperature range of 245 to 303 K and at pressures up 

to 1000 kPa. The experimental results and the fitting comparisons for N2 and CH4 are 

shown in Figure A.1. 
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Figure A.1 Experimentally measured nitrogen and methane adsorption isotherm on Norit RB3 

at 303K, 273K and 245K and comparisons with the Langmuir fittings. 

The equation for the standard Langmuir model used for the fitting is shown in Eq A.1. 

 𝑄𝑖 =
𝑄𝑚𝑎𝑥𝑖 ∗ 𝐾𝑖

0 ∗ 𝑒
−𝑑𝐻𝑖
𝑅𝑇 ∗ 𝑝𝑖

1 + 𝐾𝑖
0 ∗ 𝑒

−𝑑𝐻𝑖
𝑅𝑇 ∗ 𝑝𝑖

 Eq A.1 

Where Qi is the adsorption capacity of component i, Qmaxi is the maximum adsorption 

capacity of component i, B0
i is the equilibrium constant for component i, -dHi is the 

adsorption heat for component i, and pi is the partial pressure of component i. The fitted 

Langmuir parameters are shown in Table A.1. 

Table A.1 Fitted Langmuir isotherm parameters for methane and nitrogen on Norit RB3  

Parameter N2 CH4 

Qmax (mmol/g) 4.17 5.53 

B0 (1/kPa) 1.75·10-6 1.19·10-6 

-ΔH (kJ/kmol) 14322 17270 

 

The fitted Langmuir isotherm parameters were then transformed into partial pressure 

dependent Extended Langmuir 2 isotherm used in Aspen Adsorption mentioned in Eq 

3.8, through Eq A.2 to Eq A.4. 
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 𝐼𝑃1𝑖 =
𝑄𝑖𝑚𝑎𝑥

∗ 𝐵𝑖
0

10 ∗ 𝑒(
−𝑑𝐻𝑖
𝑅𝑇

)
(

𝑘𝑚𝑜𝑙

𝑘𝑔 ∗ 𝑏𝑎𝑟
) Eq A.2 

 𝐼𝑃2𝑖 = 𝐼𝑃4𝑖 =
−𝑑𝐻𝑖

𝑅
(𝐾) Eq A.3 

 𝐼𝑃3𝑖 = 100 ∗
𝐵𝑖
0

𝑒(
−𝑑𝐻𝑖
𝑅𝑇

)
(

1

𝑏𝑎𝑟
) Eq A.4 

A series of breakthrough tests were performed using the DR-PSA apparatus to cross-

check the validity of the measured parameters and to fit some parameters that are either 

difficult to measure or have a large experimental uncertainly. The breakthrough test 

involved comparison of the experimental and predicted product compositions as a 

function of time to allow the following checks of the model parameters: (a) 

breakthrough time to match to bed capacity (product of adsorbent mass and equilibrium 

capacity), (b) slope of the gas composition front at breakthrough to match the kinetics 

and (c) temperature profiles at various axial locations in the bed to check the enthalpy 

of adsorption, adsorbent heat capacity and bed heat transfer coefficient. Eleven 

temperature sensors were located along each column in the experimental apparatus and 

the locations of these eleven points were corresponded to their relative locations in the 

model. A comparison between a typical breakthrough experiment and the calibrated 

results from the model at 3 bar, 24 °C are shown in Figure A.2. 

 

(a) 
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(b) 

Figure A.2 DR-PSA column breakthrough test comparison between experiment and model. (a) 

product composition with respect of time and (b) temperature sensor readings with respect of 

time 

The reason that the experimentally measured CH4 and N2 mole fractions were 

discretised can be attributed to the experimental set up. A BPR was used to hold the 

pressure of the column by releasing product flow. However due to the response speed 

of the controller, the product flow was released discretely through a pneumatic valve. 

Combined with the gas mixings in the product pipeline manifolds, the CH4 mole 

fraction in the product also demonstrated the discrete behaviour as shown in Figure A.2 

(a). 

A.2 Test of the robustness of the material balance correction 

method. 

The material balance correction method discussed in section 3.4.2 requires both 

transient curves pairs  (sim)

Hy t and  (cons)

Hy t ,  (sim)

Ly t and  (cons)

Ly t that intersect at t = 

t*. Both intersection points gives corrected values (corr)

Ly and (corr)

Hy . Such method should 

be robust and repeatable, i.e., (corr)

Ly and (corr)

Hy should be irrelevant to any initial 

conditions. To test the hypothesis, four initial conditions were selected assuming the 

both columns were purged with 5%, 10%, 20% and 30% (all mole based) of CH4 in 

feed. Then, the simulation was switched to normal cycles with operational parameters 
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identical with Run #13. A total of 8 transient curves and their corresponding material 

balance constraint curves were shown in Figure A.3. 

 

Figure A.3 The transient curves and their corresponding material balance constraint curves with 

column initiated with 5%, 10%, 20% and 30% CH4. L and Lcons stand for  (sim)

Ly t and 

 (cons)

Ly t , respectively, and H and Hcons stand for  (sim)

Hy t and  (cons)

Hy t , respectively. 

In order to obtain a more detailed look at corrected the (corr)

Ly and (corr)

Hy  values for 

different initial conditions, the intersection areas for both values were zoomed in and 

were shown in Figure A.4 and Figure A.5. 

 

Figure A.4 Zoomed in view of 
(corr)

Ly  for transient curves and their corresponding material 

balance constraint curves with column initiated with 5%, 10%, 20% and 30% CH4. L and Lcons 

stand for  (sim)

Ly t and  (cons)

Ly t , respectively. 
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Figure A.5 Zoomed in view of 
(corr)

Hy  for transient curves and their corresponding material 

balance constraint curves with column initiated with 5%, 10%, 20% and 30% CH4. L and Lcons 

stand for  (sim)

Hy t and  (cons)

Hy t , respectively. 

It can be observed that regardless of the initial conditions, the intersection points of the 

transient curves and their material balance constraint curves always generated identical 

(corr)

Ly and (corr)

Hy  values, although the t* required for reaching (corr)

Ly and (corr)

Hy were 

different, which is inverse-proportional to the CH4 mol % at initial state. This proved 

that the methodology provided in this work to correct the material balance problem is 

irrelevant to initial conditions and thus is robust to be applied in varieties of material 

balance corrections. 
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